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INTEGRATED CARBON CAPTURE AND
CONVERSION FOR PRODUCTION OF
SYNGAS

CROSS-REFERENCE TO RELATED
APPLICATIONS

This patent application claims priority from, and incor-
porates by reference the entire disclosure of, U.S. Provi-
sional Patent Application No. 62/569,993 filed on Oct. 9,
2017.

STATEMENT REGARDING FEDERALLY
SPONSORED RESEARCH

This invention was made with government support under
CBET-1606027 awarded by the National Science Founda-
tion. The government has certain rights in the invention.

BACKGROUND

Technical Field

The present disclosure relates generally to carbon capture
and conversion and more particularly, but not by way of
limitation, to systems and methods for integrated carbon
capture and conversion for production of syngas.

History of Related Art

In recent years, the concentration of carbon dioxide (CO,)
in the atmosphere has reached the highest level (>400 ppm)
in recorded history. CO, is a major greenhouse gas (GHG)
and has been linked to global warming. Adverse effects of
global warming include climate change, extreme weather
events, melting of polar ice caps, rise of sea levels, and
oceanic acidification. The increased levels of CO, in the
post-industrial period are attributed to the burning of fossil
fuels. Emissions at the current rates would lead to increased
global warming and the resulting future adverse impacts
could be larger as compared to the last century. World energy
consumption is predicted to see a 48% increase from 2012
to 2040 and fossil fuel sources will still account for 78% of
the world energy consumption in 2040. Reduction of CO,
emissions by at least 50% is necessary to restrict the global
temperature rise to 2° C. by 2050. Hence it is imperative to
reduce CO, emissions from fossil fuel consumption.

SUMMARY OF THE INVENTION

In an embodiment, a gas capture and conversion system,
including a first gas feed, a second gas feed, an adsorption
column fluidly coupled to the first gas feed and to the second
gas feed, the adsorption column comprising an adsorbent
having an affinity for at least one first component of the first
gas, a vent fluidly coupling the adsorption column to the
atmosphere, the vent exhausting at least one second com-
ponent of the first gas, and where, increasing a partial
pressure of the second gas by supplying the second gas
results in a reduction of a partial pressure of the at least one
first component of the first gas resulting in the at least one
first component of the first gas being desorbed from the
adsorbent.

In a further embodiment, a method of capturing and
converting a gas, the method including supplying a first gas
to an adsorption column, adsorbing a first component of the
first gas into an adsorbent contained in the adsorption
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column responsive to the adsorbent having an increased
affinity for the first component of the gas, venting a second
component of the first gas out of the adsorption column,
supplying a second gas to the adsorption column so as to
increase a partial pressure of the second gas thereby decreas-
ing the partial pressure of the first component of the first gas
within the adsorption column, desorbing the first component
of the first gas from the adsorbent responsive to the
increased partial pressure of the second gas and decreased
partial pressure of the at least one first component of the first
gas, and transmitting a mixture of the first component of the
first gas and the second gas to a reactor via a reactor line.

In a particular embodiment, a method of carbon capture
and conversion, the method including supplying flue gas to
an adsorption column, adsorbing CO, from the flue gas into
an adsorbent contained in the adsorption column responsive
to the adsorbent having an increased affinity for the CO,,
venting a N, out of the adsorption column, supplying CH, to
the adsorption column so as to increase a partial pressure of
the CH,, within the adsorption column thereby decreasing a
partial pressure of the CO,, desorbing the CO, from the
adsorbent responsive to the increased partial pressure of the
CH,, and a reduced partial pressure of CO,, and transmitting
a mixture of the CO, and the CH,, to a reactor via a reactor
line.

BRIEF DESCRIPTION OF THE DRAWINGS

A more complete understanding of the subject matter of
the present disclosure may be obtained by reference to the
following Detailed Description when taken in conjunction
with the accompanying Drawings.

FIG. 1 illustrates a gas capture and conversion system
according to an embodiment of the present disclosure.

FIG. 2 illustrates a method of capturing and desorbing a
gas according to an embodiment of the present disclosure.

FIG. 3 illustrates a schematic of the concentration driving
force for adsorption and desorption of CO, from multi-
component mixture using feed switching. Adsorbent capac-
ity/loadings at equilibrium q* is affected by the partial
pressure of CO, in the multi-component mixture introduced,
e.g., flue gas or a methane-rich feed, e.g., natural gas. This
leads to the possibility of a working capacity due to differ-
ences in equilibrium adsorbent loading of CO, in different
feeds. Practical working capacity obtained will also depend
on cycle times, feed step durations, kinetic factors, and
nature of isotherms of other gases relative to CO,. The total
pressure P, , is kept constant.

FIG. 4a illustrates a process schematic for integrated
capture and conversion wherein the process is operated in a
cyclic manner, where each cycle consists of two steps 1 and
2. t, is the duration of step 1, and t,. is the total cycle time.
In step 1, flue gas is fed to the adsorption column, while in
the second step, CH,-rich feed, such as natural gas, is fed to
the column to desorb CO,. The outlet gas from the adsorp-
tion column during the period when it is rich in N, is vented
out and outlet gas from the rest of the cycle, when it is rich
in CH, and CO,, becomes reactor feed. It is further mixed
with makeup feed and fed to the reactor for continuous
operation.

FIG. 4b illustrates a schematic of feed mole fraction
variation with time wherein a flue gas feed of composition
14% CO, and 86% N, is used, while natural gas of compo-
sition 95% CH, and 5% N, is used.

FIG. 4c¢ illustrates a schematic of CO, captured/adsorbed
and desorbed at cyclic steady state.
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FIG. 44 illustrates the times of the cycle during which
outlet gas from adsorption column is vented or mixed and
fed to the reactor wherein t,, is the venting start time and t,,
is the venting end time.

FIG. 4e illustrates a schematic of syngas produced at an
outlet of the process.

FIG. 5 illustrates an integrated power and chemical pro-
duction complex employing integrated carbon capture-con-
version technology. Integration of the proposed process
(integrated carbon capture-conversion) with existing CO,
capture and utilization plants, as shown, can reduce the
overall costs of CO, capture and utilization. The process
disclosed herein utilizes both low-cost flue gas and small,
stranded and unconventional methane sources to produce
syngas, a precursor to many fuels and chemicals.

FIG. 6 illustrates dual site Langmuir adsorption isotherm
model predictions of gas loading on the adsorbent at 298 K
for zeolite 13X. The parameters are obtained by performing
a least-square fit on the experimental data obtained from
previous literature.

FIG. 7 illustrates temperature and CO, mole fraction
profiles at the outlet of the adsorption column verses number
of spatial discretizations.

FIG. 8 illustrates temperature and CO, mole fraction
profiles at the outlet of the adsorption column versus the
number of cycles for the reference case. Cyclic steady state
is attained after 10 cycles (C) for this case, as seen from the
coincident profiles.

FIG. 9 illustrates CO, mole fraction versus time obtained
at the outlet of the adsorption column for the reference case
for the 30th cycle. Flue gas feed step (t;) of 100 s is followed
by natural gas feed step of 100 s for a total cycle time (t,)
of 200 s. Venting start time (t,,) considered is 25 s and
venting end time (t,,) is 125 s.

FIG. 10 illustrates compositions of different species in
syngas (product) obtained at the reactor outlet for the
reference case. The outlet gas from the adsorption column
during the non-venting period (0-25 s) and (125-200 s) of the
30th cycle is mixed with makeup CO, (FCOZ’”"ZZ.S mol/s)
and makeup CH, (FCH4'"k:2.5 mol/s) and is fed to the
reactor. Reactor temperature (1) considered is 1000 K and
reactor bed length (Iz) is 5 m. CO, (dry) reforming of CH,
takes place in the reactor.

FIG. 11aq illustrates a sensitivity analysis of overall CO,
utilization performed for 10%, 20%, and 30% above and
below the values of the decision variables in the reference
case, namely pressure (P,,), adsorption column length (L.,),
feed step 1 duration (t,), total cycle time (t.), venting start
time (t,,), venting end time (t,,), reactor temperature (T),
reactor bed length (Iz), makeup CO, (FCOZ’"A), and makeup
CH, (F ez, "™).

FIG. 115 illustrates a zoomed-in view of the effect of
variables other than reactor temperature on % CO, utiliza-
tion wherein the % CO, utilization is calculated over a
representative cycle.

FIG. 12q illustrates overall % CO, utilization and total
cost of the process per ton of syngas (SG) produced.

FIG. 125 illustrates % CO, loss and % CH, loss wherein
CO, (dry) reforming of methane which is an endothermic
reaction takes place in the reactor to convert CO, and CH,
to syngas and loss % (for CO, and CH,) accounts for both
loss through the venting step and the presence in the final
product syngas. The process metrics are calculated over a
representative cycle at cyclic steady state.

FIG. 13a illustrates sensitivity analysis of total cost of the
process per ton of syngas (SG) produced.
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FIG. 135 illustrates sensitivity analysis of H,/CO ratio in
the product syngas.

FIG. 13c¢ illustrates sensitivity analysis of % CO, loss.

FIG. 134 illustrates sensitivity analysis of % CH, loss
performed at 10%, 20%, and 30% above and below the
values of the design variables from the reference case. Loss
percentages for CO, and CH, account for both the loss
through the venting step and the loss due to the presence in
the final product syngas. The process metrics are calculated
over a representative cycle at cyclic steady state.

FIG. 14a illustrates the effect of three different values of
pressure: (i) 1 bar, (i) 5 bar, and (iii)) 10 bar on the
adsorption column outlet profiles.

FIG. 145 illustrates the effect of three different values of
adsorption column length L : (i) 1 m, (ii) 1.5 m, and (iii) 2
m on the adsorption column outlet profiles.

FIG. 14c illustrates the effect of different relative dura-
tion: (i) 1:2, (ii) 1:1, and (iii) 2:1 values of feed step 1 and
2 on adsorption column outlet profiles. Total cycle time=
200 s.

FIG. 14d illustrates the effect of different values of total
cycle time t.: (i) 200 s, (ii) 300 s, and (iii) 400 s on the
adsorption outlet profiles. The profiles are obtained for each
case by changing the appropriate value of the variable, while
setting the values of other variables same as the reference
case.

FIG. 15 illustrates large-scale simulation results for
10,000 simulations. Feasible window of operation of the
process for flue gas and natural gas as feeds while meeting
overall % CO, utilization above 90% and other constraints
in Table 10. Normalized decision variable values (inputs)
and process metric values (outputs) obtained from simula-
tions are plotted on the vertical axis. Input variable values
for simulations are obtained by randomly sampling the
compatible decision variable space. All the 10000 simula-
tions run are plotted and shown in FIG. 15. Each simulation
is represented by a line joining the normalized values of
process metric obtained and the decision variable value
used. FIG. 15 illustrates simulations which are infeasible as
well as simulations within a feasible region of operation.
The simulations are run for number of spatial discretizations
N=5 and cycles C=5, and the process metric values are
calculated over a cycle.

FIG. 16 illustrates the restoration phase of the optimiza-
tion algorithm used to obtain feasible point. It is a trust-
region based algorithm which starts from an infeasible point
and performs iterations to find a feasible point. The algo-
rithm terminates if a feasible point is obtained or if the
problem is infeasible.

FIG. 17 illustrates an algorithm used in the optimization
phase. The algorithm aims to improve objective function
after the restoration phase has terminated. In the optimiza-
tion phase, an iterate is only acceptable when it improves the
objective function while maintaining feasibility.

FIG. 18aq illustrates mole fraction profiles at the adsorp-
tion column outlet for optimal overall CO, utilization for
flue gas as feed in step 1 and natural gas as feed in step 2.

FIG. 18b illustrates product (syngas) composition at reac-
tor outlet at optimum overall CO, utilization for flue gas and
natural gas feeds. Maximum overall CO, utilization
obtained at optimum is 99.7% at a cost $120.9/ton syngas.

FIG. 19 illustrates “direct” utilization of CO, results for
Case Study 1. The objective maximized herein is the relative
percentage of CO, fed to the process via flue gas compared
to the total CO, utilized by the process.
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FIG. 20q illustrates mole fraction profiles at the adsorp-
tion column outlet for maximum overall % CO, utilization
for flue gas as feed in step 1 and biogas as feed in step 2.

FIG. 206 illustrates product (syngas) composition at reac-
tor outlet at maximum overall % CO, utilization for flue gas
and natural gas feeds. Maximum overall % CO, utilization
obtained at optimum is 99.67% at a cost $117.44/ton syngas.
Process metrics and decision variable values at optimum are
listed in Table 14 and Table 15, respectively.

FIG. 21 illustrates “direct” utilization of CO, results for
Case Study 2. CO, input contribution from various sources
for optimal % of CO, input from flue gas over total CO,
utilized in the process for the case of flue gas and biogas as
feeds. The objective maximized herein is the relative per-
centage of CO, fed to the process via flue gas compared to
the total CO, utilized by the process.

FIG. 22 illustrates results showing the robustness of the
performance metrics for a range of feed conditions. Optimal
objective values obtained for different CO, content ranging
from 0-60% in methane-rich feed used in the second step.
The objectives are optimized separately by changing the
objective function accordingly to maximizing overall %
CO, utilization, minimizing the total cost of the process per
ton of syngas produced, and maximizing the % of CO, input
from flue gas over total CO, utilized.

FIG. 23 illustrates the progress of the optimization algo-
rithm from infeasible operating point towards optimality.
The restoration phase of the algorithm is used to reduce the
constraint violation and converge to a feasible point, after
which the optimization phase of the algorithm reduces the
objective of cost of the process while maintaining feasibility.
For a particular case of minimizing the total cost when flue
gas and natural gas are used as the feed, the restoration phase
needs approximately 620 simulations to find a feasible
solution where the constraint violation is zero. The algo-
rithm then switches to the optimization phase which per-
forms additional simulations towards finding better objec-
tive values.

DETAILED DESCRIPTION

It is to be understood that the following disclosure pro-
vides many different embodiments, or examples, for imple-
menting different features of various embodiments. Specific
examples of components and arrangements are described
below to simplify the disclosure. These are, of course,
merely examples and are not intended to be limiting. The
section headings used herein are for organizational purposes
and are not to be construed as limiting the subject matter
described.

An integrated, modular, and multifunctional process is
designed, simulated, and optimized for direct utilization of
CO, from dilute flue gas to produce syngas—a precursor for
many value-added chemicals and liquid transportation fuels.
The process is intensified to simultaneously capture and
convert CO, using methane, natural gas, or excess fuel gas
from the same plant, or using nearby unconventional meth-
ane from biogas or landfill gas. It is an integrated adsorption-
purge-reaction system where CO, is first adsorbed and then
desorbed using methane-rich feed leading to a mixture
suitable for dry reforming. The merging of concentration-
based CO, desorption with the reactor feed premixing step
eliminates the need for pressure or temperature swings and
significantly reduces the energy penalty and cost of CO,
capture and utilization. The process is simulated at different
conditions using a high-fidelity process model to elucidate
the effects of key decision variables as well as the trade-offs
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and interactions between the capture and reforming sections.
The systems and methods presented herein are flexible to
handle different feedstock compositions, and are amenable
to both centralized and distributed production of syngas. A
constrained grey-box optimization method is employed to
achieve approximately 99.7% net overall CO, utilization
considering auxiliary emissions at a total cost ranging from
$110-130 per ton of syngas. Approximately 14.6% of the
total CO, input to the process comes “directly” from flue gas
without additional cost for CO, capture while maintaining
about 91% overall CO, utilization. The systems and methods
presented herein are also computationally found to be robust
in terms of CO, utilization and cost for different natural gas
feeds with CO, contamination as high as 60%. This can be
attributed to the novel process intensification concept and
the grey-box constrained optimization method presented
herein.

While Carbon Capture and Sequestration (CCS) have the
potential to reduce CO, emissions from the energy sector by
20%, high costs prevent the technology from being imple-
mented on a large scale. For power plants, estimated cost for
CCS ranges from $60-$114 per ton of CO, avoided. The
capture/separation step of CCS is the most energy intensive,
and hence accounts for a large share (60-70%) of the total
cost. After the capture, there is cost associated with com-
pression to high pressures (150 bar) for transportation via
pipelines to storage sites. Additionally, limited geological
storage capacity at certain locations, concerns over possible
leaks, and costs associated with rigorous monitoring of
injected CO, have raised concerns towards widespread
implementation of CCS.

In the light of these issues with CCS, an alternative way
to reduce CO, emissions is the capture and conversion of
CO, to useful products which can be sold for profit. CO, can
be used as a source of carbon for chemicals such as syngas
(a mixture of H, and CO), methanol, formic acid, carbon-
ates, polymeric materials, fine chemicals, inter alia. Syngas
is a universal precursor that can be converted to various fuels
and hydrocarbons via Fischer-Tropsch synthesis which
makes a potential case for large-scale CO, utilization to
address the scale of global CO, emissions (around 35 Gt per
year). Different reforming approaches of natural gas using
CO, (e.g., dry reforming, mixed reforming, tri-reforming,
etc.) have been studied as they can produce syngas with
varying H,/CO ratios. A recent study reports that CO,
reforming has lower capital and operating cost compared to
steam reforming, assuming the CO, feed has negligible cost.

CO, capture and conversion also poses several techno-
logical challenges. First, due to high thermodynamic stabil-
ity of CO,, its conversion is energy-intensive. Second,
existing utilization technologies use mostly high-purity CO,
obtained from isolated capture plants. The cost of product
syngas becomes high because of the additional expense
($35-$50 per ton) and high-energy penalty (10-30% of
power plant output) associated with CO, capture. Third, the
lack of proper integration between capture and conversion
may lead to an overall negative utilization of CO, when
auxiliary emissions from electricity consumption are con-
sidered.

To this end, process intensification is paramount towards
making CO, capture and conversion viable for large-scale
deployment. Intensification can be achieved by combining
the salient features of individual process technologies.
Examples include multi-functional reactors, membrane
reactors, layered bed adsorption columns, sorption-en-
hanced reaction processes (SERP), combined separation and
storage (CSS), and multi-material simulated moving bed
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(MSMB). In the context of CO, utilization, an intensification
method would have significant impact if it could combine
post-combustion CO, capture and CO, reforming in a man-
ner that would break the current barrier of high cost and
high-energy penalty while ensuring a net positive CO,
utilization.

Currently, with existing systems, CO, separation from
flue gas is very costly. There are a number of factors that
cause existing systems and methods to maintain high opera-
tion costs. For example, in current systems the source of
CO, in a feed stream is typically low, or even dilute when in
a mixture of other gasses, this typically results in very high
separation costs to extract the CO,. Furthermore, current
systems require high temperatures, and/or low pressures,
and/or repetitive/periodic changes in pressures and/or tem-
peratures to capture and convert CO,, which equates to
higher energy costs and operation costs for capture and
conversion of CO,.

The present disclosure combines and further intensifies
the post-combustion capture of CO, from flue gas (a mixture
of predominantly N, and CO,) with CO, conversion to
produce syngas towards “direct” utilization of CO, at the
source. The present disclosure discusses an integrated car-
bon capture-conversion (ICCC) process. Contributions of
this disclosure are as follows:

Process Design and Intensification: A conceptual design
of a modular and multi-functional cyclic process is put
forward to simultaneously capture CO, from flue gas,
release CO, using methane, natural gas, fuel gas, biogas,
landfill gas, or combinations thereof, to provide a mixture of
methane and CO, for dry reforming, and convert the mixture
of CO, and CH, into syngas. The integrated carbon capture
and conversion (ICCC) process of the present disclosure
eliminates energy intensive temperature and/or pressure
swings in the regeneration step of CO, capture by combining
the CO, desorption with the reactor feed premixing step,
which significantly reduces the overall energy penalty and
cost of CO, utilization.

High-Fidelity Model-Based Process Simulation: To estab-
lish the techno-economic feasibility and to predict the per-
formance of the systems and methods of the present disclo-
sure, rigorous simulations using a detailed process model
were performed. The model describes the dynamics and
interaction of the adsorption-purge-reaction system and is
implemented to perform rigorous process simulations elu-
cidating the key variables affecting the process.

Process Optimization: A simulation-based, data-driven,
and constrained grey-box optimization framework is devel-
oped to obtain feasible and optimal process configurations
and operating conditions. The objectives of process optimi-
zation include: (i) maximizing net utilization of CO,; (ii)
minimizing energy penalty and operating cost of the pro-
cess; and (iii) minimizing total cost of syngas production via
“direct” CO, utilization. The objectives are met while oper-
ating within specified conditions for CH, and CO, losses,
operational constraints, and bounded syngas ratios.

Robustness and Techno-Economic Analyses: The simu-
lation-based constrained optimization method is applied to
find feasible operating windows, CO, utilization, and total
costs for a range of feed conditions to computationally show
the robustness of the proposed technology.

In some embodiments, the present disclosure relates gen-
erally to regenerating the capacity of an adsorbent medium
contained in an adsorption column, used to capture a desired
gas (e.g., gas A) from a feed stream containing a mixture of
gas A and gas B, by employing a feed mixture including gas
C, or a predominant mixture of gas C with another gas (e.g.,
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gas A, gas B, or combinations thereof). For example, a
mixture of gas A and gas B, where the desired gas to capture
is gas A, can be fed into the adsorption column via a feed.
In some embodiments, the desired gas A has a stronger
affinity to the adsorbent medium than that of gas B, and as
such is separated from the mixture of gas A and gas B by
capture of gas A into the adsorbent. Gas B exits the column
and is then rejected by venting. After a certain time of
feeding the mixture of gas A and gas B into the column, the
adsorbent is saturated with the desired gas A, and thus needs
to be regenerated to enable further separation of gas A from
the mixture of gas A and gas B.

The adsorbent is purged of gas A using another feed
stream rich in gas C by exploiting differences in concentra-
tions or partial pressures of gas C and gas A. The change in
concentration or partial pressure creates a driving force for
storage of gas C in the adsorbent and release of gas A from
the adsorbent. This results in a gas mixture of gas A and gas
C at the column outlet initially until gas A (stored in the
adsorbent) is purged by the feed stream rich in gas C. Gas
C now takes the place of gas A in the adsorbent and once
most of gas A is removed/replaced from the adsorbent,
thereby regenerating the adsorbent, the feed stream contain-
ing gas A and gas B is fed into the column again. In some
embodiments, depending on the affinity of gas C to the
adsorbent, gas C can either replace gas A from the adsorbent
(e.g., it has appreciable affinity) or it can remove/purge gas
A from the adsorbent (e.g., if it has very low affinity to the
adsorbent).

As a result, the desired gas A gets adsorbed into the
adsorption column, with predominantly gas B (with some
gas C) exiting the column, separating gas A from gas B.
After the adsorbent capacity for storage of gas A gets
depleted, the feed mixture rich in gas C is again fed and the
steps repeat in a cycle. In some embodiments, the cyclic
switching of different feeds can happen in two or more steps.
This method is effective where there is a need for, or a way
to process or monetize the purge gas mixture of gas A and
gas C, or if the separation of the purge gas mixture (e.g., gas
A and gas C) is technically cheap and cost effective.

In a various embodiments, gas A can be CO,, gas B can
be N, and gas C can be CH,,. In this particular embodiment,
flue gas (mixture of gas A and gas B) containing approxi-
mately 14% CO, and about 86% N, is fed into the column
containing an adsorbent material, for example zeolite 13X,
in the first step. Most of CO, gets adsorbed into the adsor-
bent due to its stronger affinity for CO, compared to N,. The
N, exits through the outlet of the column and is vented out
into the atmosphere or other compartment. To regenerate the
adsorbent for further processing of the flue gas, the flue gas
feed stream is stopped and a feed containing pure CH,, or a
CH,-rich feed containing some CO,, is fed into the column
to purge the adsorbent of CO, stored from the previous flue
gas feed step. The differences between the composition of
CO, in the flue gas and the CH,-rich feed determines the
driving force of the regeneration step, as will be discussed
in further detail below. In this particular embodiment, the
outlet purge gas containing CO, and CH, is useful as feed to
a syngas production section and can then be utilized and/or
monetized. Once the adsorbent is adequately regenerated by
the CH,-rich purge feed, the flue gas is fed to the column
again and the cycle repeats.

In some embodiments, the systems and methods of the
present disclosure can be used for the utilization of a wide
range of natural gas and methane sources with varying
methane contents. For example, methane-rich sources can
include, but are not limited to, conventional and unconven-
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tional natural gas, shale gas with or without contaminants,
biogas, landfill gas, coalbed methane, off-gas, refinery gas,
fuel gas, other industrial sources containing methane in the
ranges of approximately 40-95%, or combinations thereof.

In various embodiments, the systems and methods pre-
sented herein can be used for CO, utilization purposes from
various industrial sources of CO,. For example, the indus-
trial sources for CO, can include, but are not limited to,
power plants, refineries, chemical plants, petrochemical
plants, cement, compressor stations, petroleum/natural gas
processing, agricultural processing, ammonia, asphalt pro-
duction, manufacturing, aluminum, glass, mining, iron and/
or steel, paper and wood products, sugar, utility generation,
or combinations thereof.

In further embodiments, the systems and methods dis-
closed herein can be designed for a wide range of flow rates
of various feedstocks and products, as well as for a range of
methane compositions and CO, compositions.

In some embodiments, the systems and methods pre-
sented herein can be deployed either as a stand-alone
facility, or can be integrated with source plants generating
CO,. Various source plants include, but are not limited to,
power plants, refineries, chemical plants, petrochemical
plants, cement, compressor stations, petroleum/natural gas
processing, agricultural processing, ammonia, asphalt pro-
duction, manufacturing, aluminum, glass, mining, iron and/
or steel, paper and wood products, sugar, utility generation,
or combinations thereof. As an example, the systems and
methods disclosed herein can be integrated with a power
plant and a syngas generating facility, as will be discussed
in further detail below.

In various embodiments, the systems and methods dis-
closed herein are able to produce syngas (a predominant
mixture of CO, and H,) for a wide range of H,-to-CO ratios
(0.5-3.0 or more). In some embodiments, the systems and
methods herein can use one or more adsorbents. In some
embodiments the adsorbents can include, but are not limited
to, zeolites, metal-organic frameworks (MOFs), activated
carbons, molecular sieves, or combinations thereof. In vari-
ous embodiments, the one or more adsorbent can be utilized
for CO, adsorption. In some embodiments, the systems and
methods disclosed herein can include one or more reforming
catalysts. In some embodiments, the one or more reforming
catalysts can include, but are not limited to, Ni- and Cu-
based catalysts. In further embodiments, the one or more
reforming catalysts can include transition metal-based cata-
lysts.

In some embodiments, the operating ranges for the adsor-
bent section is close to atmospheric pressure (1 atm) and
ambient temperature (298 K), while the reaction section is
around 1200-1230 K and atmospheric pressure (1 atm). In
some embodiments, the duration of the feed steps, venting,
and reaction steps can range from 10 to 200 s depending on
the operation and objectives such as cost or utilization to be
optimized. In some embodiments, some of the energy for
desorption is obtained from the heat of the mixing of CO,
and CH,.

FIG. 1 illustrates a gas capture and conversion system 100
according to an embodiment of the present disclosure. The
gas capture and conversion system 100 includes a first gas
feed 102 and a second gas feed 104 fluidly coupled to an
adsorption column 106 via valves 101. The adsorption
column 106 includes an adsorbent 108. In some embodi-
ments the adsorbent 108 can be, for example, zeolites,
metal-organic frameworks (MOFs), activated carbons,
molecular sieves, or combinations thereof. In various
embodiments, the adsorbent 108 can be utilized for CO,
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adsorption. The gas capture and conversion system 100
includes a vent 110 fluidly coupled to the adsorption column
106, and the gas capture and conversion system 100 further
includes a reactor 112 fluidly coupled to the adsorption
column 106 via the valves 101 ensuing the vent 110. In
various embodiments, the valves 101 could be, for example,
a gate valve, a ball valve, a solenoid valve, or any other type
of valve as dictated by design requirements.

In some embodiments, the first gas feed 102 can include
a single gas or a combination of various gasses. For
example, the first gas feed 102 can include CO,, N,, CO,
N, O, fluorinated gasses, greenhouse gasses, or combinations
thereof. In various embodiments, the second gas feed 104
can include a single gas, or a combination of various gasses.
In some embodiments, the second gas feed 104 can include
methane-rich gasses, such as, for example, natural gas, fuel
gas, biogas, landfill gas, or combinations thereof.

The first gas feed 102 can feed the first gas, for example,
flue gas (CO, and N,), into the adsorption column 106. As
the first gas is fed into the adsorption column 106 via the first
gas feed 102, the adsorbent 108 adsorbs a first component of
the first gas (e.g., CO, from the flue gas) due to the adsorbent
108 having a higher affinity for the first component of the
first gas, while a second component of the first gas is
released from the gas capture and conversion system 100 via
the vent 110.

After a determined period of time, the first gas feed 102
can be shutoff, and the second gas feed 104 can begin
feeding the second gas, for example, CH,, into the adsorption
column 108. As the second gas is fed into the adsorption
column 106, whereby a partial pressure of the second gas is
increased whereby the partial pressure of first component of
first gas is decreased to thereby cause desorption of the first
component from the adsorbent 108 into the adsorption
column 106. Subsequently, a mixture of the first component
of'the first gas and the second gas (CO, and CH,) can be fed
into the reactor 112 to create syngas.

FIG. 2 illustrates a method 200 of capturing and desorbing
a gas according to an embodiment of the present disclosure.
At block 202, a first gas is supplied to an adsorption column,
for example, the adsorption column 106 of FIG. 1. In some
embodiments, the first gas can be a single homogeneous gas
or a combination of various heterogeneous gasses. For
example, the first gas can include, without limitation, CO,,
N,, CO, N,O, fluorinated gasses, greenhouse gasses, or
combinations thereof.

After the first gas is supplied to the adsorption column, the
method 200 proceeds to block 204 where an adsorbent, for
example, the adsorbent 108 of FIG. 1, adsorbs a first
component of the first gas. In some embodiments, the
adsorbent can adsorb the first component of the first gas
based, at least in part, on an affinity of the adsorbent to the
first component of the first gas being higher than an affinity
of'a second component of the first gas. For example, in some
embodiments, an adsorbent can be chosen that has a high
affinity towards CO,. In this manner, if the first gas is flue
gas (CO, and N,) the adsorbent will adsorb the CO, leaving
the N, remaining in the adsorption column. In some embodi-
ments the adsorbent 108 can be, for example, zeolites,
metal-organic frameworks (MOFs), activated carbons,
molecular sieves, or combinations thereof. In various
embodiments, the adsorbent 108 can be utilized for CO,
adsorption.

Subsequently, after the first component of the first gas has
been adsorbed into to adsorbent, the method 200 proceeds to
block 206 where the second component of the first gas is
vented out of the adsorption column via a vent, for example,
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the vent 110 of FIG. 1. Continuing with the example of flue
gas, after the CO, has been adsorbed by the adsorbent, the
N, remaining in the adsorption column would be vented out
of the adsorption column.

After the venting at the block 206, the method 200
proceeds to block 208 where a second gas is supplied into
the adsorption column. In some embodiments, the second
gas can be a single homogeneous gas or a combination of
various heterogeneous gasses. For example, the second gas
can be a methane-rich gas, such as, for example, natural gas,
fuel gas, biogas, landfill gas, or combinations thereof. Upon
supplying the second gas, for example, CH,, into the adsorp-
tion column, an increase in partial pressure of the second gas
and reduction in partial pressure of the first component of
first gas is experienced within the adsorption column. Due to
the partial pressure difference caused by the second gas, the
method 200 proceeds to block 210 where the first compo-
nent of the first gas is desorbed from the adsorbent.

As a result of desorption, at the block 210, a mixture of
the second gas and the first component of the first gas
remain. Continuing with the flue gas example, if the second
gas is CH,, the resulting mixture would include CO, and CH,,
which would then be transmitted via a reactor line to a
reactor, for example, the reactor 112 of FIG. 1, at block 212.
Optionally, the method 200 can end after the transmission at
the block 212 or can repeat by proceeding to the block 202
where the first gas is supplied to the adsorption column. In
some embodiments, steps indicated by the blocks 202-212,
each, or in combination, can be omitted. In some embodi-
ments, one or more makeup feeds can be utilized to feed
various gasses into the reactor while the mixture is being fed
into the reactor to assist in the reaction creating the final
product (e.g., syngas) in the reactor.

In some embodiments, after the transmission at the block
212 the first component of the first gas and the second gas
can be utilized in a reaction to synthesize a resultant pro-
duce, for example, syngas. In such embodiments, the reactor
can include one or more reforming catalysts. In some
embodiments, the one or more reforming catalysts can
include, but are not limited to, Ni- and Cu-based catalysts.
In further embodiments, the one or more reforming catalysts
can include transition metal-based catalysts.

It should be appreciated that, although the method 200 is
being described with respect to a single step-by-step pro-
cess, in various embodiments, each step of the method 200
can be repeated, or performed simultaneously. It should
further be appreciated that, in various embodiments, each
steps of the method 200 each, or in combination, can be
omitted, and that, in some embodiments, the method 200 of
the present disclosure can begin at any of the blocks 202-
212.

WORKING EXAMPLE

Reference will now be made to more specific embodi-
ments of the present disclosure and data that provides
support for such embodiments. However, it should be noted
that the disclosure below is for illustrative purposes only and
is not intended to limit the scope of the claimed subject
matter in any way.

In the sections that follow, the present disclosure provides
a description of the proposed integrated carbon capture and
conversion (ICCC) process and its potentials for utilizing
greenhouse gases for both centralized and distributed chemi-
cals manufacturing. Next, the present disclosure describes
the high-fidelity process model that is used for process
simulation. Through simulations at different conditions, the
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present disclosure elucidates the complex dynamics and
interactions between the capture and conversion sections
and the effects of key design variables on the process
performance. Next, the present disclosure discusses grey-
box constrained optimization framework and presents opti-
mization results for different methane-based feedstocks. The
present disclosure next discusses a non-dimensional dis-
cretized adsorption model, total installed cost calculation,
design of simulations for data-driven optimization, and
surrogate models and parameter estimation. Finally, the
present disclosure presents concluding remarks in relation to
the aforementioned systems and methods of the integrated
carbon capture and conversion disclosed in detail herein.

Process Intensification

In the present disclosure, process intensification is defined
as the merging of isolated processes with different core
objectives, for example, CO, capture and syngas production
into a process which can achieve integration of both objec-
tives, for example, direct utilization of CO, from flue gas to
syngas, in an attempt to reduce the cost and/or energy
consumption. The proposed integrated carbon capture and
conversion (ICCC) process uses flue gas as a source of CO,,
and natural gas, biogas, landfill gas, fuel gas, or combina-
tions thereof, as a source of CH,,. Since the feeds (especially
flue gas) contain a significant amount of N,, the process has
been designed to achieve four major tasks—(i) preferential
adsorption of CO, over N, from flue gas using an adsorbent;
(i1) CO, desorption; (iii) mixing of CO, and methane at a
ratio appropriate for dry reforming; and (iv) dry reforming
of the CO,/methane mixture to produce syngas over a
catalyst. Presented herein is the simultancous desorption
(purging) of CO, and mixing of CO, and CH, through the
use of a methane (CH,) rich feed. The introduction of the
methane-rich feed into a column saturated with adsorbed
CO, reduces the partial pressure of CO, in the gaseous
phase, thereby creating a concentration driving force for
CO, desorption and a working capacity for adsorption-based
CO, capture. This allows for partially regenerating the
process at the same pressure and temperature of CO, adsorp-
tion without consuming energy as in the case of pressure and
temperature swing adsorption (PSA and TSA) processes. A
schematic of the effect of changing the concentration of CO,
in a multi-component mixture on the equilibrium adsorbent
loading and the working capacity is depicted in FIG. 3. A
CH,-rich feed is chosen to desorb the CO, via dilution, as
this facilitates the conversion of the desorbed CO, to syngas
using CH,,. Hence, the mixing of CO, and CH, would not be
an issue. The mixing of CH, with CO, within the adsorption
column also facilitates the feed preparation for subsequent
dry reforming. Therefore, the present disclosure has essen-
tially combined the CO, desorption, or regeneration, step of
the capture part with the reactor feed premixing while
eliminating the need for any temperature and/or pressure
swings.

Process Configuration: The ICCC process illustrated in
FIG. 4 implements the intensification concept as discussed
above. Specifically, it involves separation of CO, from flue
gas by selective adsorption in a column filled with a
microporous adsorbent such as zeolite 13X followed by
subsequent desorption of the adsorbed CO, using a methane
(CH,) rich feed. The outlet gas is then sent to the reactor for
conversion of CO, to syngas. This is achieved in two steps
run in a cyclic manner. In the first step, flue gas (N,/
CO,=86%/14%)) is fed to the adsorption column for a time
t, while in the second step, CH,-rich feed is fed to the



US 11,229,871 B2

13

column for rest of the cycle duration (t,.). The high concen-
tration of CH, in the feed gas of the second step leads to
desorption of the CO, adsorbed in the column. The CO,
desorption is achieved by a change in concentration, rather
than a change in pressure (PSA process) or temperature
(TSA process) thus reducing the energy costs. The outlet gas
from the column contains a mixture of CO,, N,, and CH,.
Since the final aim is to convert CO, to syngas which is
usually achieved through reactions using CH,, the outlet gas
from the adsorption column can be directly sent to the
reactor. The reactor section is filled with a suitable catalyst,
where CO, reforming takes place leading to the formation of
syngas. Since N, does not participate in the reforming
reactions, the outlet gas from the adsorption column is
vented out between two chosen times to remove N, without
a considerable loss of CO, and CH,,.

The adsorption column outlet gas from the non-venting
period of each cycle is mixed and fed to the reactor through-
out the duration of the cycle at a constant rate and compo-
sition. This makes the overall process continuous without
interruptions. In practice, this can be achieved by collecting
the outlet gas in a large well-mixed tank and setting the
reactor feed withdrawal flow rate appropriately. This also
enables the ability to study and optimize the process without
dealing with the increased complexities associated with
operating the reactor at time-varying feed conditions.
Makeup or extra CO, and CH, may be added to the reactor
feed to ensure flexibility to meet the product specifications
at the reactor outlet for a variety of operating conditions and
feeds (flue gas, biogas, natural gas, or combinations of same
and the like). The process thus demonstrates a potential to
leverage the dynamic nature of the adsorption process while
integrating it with conventional fixed bed reactor systems for
CO, conversion to syngas.

Scope of Implementation: The present disclosure envi-
sions at least two scenarios for the implementation of the
proposed systems and methods. One is a modular imple-
mentation for a grass root design for the utilization of small,
stranded, unutilized, and unconventional methane. An
example of such unconventional methane is the excess fuel
gas available in a refinery or a chemical plant. The lack of
pressure and temperature changes further adds to the benefit
of employing the technology of the present disclosure on a
modular level, thereby enhancing its applicability for
stranded sources. The other possible implementation is
within an integrated power and chemical complex (FIG. 5)
that coproduces fuels, power, and chemicals. A part of the
flue gas from the power generation section can be “directly”
sent to the ICCC plant, while the rest can be processed via
a standalone CO, capture plant. The pure CO, obtained from
the capture plant can then be either used for conversion, sent
for external utilization, or sequestration purposes. In this
way, a balance can be achieved between emission, utiliza-
tion, and storage for de-carbonization at reduced overall cost
of CO, avoidance.

Process Modeling

The process is divided into two sections, namely the
adsorption and reaction sections, which are modeled as
described in detail below.

Modeling Adsorption Section: The dynamics of gas
adsorption onto adsorbent inside the adsorption column is
described by a 1-dimensional nonlinear algebraic partial
differential equation (NAPDE) model in time and space
domains. This model includes total and component mass
balances, energy balances, pressure drop correlations, a
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driving force model to calculate the adsorption loadings, and
other empirical relations. The major assumptions used in the
model are listed as follows: (a) ideal gas behavior; (b) plug
flow model with axial dispersion; (¢) no gradients in the
radial direction; (d) thermal equilibrium between gas and
solid phase achieved instantly; (e) linear driving force (LDF)
model to describe mass transfer in the adsorbent; (f) mass
transfer into the adsorbent is controlled by molecular diffu-
sion in the macropores; (g) the equilibrium loading of gas on
the adsorbent at a temperature is described using a multi-
component dual site Langmuir adsorption isotherm; and (h)
no reaction occurs in the adsorption section.

Disclosed herein below, the NAPDE model used in the
present disclosure will be described in detail. Equation (Eq.)
1, shown below, describes the mass conservation for each
species i1, entering and leaving the adsorption section. It
accounts for contribution to the accumulation term from
convection, axial dispersion, and gas adsorption.

Eq. 1

where c, and y, are the gas phase bulk concentration in
mol/m* and mole fraction respectively, g, is the adsorbed
phase loadings on the solid adsorbent in mol/m>, D, is the
axial dispersion coefficient in m?%s, v is the interstitial
velocity in m/s, z is the spatial coordinate in m along the
length (L) of the column, i.e., O=z=<l.,, and t is the temporal
coordinate in seconds.
Applying the ideal gas assumption

and using the chain rule for differentiation, Equation 1
becomes:

dy;  y; 0P y; 0T Eq. 2
9 TPer Tar

T i(fa_y]_fi(yf_”v)_ﬂ(l‘f)% Viel,

P "0z\T 9z Poz\ T P & or

Here P is the adsorption column pressure in Pa which is
considered to be the same for both the adsorption and reactor
sections, T is the temperature inside the column in K, and R
is the universal gas constant in J/mol/K.

Summing up the component balance equations for all the
components results in the total mass balance equation shown
below in Equation 3, since X,;y=1. The pressure (P)
explicitly appears in this formulation.

(1-¢) dg;
s Lior
iely

Eq. 3

91 T ar

dz

HP_PBT a(?)—RT

Only II,/-1 component balance equations are considered
along with the total mass balance equations so that the
system of equations is independent.

Equation 4, shown below, describes the conservation of
thermal energy of the gas stream entering and exiting the
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adsorption section. The gas and the adsorbent are assumed
to be at the same temperature.

).

ar PE

Eq. 4 5

3o T)
ar

ar
(1-9 PxCp,xE +Cpa
210 b2
ZB_ZZ+( —5)2(— t)ﬁ_

iely

2hi
(T-Ty)
-

in

10

where ¢ is the void fraction of the adsorbent column, p; is the
density of the adsorbent in kg/m>, p . 18 the density of the gas
in mol/m>, C, . C,,and C,  are the specific heat capacities
of the solid adsorbent, the gas in the adsorbed phase, and
gaseous phase in J/mol/K, respectively, K_ is the effective
axial thermal conductivity of the gas in W/n/K, AH, is the
isoteric heat of adsorption of species i in J/mol, h,, is the
inside heat transfer coefficient in W/m¥K, r,, is the inner
radius of the column in m, and T,, is the temperature of the
column wallin K. C_ _ is calculated by mole fraction average
of the individual specific heat capacities of the species and
C,.1sequalto C, .

Substituting 25

P

Pe= 7T

30
using the ideal gas assumption and expanding the terms,
Equation 5, shown below, is obtained.

aT

( iCps +Cpa ) qi]ﬁ =

iely

Eq. 5 35

Cpqe OP
“R(l-g) 01 C”"’TZ

dg; dg;
AP b
iely
40
k& : py— 2 _p_,
52 Ri-00:"" mi-a ™

Equation 6, shown below, describes the heat transfer across

the column wall and the ambient. 45

dT,

chp,wF =

Eq. 6

8T,
az2

2rinhin

2Fouthour
2 2
(Four = ¥in)

K, -
2 2
(Four = ¥in)

(Tw=T,) (T, —Tg)

where p,,, C,,, and K are the density in kg/m?, specific
heat capacity in J/kg/K, and thermal conductivity of the
column wall in W/nv/K, respectively, h_,, is the outside heat
transfer coefficient in W/m*/K, r,,, is the outer radius of the
column in m, and T, is the ambient temperature outside the
column in K.

Darcy’s law is used to describe the axial pressure drop
across the packed bed.

Eq. 7

B -4 2( & )Z(BP)
V= Gop \T=e/ a2 65

16

where L is the viscosity of the gas (fluid) phase in Pa s and
r, is the particle radius of the adsorbent in m.

The kinetics of gas adsorption into the adsorbent is
described by a linear driving force relation given in Equation
8, shown below. Mass transfer is assumed to be limited by
molecular diffusion in the macropores.

dg; B X Eq. 8
Br =kilgi —g) Vi€l
15e,Dpc; Eq. 9

;=

= Viels
"o 4i

1

where k; is a lumped mass transfer rate coefficient in s™, &,
is the particle porosity,
Dy,
o= =)
is the effective macropore diffusivity in m?s, D,, is the

molecular diffusivity in m?/s, and ' is the tortuosity of the
adsorbent.

The equilibrium loading (q*,) of gas on the adsorbent at
given temperature, pressure, and composition is given by a
multi-component dual-site Langmuir adsorption isotherm,
as follows:

@ ibici
T 1+, bici

@ idiCi
L+ gy, dic;

Eq. 10
Viels a4

q

where g, and q,;,” are the saturation loadings of the species
i on the adsorbent in mol/m>, b, and d, are parameters in an
Arrhenius-type relation for the two sites in m*/mol, which
are calculated as follows:

b,=b,0¢AVBIRT. 4 0p=AULIRT Eq. 11

where AU, ; and AU, relates to sites 1 and 2, respectively,
in J/mol.

The axial dispersion coefficient is calculated as follows:

D;=0.7D,,+vor, Eq. 12

For the adsorption section, both ends of the column are open
resulting in the following Danckwerts boundary conditions.
The Danckwerts boundary conditions are used to account for
continuity of flux at the inlet for dispersed plug flow system
considered.

At 7z=0 end of the adsorption section/column:

ay; Eq. 13
DLB_Z =0 = =Vl o Wif — il o)

aT

K, —
23y

=0 ==&V 005 Cp.e(Tr = Tl )

Voo =vs

Tl o= Ta
At z=L, end of the adsorption section/column:

dy; Eq. 14
y -0 q

a 4 =Ly
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Jz 1, -
Ple=r, = Pp
Ty, =Te

where P, is the pressure value set at the outlet end of the
adsorption column in Pa, y, ; is the mole fraction of species
i€l in the feed, while T; is the feed inlet temperature in K.

The column is assumed to be initially saturated with pure
N, prior to the introduction of the feeds. The initial condi-
tions of the column at t=0 is given by:

N, ‘Fozq*Nzxqcoz l=0=0, and 9 crryl=0=0
Yyl =0=1 o, =0=0, and yes,l ~o=0
Pl_o=F,

Tl—o=T,

Tl o=T, Eq. 15

Configuration of the Process Cycle: Since the process
involves two feed steps repeated in a cyclic manner, vari-
ables to denote different instances of time in the cycle,
namely, the total cycle time (t.) and the step 1 duration (t,),
both in seconds, are defined. t,,,, is the lower bound for the
duration of any step while t,,,, is the upper bound for the
total cycle duration. The configuration of the cycle, i.e., the
chronology and duration of the two feed steps and the
bounds on the cycle time are specified in Equations 16-18,

shown below.
LSt =L, Eq. 16
LpinSle—11 <2, Eq. 17
bninSt S Eq. 18

For the venting cycle, t,, as the time in seconds from start
of cycle to the time at which venting starts, while t,, is the
time (s) at which venting ends is defined. Therefore, the
period at which venting is active is between t,,-t,. Con-
straints which describe the times at which venting of the
outlet gas from the adsorption is performed are described in
Equations 19-21, shown below.

O=t,,=t, Eq. 19

0=t ,=1, Eq. 20

LninSlo= 1=l Eq. 21

The gases at the outlet of the adsorption section during the
non-venting period (between 0-t ; and t ,-t.) is collected,
mixed and sent to the reactor section.

Modeling Reaction Section: The outlet gas from the
adsorption column pertaining to the non-venting period of
each cycle is assumed to be mixed (in a tank) and withdrawn
at a constant flow rate as reactor feed. The flow rate is set
such that the moles of gas entering the tank from the
adsorption column during each cycle are completely with-
drawn before the end of that cycle. The withdrawn gas is
mixed with appropriate amounts of makeup CO, and CH,,
and then fed to the reactor. The inlet feed flow rate and
composition for the reactor are calculated as follows:
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NV Eq. 22
R _ M k gk g
Fii= = +.Z YIEFTR Y i 1,
Jjedn
1 fc Eq. 23
n‘(vv - fv yif\,ourﬂA,ourd[+f y‘_A,omRA,omd[ Viel, q.
0 to
eAcaVl,y Vil g Py, Eq. 24

Fo s Viel
‘ RTl. L, e

where Fy, ® is the molar feed flow rate of species i€1, fed to
the reactor section in mol/s, n/"” is the moles of species i
collected during the non-venting period, Fj’"k is the molar
flow rate of makeup feed j€I,,~{CO,, CH,} in mol/s, y, *
is the composition of species i in makeup feed j&JT,,. Note
that y,***(=y,|__, ) and F,*** are the mole fraction and the
corresponding molar flow rate in mol/s of species i, respec-
tively at the outlet of the adsorption column at any given
time t, while A__, is the cross-sectional area of the adsorption
column in m?. The superscripts “A,out” and “mk” pertain to
the adsorber outlet and makeup feeds, respectively.

The reaction considered for conversion of CO, to syngas
uses CH,, and is known as CO,-reforming or dry reforming.
While dry reforming may suffer from coke formation, it is
not considered in the present disclosure. The reactions
involved in dry reforming are as follows:

CH,+CO, <™ 2 CO+2 H, AH,ps K=+247.0 k/mol Rl

COL+H, = CO+H,0 AH,o5 K=+41.7 ki/mol R2

The CO,-reforming of methane (Reaction R1) is a reversible
and highly endothermic reaction and results in an increase in
the number of total moles of gases in the column. This is
because as per Reaction R1, one mole of CH, and one mole
of CO, can produce two moles of CO and two moles of H,.
Hence, the production of syngas is thermodynamically
favored at low pressures and high temperatures. The high
endothermicity of the reaction makes this reaction energy
intensive. The reverse water gas shift reaction (Reaction R2)
is also an endothermic reaction.

The reactor feed thus obtained is heated to the reactor
temperature (T;) in the furnace of the reformer. The heat
duty required in W is given by:

Zinfw TR TR Eq. 25
Q5 = TﬁAyouGCde+ E FY j;m Cpm,jdT
I

jelm

where T4°*(=T|__, ) is the outlet temperature at the adsorp-
tion section in K, T;’"k is the feed temperature of the makeup
feeds in K, C,,,, is the specific heat capacity of the appro-
priate gas mixture in J/mol/K calculated using Equation 26.
The variation of specific heat capacity with temperature is
considered as per the Shomate equation as follows:

2 Eq. 26

i€hn icim

T 33 T |2
Z%‘Di(m) +Z yiEi/(m) Viel,

iely iehy
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where 1, is the set of species present in the gas mixture
considered. The values of the constants are taken from the
National Institute of Standards and Technology.

A pseudo-homogenous model is used for modeling the
reactor and its assumptions are listed as follows: (a) ideal gas
behavior; (b) steady state operation; (c) isothermal opera-
tion; (d) one dimensional plug flow behavior; (e) concen-
tration, temperature, and pressure gradients in radial direc-
tion are neglected; (f) axial dispersion is neglected; (g) the
thermal and chemical equilibrium between the bulk and the
catalyst surface are achieved instantly, i.e., the gas and the
catalyst have the same temperature and concentration; and
(h) the catalyst effectiveness factor is assumed to be unity.

The component balance for all the species in the reaction
mixture is given in Equation 27, shown below. The set of
species considered in the reaction section are [,={CO,, CH,,
N,, CO, H,, H,0}.

dFf Eq. 27

dZR :pbAC,,r; Vie IR

where F7 is the molar flow rate in mol/s of each species i
inside the reactor bed at any z, r, is the rate of generation
of species 1 per unit mass of catalyst in mol/kg/s, p, is the
reactor bed density in kg/m>, A, is the cross-sectional area
of the reactor in m?, and zj, is the spatial coordinate along the
length (Lz) of the reactor bed in meters (0<z=<l ;). The inlet
flow rates (FO,iR) for i€1, are given in Equation 22, shown
above, and is set to 0 for il,.

= R Viely Eq. 28
k

where 8, , is the stoichiometric coefficient of species i in
reaction R;. For example, Oy, is +2 and 9, , is -1 since
two moles of H, are formed in Reaction R1 while one mole
of' H, is consumed in Reaction R2. The reaction kinetics and
the parameters are taken from Table 1, shown below, and are
incorporated in the process model.

R k1Kco,,1Kchy,1Pco, Peny (pcopm, ) Eq. 29
1= -
(1+ Kcoy,1 pco, + Keuy1 peny)? Keq1pcoy Pty
R k2Kco, 2K, 2Pco,PH, ( PcoPH,0 ] Eq. 30
2= -
(1 +Kcoy2Dco, + Kip 201, ) Keg2Pc0y Py
where p; is the partial pressure of species i €
Iz in bar given by:
FF Py Viel Eq. 31
j=——— Vie
P S rF o

where Py is the pressure in the reactor bed in Pa.
Table 1, shown below, lists reaction rate coefficients and
parameters used in the present disclosure.

TABLE 1

Parameter Value

1.29 x 106 6—102065/RTR
35 x 105 e—SlOSO/RTR

k; [mol/kg cat/s]
k, [mol/kg cat/s]

K,y [/atm] 2.60 x 1072 A0SS4RIR
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TABLE 1-continued
Parameter Value
Koo, [/atm] 2.61 x 1072 g3764LRIR
Koo, [fatm] 0.5771 e9262/RIR
K> [Vatm] 1.494 ¢SO25/RTR
K1 [atm?] 6.781 x 104 ¢ 259660RTR
Keq. 56.4971 e 36SORIR

eq,2

The reactor operation is assumed to be isothermal, i.e., the
reactor temperature T is kept constant. However, heat needs
to be supplied to the reactor section to ensure isothermal
operation to compensate for the heat consumed by the
endothermic reaction. This heat can be provided by appro-
priate placement of natural gas fired burners along the
reactor section. The following equation describes the heat
consumed by the reactions taking place in the reactor.
Integrating over the length of the reactor bed (zy), gives the
cumulative heat duty (Qz) in Watt needed to maintain an
isothermal operation.

dQp

dzg

Eq. 32
=pphcry | (~AHOR:
k

The Ergun equation is used to describe the pressure drop in
the axial direction in packed beds.

dPy _ ppul(l —sr) Eq. 33
150 Eq. 34

f=ga +175
. pribsdp e Eq. 35

ot = LI %s%pe
HR(L —&g)

where py and p, are the density and viscosity of the fluid
(gas) phase in the reactor in kg/m> and Pa s respectively, u,
is the superficial velocity in m/s, & is the void fraction of the
reactor bed, f is the packed bed friction factor, Re* is the
modified Reynolds number for packed beds,

6V,
dp,g(= S_p]
.

is the effective particle diameter in m of the cylindrical
catalyst particle with 10 hole rings. The viscosity of the gas
is taken to be the mole fraction average of individual species
viscosities which are provided in Table 2, shown below.
Table 2, shown below, lists the individual species viscos-
ity values in Pa s used for calculating the overall gas
viscosity for the reactor section of the present disclosure.

TABLE 2
Species Viscosity [Pa s]
CcO 3.62E-05
CO, 3.51E-05
CH, 2.4E-05
H,0 3.2E-05
H, 1.5E-05
N, 3.5E-05
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Inlet conditions at the z;=0 end are given as:
FRL o=Fo
Pp ‘ZR:OZP i3
Ogl.po=0 Eq. 36

Calculating Process Performance Metrics: To evaluate the
performance of the ICCC process for a given set of design
and operating conditions, several metrics were used. These
include the overall (net) CO, utilization (%), losses or
emissions of greenhouse gases (CO, and CH,), and syngas
quality (H,/CO ratio). Various economic costs, which are
discussed further below, were also considered.

Overall CO, Utilization at Cyclic Steady State Condition:
The percent overall CO, utilization (POCU) over each cycle
at cyclic steady state condition accounts for the net CO,
utilized by the process via various feeds while discounting
unreacted CO,, the lost CO, which is vented and the
auxiliary CO, produced by using heating utilities and elec-
trical power.

% Overall CO, utilization over one cycle, Eq. 37
CO2 i
PoCU = =2 100
2, fed
- Eq. 38
where, COy oy = j(; Féb";dt+ tZ ety y’é’{;zij;-"k
CO2 it = Eq. 39
v2
CO» foq — f Fégzmdf— Fgoz |ZR:LR I — onQuuitc — e Ey
1
&AcaV =0 Yi lz=0 Pl=0 Eq. 40

P = Viel,

RT | =0

where FCOZA’i" is the molar flow rate in mol/s of CO,
entering the adsorption column through either of the feeds,
Qg is the total heating duty requirement in Watt of the
process during each cycle, and E, is “unclean” electricity in
kWh contributing to auxiliary CO, emissions. If the total
electricity requirement (E,) of the process during a cycle is
lesser than the clean electricity available, then the auxiliary
CO, emission factor ¢, is set to be zero. However, if the
electricity requirement is greater than the clean electricity
available, then the unclean electricity E,, will contribute to
auxiliary CO, emissions and an appropriate value for the
auxiliary emission factor ¢, (e.g., 0.939 ton CO, per MWh,
if the electricity comes from a coal-fired power plant, as
listed in Table 3, shown below) is used.

Table 3, show below, lists raw material pricing and
auxiliary CO, emission parameters. These are converted to
appropriate units for use with the model equations of the
present disclosure.

TABLE 3
Description Value
Dehydrated Flue gas price (CO5/N,: 14/86%) ($/ton) 1.87
Natural Gas price (CH,/N>: 95/5%) ($/MMBTU) (October 2016) 2.98
Pure CO, price ($/ton) 38.5
Methane price ($/MMBTU) 2.98
Electricity price ($/kWh) 0.07

Cooling water ($/ton) 1
@nc (b. CO/MMBTU NG burnt) 117

10

15

20

25

30

35

40

45

50

55

65

TABLE 3-continued
Description Value
¢, (ton CO,/MWh from coal fired plant) 0.939
Compressor efficiency 0.75
Furnace efficiency 0.8

The heating requirement (Q,,) is provided by burning
natural gas and includes both the reactor feed heating duty
(Q) and the heat duty (Qg) necessary to maintain an
isothermal operation of the reactor. Therefore, Qg ~(Qs+
Qz)/m; where 1), is the efficiency of the natural gas-fired
furnace. The auxiliary CO, emissions by natural gas burnt
for heating is calculated by applying the appropriate emis-
sion factor ¢,, i.e., @, The auxiliary CO, emission param-
eters are obtained from the U.S. Energy Information Admin-
istration and are listed in Table 3, shown above.

The present disclosure assumes that the CH,-rich feeds
and the makeup feeds are available at the required pressure
of the process. A feed compressor is, however, necessary to
compress the flue gas which is usually available at around 1
atm. Electricity is required by the process to run the feed
compressor. All electricity is assumed to be sourced from a
coal-fired power plant without carbon capture. Use of such
electricity results in auxiliary CO, emissions. However,
since the process utilizes CO,, the present disclosure con-
siders that the amount of electricity corresponding to the
CO, processed by the systems and methods, presented
herein, from flue gas and the CH,-rich feed as clean elec-
tricity, that is, for example, free from auxiliary emissions
and discount it from the total auxiliary CO, emitted due to
electricity usage.

The total power consumed in kW by the feed compressor
is given by:

Eq. 41

where 1, is the electric motor efficiency which is taken as
0.95, 1. is the compressor efficiency which is taken as 0.75,
Fre is the inlet flow rate of flue gas in mol/s, Ty is the
temperature of flue gas in and is taken to be 298.15 K, and
y for flue gas is taken to be 1.4. F; is calculated as follows:

AV Py Eq. 42

Frg =
FG RTf

As the feed compressor is used only during the flue gas step,
the total electricity requirement E, in kWh can be calculated
as follows:

E~W,

com’

#,/3600 Eq. 43

Since the use of a compressor results in temperature increase
which is calculated as follows, a cooler is required which
results in cooling utility costs. T, ., is the temperature of
gas at the outlet of the compressor in K.

)

y-L

Ticom( (P Eq. 44
=)

Tocom = Ticom +
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The cooling duty (Q.) in kW required to cool the com-
pressed flue gas back to the inlet temperature T, for the
adsorption section is given below:

7y Eq. 45
Qc = FFGf ComrcdT
T,

o,com

The mass of cooling water in kg required in one cycle
(M) 1s given by the following equation assuming a AT=10
K change in temperature of cooling water. The specific heat
capacity of water (C, ) is taken to be 4200 J/kg/K.

Mep=t,1Qc/(Cp e T) Eq. 46

The electricity needed for the cooling water system used is
around 2 kWh per 1000 gal (0.528 kW per ton of cooling
water). This is deducted from the clean electricity available
from processing flue gas and the resulting “unclean” elec-
tricity (E,,) is given by the following equation:

Eq. 47

MW f pAin g
E, =E - o 2 _p0:528Mew
1000

Pe

where MW, is taken as 44.01x1073 kg/mol.

CO, and CH, Losses: Let loss,” denote the fractional loss
of a greenhouse gas iI€{CO,, CH,} from the process either
via the vent or as unreacted component in the product
syngas. loss/ is calculated using the following expressions:

losst = loss‘y +loss! i e {CO,, CHy} where Eq. 48
2 2 Eq. 49
f g g * Fagn o
v o _ Yhi vy _ Yh
lossco, = TZ,J’M and losscy, = 7CH2,fed
» [chOZ |ZR:LR » [chH4 |ZR:LR Eq. 50
losscp, = ——>—— and losscy, = —————

COy CHy, foq

Syngas Quality Specifications: Though the CO, reform-
ing Reaction R1 produces a 1:1 ratio of H, and CO, the
extent of progress of the reverse water gas shift Reaction R2
which consumes H, to produce CO can affect the overall
H,/CO ratio in the product (yz/y.5”). Product composi-
tions, especially ycn”, Yoo, Yay» are key metrics since
they should be within certain limits to ensure the quality of
syngas. The product composition for a species y/ is calcu-
lated as follows:

R
» Fi' |zg-14 Eq. 51

yi = Vielg

> Ff

iclg  |Zg=Lg

Economic Assessment: Various economic costs, discussed
in detail herein below, were also considered.

Operating Cost per kg of Syngas Produced: The operating
costs involves cost of raw materials (Cg,,), the cost of
heating utilities (C;,), cooling utilities (C.,,), and electric-
ity (C) required by this process.
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Cost of raw materials used over one cycle is calculated
using the following expressions:

. CMFFéi-;n Eq. 52
Crut = CraFran +f — M+
o

Z CiFh,

YCHy MF =

The raw material cost parameters, such as Cpg, Cpg, are
obtained from various sources, and are listed above in Table
3. The cost of the electricity (Cz) required by the process is
given by c_E, where c, is the unit cost of electricity and E,
is the electricity requirement of the process. Cost of cooling
utility (C ) required is given by ¢ ;M ;- Where ¢ ;- is the
cooling water price and M- is the amount of cooling water
needed per cycle. Similarly, the cost of heating utilities
(Cpey) 1s calculated by ¢ Qg Where ¢y is the price of
natural gas.

The syngas produced is the sum of the moles of CO and
H, in product. The operating cost per ton of syngas (OC)
produced is given by the following equation, where MW ¢
is the molecular weight of the product syngas in kg/mol.

1000 (Crm + Chu + Ceu + Cg)

MWiscte(F& lzg-rp +FR, |zg=14)

Eq. 53

Total Production Cost per kg of Syngas: To calculate the
overall production cost of syngas from the process, both
investment and operating costs are taken into account. These
costs are annualized and then converted to cost per ton of
syngas produced to evaluate whether the price is competi-
tive. The breakdown of the different costs involved is taken
from previous literature and is discussed in further detail
below.

The total cost of syngas produced (TC) in $/ton syngas is
given by:

AIC
TC=—+0C
Psc

Eq. 54

where AIC and OC are the annualized investment cost in
$/year and operating cost in $/ton syngas produced, respec-
tively, and P is the ton of syngas produced in a year. Total
operating time in a year is assumed to be 8000 hours.

AIC is related to the total plant cost (TPC) and annual
maintenance cost (AMC) as shown below.

AIC=0TPC+AMT Eq. 55

where @ is the capital recovery factor which is set to be
0.154 in the present disclosure. Annual maintenance cost
(AMCQ) is assumed to be about 5% of TPC. The total plant
cost (TPC) can be further broken down into total installed
cost (TIC), indirect cost (IDC), and balance of plant cost
(BPC).

TPC=TIC+IDC+BPC Eq. 56

The indirect cost (IDC) and balance of plant cost (BPC) are
assumed to be 32% and 20% of TIC.

TPC=TIC+0.32TIC+0.2TIC=1.52TIC
The details of the total installed cost (TIC) calculation are
provided in further detail below.

Eq. 57

Process Simulation

To obtain the process metrics, the overall process model
described above is solved. The model for the adsorption
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section comprises non-linear algebraic partial differential
equations (NAPDE). The partial differential equations
(PDE) are spatially discretized into a set of coupled ordinary
differential equations (ODEs) by implementing an upwind
differencing scheme. The resultant discretized form of the
equations is discussed in further detail below. Although the
accuracy of the model increases with increase in the number
of spatial discretizations (N), it also increases the size of the
discretized model leading to longer computation times. The
set of ODEs along with the initial conditions constitute an
ODE initial value problem (ODE-IVP). Based on the solu-
tion, the concentration and temperature profiles along the
adsorption column are obtained for the first step, i.e., flue gas
feed. For the second step of the cycle, when the feed is
changed to a CH,-rich feed, the final condition of the
column at the end of the first step becomes the initial
condition for the second step. The simulations are run for
multiple such cycles of steps, until the concentration and
temperature profiles do not show significant change with
further increase in the number of cycles, i.e., a cyclic steady
state (CSS) is reached.

On the basis of the solution obtained at CSS, the inlet
conditions for the reactor section are calculated. The reactor
model equations which constitute another ODE-IVP prob-
lem is then solved. The process and product metrics are then
calculated for the overall process.

To study the effect of simulation parameters, such as the
number of spatial discretization (N) and the number of
cycles (C) to reach CSS, several simulations at fixed con-
ditions were performed and are given in Table 4, shown
below. The relevant parameters are tabulated in Table 5,
shown below. Zeolite 13X is used as an adsorbent, the
adsorption isotherm parameters for which are obtained by
fitting a pure component dual-site Langmuir isotherm to the
experimental data provided in pervious literature. These
parameters are listed in Table 6, shown below, while the
fitted isotherm model is shown in FIG. 6.

Table 4, shown below, lists simulation parameters and
operating conditions for the reference case simulations used
in the present disclosure.
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TABLE 4-continued

Value
Interstitial feed velocity v,[m/s] 1
Ambient Temperature T, [K] 298.15
Step 1 duration t, [s] 100
Total Cycle time t, [s] 200
Venting start time t,,; [s] 25
Venting end time t,, [s] 125
Number of spatial discretizations N 30
No of cycles run C 100
Reaction section conditions
Makeup CO, F o™ [mol/s] 2.5
Makeup CH, F 0™ [mol/s] 2.5
Makeup Feed Temperature Tf’"k [X] 298.15
Reactor Temperature Ty [K] 1000
Reactor Length Ly [m] 5
Superficial velocity in reactor v, [m/s] 1

Table 5, shown below, lists values of constants and
parameters used in the model of the present disclosure.

TABLE 5

Value
Constants
Universal gas constant R [J/mol/K] 8.314
Adsorption section model parameters
Specific heat capacity of adsorbent C,, ; [Vkg/K] 1070
Specific heat capacity of column wall C,,,, [J/kg/K] 502
Specific heat capacity of CO, [J/mol/K] 37.14
Specific heat capacity of N, [J/mol/K] 29.13
Specific heat capacity of CH, [J/mol/K] 35.61
Adsorbent density p, [kg/m?] 1130
Adsorption column wall density p,, [kg/m®] 7800
Inside heat transfer coefficient h;, [J/m?/K/s] 8.6
Outside heat transfer coefficient h,, [J/m?/K/s] 2.5

Viscosity of gas in adsorption column p [kg/m/s] 1.72E-05

Molecular diffusivity D, [m?/s] 1.6E-05
Thermal conductivity of column wall K, [I/m/K/s] 16
Effective gas thermal conductivity K, [J/m/K/s] 0.09
Adsorbent column void fraction € 0.37
Adsorbent particle porosity €, 0.54
Adsorbent particle radius 1, [m] 1.6E-03

Adsorbent tortuosity v’ 3
Reactor section model parameters

TABLE 4 Reactor bed density p,, [kg/m?] 900
45 Catalyst particle diameter d,, [m] 0.019
Value Catalyst particle length d; [m] 0.016
. . o Number of hole rings in the catalyst particle n, 10
Adsorption section conditions Diameter of the hole rings r,, [m] 0.0023
Pressure P,, [bar] 5 Void fraction of reactor bed ez 0.4
Column inner radius r,,, [m] 0.1445 50
Adsorption Column Length L, [m] 1.5 . o
Feed Temperature T, [K] 298.15 Table 6, shown below, shows dual-site Langmuir isotherm
parameters fitted to experimental data from literature.
TABLE 6
Parameter Value Parameter Value Parameter Value
beos’ [m*/mol] 1E-09  bys? [m*/mol] 4.32E-06 by, [m*/mol] 6.29E-06
deon® [m*/mol] 2.63E-07 dp,° [m*/mol] 2.65E-06  dgp, [m3/mol] 1.84E-06
Q.o * [mol/m?] 4997.764 q, " [mol/m®] 10557477 q, g [mol/m?] 4616.276
Q.o * [mol/m?] 5800.516 q,° [mol/m?] 367476 qcpy” [mol/m?] 16950.00
AUy cop [T/mol]  =33917.46 AU, [Wmol]  —8089.09 AU, cpy [mol]  -15922.30
AU, cop [T/mol]  =31731.06 AUy, [J/mol]  -16361.22 AU gy [J/mol] -9465.77
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It is observed that the steepness of CO, composition and
temperature profiles increases with increase in N due to
greater accuracy of the model at higher discretizations (FIG.
7). The computation time needed for performing the simu-
lation also increases with higher value of N.

FIG. 8 shows the effect of the number of cycles (C) on the
composition and temperature profiles with time obtained at
the outlet of the adsorption column. Based on the profiles,
there may be a need to simulate at least a few cycles (C>10)
before the process reaches cyclic steady state (CSS).

Simulation Results and Discussion: The entire chemical
process, as shown in FIG. 4, is simulated using N=100 and
C=30 for a reference case where the design variables are
fixed to certain values listed in Table 4, shown above. The
results for the reference case simulation of the cyclic process
after 30 cycles are provided in Table 7, shown below. The
loss percentages CH,, and CO, are 62.6% and 24.3%, respec-
tively. These are significant at this reference case leading to
an overall CO, utilization of 75.6%. The total loss includes
both the losses through the vent and the presence in the
product syngas. Reducing the loss of CO, will also lead to
the overall increase in CO, utilization.

Table 7, shown below, illustrates process performance
metrics for the reference case simulation calculated for the
30th cycle.

TABLE 7
Process Metric Value  Process Metric Value
% CO, Utilization 75.63 Unreacted % CO, 21.16
Total Cost ($/ton SG) 218.06 Syngas ratio (H,/CO) 0.83
Operating Cost ($/ton SG) 175.33  CH,4 % in product 0.25
Total loss % CH, 62.62 CO, % in product 0.05
Total loss % CO, 24.29 N, % in product 0.03
Vent loss % CH, 4.26 H, % in product 0.29
Vent loss % CO, 3.14 CO % in product 0.35
Unreacted % CH, 58.36 H,0O % in product 0.03

To better understand the reasons behind the high losses at
the reference case, the gas compositions both at the adsorp-
tion column and reactor outlets were examined. The com-
position profiles at the outlet of the adsorption section for the
reference case are shown in FIG. 9. It is evident from the
profiles that the outlet compositions show variation over the
duration of a cycle. This is expected since the type of feed
sent to the adsorption column is switched from flue gas to a
CH,-rich feed at each cycle. Two distinct periods are
observed, an N,-rich period and a CH,-rich period, which
correspond to the flue gas feed step and CH,-rich feed step,
respectively.

The outlet (product) compositions after the reaction sec-
tion are shown in FIG. 10. It shows high compositions of
CH, and CO, in the product. This is because complete
conversions of CO, and CH, have not been achieved in the
reactor at the reference condition.

A preliminary sensitivity analysis around the reference
case is first performed by varying a chosen variable within
+30% of the reference case value while other variables are
kept constant to understand the effect of each variable. The
feed velocity and the temperature of the adsorption column
are held constant, while the column pressure, length, feed
step durations, and the venting times are varied. The reactor
temperature and the reactor length are also varied. The
reactor inlet flow rate is indirectly varied since it is influ-
enced by the venting times and the makeup flow rates. The
superficial velocity in the reactor is fixed at 1 m/s while the
radius of the reactor is varied as a design decision based on
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the total flow rate entering the reactor. In the present
disclosure, the decisions on final reactor diameter or the
number of tubes can be taken once the flow rate at optimal
conditions is determined. During the sensitivity analysis,
both the flue gas and the natural gas feed to the adsorption
column are set to the same pressure and temperature. The
adsorption column and the reactor pressures are also kept to
be equal.

The effects of design variables (e.g., pressure, adsorption
column length, duration of step 1 and step 2, total cycle
duration, venting start and end times, reactor temperature,
reactor length, makeup CO, tlow rate, and the makeup CH,
flow rate) on the process performance metrics such as the
overall CO, utilization, total cost, and the loss percentages
are shown in FIG. 11-FIG. 13. These values are obtained by
varying the variables within +30% around the reference case
(Table 4) while keeping the other variables constant. As
shown in FIG. 11, significant CO, utilization (approximately
97%) can be achieved by changing the process conditions
from the reference case. It is observed that the reactor
temperature (T;) has an effect on the process metrics (FIG.
11). At low Ty, reaction kinetics are slow, resulting in little
CO, being consumed to form syngas. Hence, the CO,
utilization is low at lower values of T. Moreover, the
reactions are endothermic and hence are not thermodynami-
cally favored at low temperatures. Increase in T results in
higher reaction rate leading to high conversion of CO, to
syngas and thereby increasing the CO, utilization.

FIG. 12a-FIG. 1256 shows the effects of changing the
reactor temperature T on the total cost per ton of syngas and
the losses of CO, and CH,, from the process. An increase in
the reactor temperature (Ty), especially at the 700-1100 K
range, results in an increase in the CO, utilization from 7%
to 92%. This increase in CO, utilization results in higher
amounts of syngas produced in each cycle, an almost 18-fold
increase at T>1100 K compared to 700 K case. This in turn,
leads to a reduction in total cost ($/ton) of syngas produced.
This correlation between the CO, utilization and total cost
per ton of syngas is apparent from FIG. 12a. Similarly, the
losses of CO, and CH, also go down with increase in T, as
observed in FIG. 125. This is due to increased conversion of
CO, and CH, to syngas at higher temperatures. This thereby
results in a decrease in the amount of unreacted CO, and
CH, present in the product. Therefore, the losses decrease
with increase in CO, utilization.

Other variables show a milder effect around the reference
case as compared to Tx. It can be seen from FIG. 11 that an
increase in some of the variables such as, for example, cycle
time and makeup CH, results in an increase in CO, utiliza-
tion. Increasing other design variables, such as the pressure,
step duration of feed step 1, makeup CO, and venting end
time, decreases the CO, utilization. Variables such as the
lengths of the adsorption and the reactor sections do not have
significant influence on CO, utilization. It can be observed
from FIG. 11 and FIG. 13c¢ that the trends in CO, utilization
are opposite to that of CO, loss. This is because a decrease
in CO, utilization is mainly due to unreacted CO, and CO,
loss through the vents. Increasing the pressure, step duration
of feed step 1, makeup CO,, and venting end-time increases
the CO, loss, which then reduces the CO, utilization. An
increase in the venting end-time increases the loss of CO,
through the vent.

The total cost per ton of syngas (FIG. 13a) increases on
increasing the pressure due to the operation of feed com-
pressor. It also increases on increasing the venting end time
and the makeup CH,, but to a lesser degree. Although an
increase in the makeup CO, adds an additional cost of raw
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materials, this reduces the total cost per ton of syngas. This
may be due to more syngas produced due to the added
makeup CO, which offsets the increased cost of makeup
CO, and lowers the unit cost per ton of syngas.

Moreover, from FIG. 135, the H,/CO ratio in the product
syngas is much lower than the desired ratio of 1 for the
conditions at which this sensitivity analyses are performed.
It is observed that makeup CH, is the only variable which,
when increased, improves the H,/CO ratio. For the H,/CO
ratio to be close to 1, the dry reforming Reaction R1, which
consumes CH, and CO, to produce stoichiometric amounts
of CO and H,, should dominate the reverse water gas shift
Reaction R2 which consumes CO, and H, to produce CO
and H,O. According to the Le Chatelier’s principle, an
increase in CH, favors the dry reforming Reaction R1, while
an increase in CO, favors both the reactions. Hence increase
in makeup CH, results in improving the H,/CO ratio closer
to 1.

For the values of variables considered in this sensitivity
analysis, the loss percentages of both CH, and CO, are still
high, as seen from FIG. 13¢-FIG. 134. It is important to
bring down the loss of CH, and CO, for the process to be
viable. It is observed that the effect of some of the variables,
for example, makeup feeds, duration of feed step 1 on the
CH,, and CO, loss are opposite to each other. This highlights
the importance of balancing different tradeoffs while reduc-
ing losses of CH, and CO,.

The compositions at the exit of the reactor are influenced
by the reactor feed composition, pressure, temperature,
reactor dimensions, and mode of operation (isothermal or
adiabatic). The reactor feed composition and flow rate are
determined by the makeup feed amount and the composition
and flow rate of the outlet gas from the adsorption column.
These are in turn influenced by the start and end times of the
venting step, duration of the feed steps, adsorption column
pressure, temperature, and dimensions.

The pressure at which the column is operated affects the
equilibrium saturation capacity of the adsorbent. The higher
the pressure is, the larger the amount of gas that can be
adsorbed at equilibrium. The higher pressure then affects the
kinetics of adsorption which is proportional to the difference
from the equilibrium amount. As observed from FIG. 14q, as
pressure increases, the steepness of the concentration fronts
at the outlet of the adsorption column also increases. There
is also a reduction in CH,, mole fraction in the N,-rich period
of the profile and an increase in the CO, mole fraction over
a major part of the CH,-rich period. Thus, a change in
pressure influences the venting times chosen and the com-
position of feed entering the reactor section.

FIG. 145 compares the effect of the adsorption column
length on the adsorption outlet compositions. Increasing the
adsorption column length increases the amount of adsorbent
available for adsorption, thus raising the overall capacity of
gas that can be adsorbed inside the column. This affects the
composition of the gas at the outlet of the column. An
increase in the length of the column reduces the steepness of
the concentration fronts, as observed in FIG. 145. An
increase in CH, mole fraction is observed in the N,-rich
period of the composition profiles, while a reduction in CO,
mole fraction is observed over the CH,-rich period.

As discussed earlier, the process involves cyclic switching
of input feeds to the adsorption column. With the total cycle
time held constant, changing the relative durations of the
individual steps at each cycle has an effect on the gas
compositions at the outlet of the adsorption section, as
shown in FIG. 14¢. Increasing the duration of the first step
at the expense of the duration of the second step changes the
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N, and CH, contents in the adsorber outlet. The longer the
duration of the first step, the longer the N,-rich period, and
vice versa. This is because the step 1 feed is flue gas which
has a high percentage of N,. This then influences the choice
of the venting times and the composition and flow rate of
feed entering the reactor.

FIG. 14d compares the effect of total cycle time (t,),
which is the sum of the durations of step 1 and step 2, on the
adsorption outlet gas compositions. Although the ratio of the
durations of the first and second feed steps is the same, the
overall cycle time affects the steepness and nature of the
concentration fronts observed in the composition profiles.
Different cycle times result in different durations of the
individual steps leading to different amounts of gas adsorbed
in the adsorption section. Increase in cycle time decreases
the CH,, mole fraction in the N,-rich region, while the CO,
mole fraction increases in the first half of the CH,-rich
region and then decreases.

The data above show a variety of factors that affect the
shapes and durations of the N,-rich and CH,-rich fronts at
the outlet of the adsorption section. Therefore, the appro-
priate values of the downstream design variables (e.g., the
venting times, makeup feed amounts, etc.) depend on the
adsorption outlet. The venting times are chosen to vent out
enough N,-rich gas while ensuring that the losses of CO,
and CH, through the vents do not exceed maximum limits.
Since the venting times depend on the adsorption outlet
profiles, they can be chosen after the adsorption model is
solved. Table 8 demonstrates how the loss percentages of
CO, and CH, and the amount of N, gas vented out change
with the choice of the venting times. As the venting period
is increased to occupy more of the N,-rich period, the
amount of N, gas vented out increases but so does the losses
of greenhouse gases CO, and CH,. The venting duration will
need to be restricted to meet the constraints on the loss
percentages of the greenhouse gases.

Table 8, shown below, illustrates effect of changing vent-
ing start time, where the venting end time is fixed, on loss
percentages through the vents for the reference case. Total
cycle time is fixed at 200 s.

TABLE 8

Venting start ~ Venting end N, Vent CO, Vent CH, Vent
time (t,;) time (t,5) Loss (%) Loss (%) Loss (%)

0 125 95.93 5.29 14.16

25 125 83.96 3.14 4.26

50 125 61.51 1.97 1.91

75 125 37.32 1.12 1.07

100 125 12.55 0.42 0.78

The gas compositions and flow rates from the adsorption
section corresponding to the non-venting period is time
averaged to calculate the inlet feed flow rates and compo-
sitions for the reactor section. The composition of the feed
entering the reactor is determined by the adsorption inlet
conditions and the venting times. Since the compositions of
the feed gas are kept fixed and the venting times are
primarily influenced by the loss constraints, this may restrict
the range of compositions in the feed sent to the reactor. For
example, there can be a high concentration of CH, and low
concentration of CO, in the reactor feed. This might result
in high amount of unreacted CH,,. A sensitivity analysis over
various reactor feed compositions performed using the
Gibbs free energy minimization module in Aspen Plus
(RGIBBS) reveals that the outlet compositions are influ-
enced significantly by the feed ratios (Table 9). Therefore, it
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is important that the CH,/CO, ratio in the feed entering the
reactor is adjusted. To provide the process with this flex-
ibility, makeup CO, and CH, are added to the reactor feed
to improve the feed ratios (FIG. 4a). Although adding
makeup CO, and CH, increases the operating cost of the
process, it makes the process robust to handle different feed
compositions of flue gas and CH,-rich feeds and enable
meeting the product specifications of syngas product.
Table 9, shown below, illustrates mole fractions in reactor
outlet (product) corresponding to feed mole fractions of CO,
and CH, in a binary mixture at equilibrium conditions at 1
bar and 1000 K. This result is obtained based on Gibbs
energy minimization performed using Aspen Plus (RG-
IBBS) module to demonstrate that the feed composition

significantly affects the product composition.
TABLE 9
CO, in Feed CH, in Feed CO, in Product CH, in Product
0.095 0.86 5.52E-05 0.64
0.27 0.69 0.003 0.28
0.39 0.57 0.013 0.13
0.48 0.49 0.032 0.06
0.54 0.43 0.06 0.03

The variables pertaining to the adsorption section and the
makeup feeds discussed until now affect the compositions
and flow rates of feed entering the reactor. The reactor
cross-sectional area and the number of tubes need to be
adjusted accordingly to handle variation in the feed flow
rate. To address this, the superficial velocity to the reactor is
kept fixed at 1 m/s, while the reactor diameter is made
variable.

In addition to the reactor feed compositions, the mode of
operation of the reactor and the temperature can affect the
final product compositions. The mode of reactor operation
considered in this work is isothermal, that is, the temperature
is held constant throughout the reactor. CO, reforming is
endothermic and is favored at high temperatures. At higher
temperatures, the reaction rates are high. It is thus beneficial
to operate the reactor section at the highest temperature
allowable. However, to reduce coke formation and sintering
of the catalyst, the upper limit of reactor temperature is set
at 1223 K. The length of the reactor also needs to be
sufficient for enough residence time for the reaction mixture
to reach equilibrium before exiting.

Because of these interplays between different design
variables and process performance metrics, it is necessary to
obtain a window of operation which reduces the loss of the
greenhouse gases and meets the product quality specifica-
tions. A set of limits or constraints, as listed in Table 10, are
imposed on the process performance metrics to characterize
the feasible window of operation. The bounds on the design
variables used in the present disclosure are summarized in
Table 11.

Table 10, shown below, shows specifications of upper
and/or lower bounds on key process metrics.

TABLE 10

Parameter Value
Max. allowable CH, loss from process, losscg,™ (%) 10
Min. allowable overall % CO, utilization 20
Min. allowable H,/CO ratio in syngas, SG; 0.9
Max. allowable H,/CO ratio in syngas, SG;, 1.1
Max. allowable CH, mole fraction in syngas, y cz47°¢ 0.03
Max. allowable CO, mole fraction in syngas, y5,%°¢ 0.03

15

20

25

30

35

40

45

55

60

65

TABLE 10-continued
Parameter Value
Max. allowable N, mole fraction in syngas, yy»%*¢ 0.1
Min. allowable step duration, t,,,;, 10
Max. allowable cycle duration, t,,, . 200

Table 11, shown below, shows the lower and upper
bounds of the decision variables chosen in the present
disclosure.

TABLE 11

Decision variables Lower Bound Upper Bound

Pressure (P,) [bar] 1 10
Adsorption bed length (L,) [m] 0.5 2.5
Reactor temperature (T,) [K] 373 1223
Reactor bed length (L,) [m] 0.5 10
Step 1 duration (t;) [s] 10 (t,50) t.
Total cycle time (t,) [s] 10 (t,50) 200 (t00)

Start of venting (t,) [s] 0 t

c

End of venting (t,,) [s] 0 t.
Makeup CO, (Fp,™) [mol/s] 0 5
Makeup CH, (F ™) [mol/s] 0 5

To this end, a Latin Hypercube Design (LHD)-based
space-filling sampling of the process performance at discrete
points over the whole ranges of design variables was per-
formed. A 1000K sampling is performed where K is the
number of decision variables, which in this case is 10. This
leads to a total of 10,000 samples. However, not all sampling
points satisfy the cycle configuration constraints (Equation
16-Equation 21). These constraints are known a priori and
they need to be satisfied for any valid operating condition for
the process. Hence, a screen-and-replace algorithm is imple-
mented to switch the incompatible values of design variables
with values randomly chosen while satisfying the relevant
constraints. The simulations are then run at the samples
which have compatible values of decision variables to obtain
the process performance metrics. To quickly identify the
feasible operating window over the entire sample space, the
simulations are run for N=5 and cycles C=5 (hereinafter
short simulations). The computation time is significantly
reduced for short simulations. The resulting reduction in
accuracy is not considerable as the values of the process
metrics obtained from the short simulations and the longer
simulations are close (Table 12). For these space-filling short
simulations, flue gas (14% CO, and 86% N,) was used as the
feed for step 1, and natural gas (95% CH, and 5% N,,) as the
feed for step 2 at each cycle.

Table 12, shown below, shows comparison of process
performance metrics obtained from short (N=5, C=5) simu-
lations and long (N=30, C=100) simulations for the refer-
ence case. The absolute value of the percentage deviation of
the short simulations from the longer simulations is also
reported.

TABLE 12
N=35,
Process Metric N=30,C=100 C=5 [% Deviation|
% CO, Utilization 75.63 76.44 1.07
Total Cost ($/ton SG) 218.06 221.27 1.47
Operating Cost ($/ton SG) 175.33 178.03 1.54
Total loss % CH, 62.62 62.86 0.38
Total loss % CO, 24.29 23.49 3.29
Vent loss % CH, 4.26 5.05 18.54
Vent loss % CO, 3.14 3.00 4.46
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TABLE 12-continued
N=35,

Process Metric N=30,C=100 C=5 [% Deviation|
Unreacted % CH, 58.36 57.82 0.93
Unreacted % CO, 21.16 20.49 3.17
Syngas ratio (H,/CO) 0.83 0.83 0
CH, % in product 0.25 0.25 0
CO, % in product 0.05 0.05 0
N, % in product 0.03 0.03 0
H, % in product 0.29 0.29 0
CO % in product 0.35 0.35 0
H,0 % in product 0.03 0.03 0

The process performance metrics obtained from the
10,000 simulations/samples are plotted in the FIG. 15. Each
simulation corresponds to a horizontal line joining the
values of all the respective process metrics and the decision
variable values which are normalized between the maximum
and minimum values. All the lines corresponding to the
10,000 simulations are shown in FIG. 15, where each line
represents a single simulation. FIG. 15 illustrates simula-
tions for which all performance metrics are feasible and
simulations having infeasible designs. Feasible designs are
those for which all the performance metrics are feasible, that
is, they are within specified limits as outlined in Table 10.
The present disclosure refers to these simulations as feasible
samples. It is interesting to note that the feasible region is
very narrow as compared to the decision variable space. For
the case considered, only 13 samples out of the 10,000
samples are found to be feasible.

Hence, finding a feasible point of operation by just
performing parametric studies or sensitivity analyses
involves many simulations. A systematic technique is uti-
lized to obtain feasible operating conditions and optimize
best operating conditions. In the following section, the
present disclosure describes a novel simulation-based con-
strained grey-box optimization method to find feasible and
optimal designs and operating conditions for the proposed
ICCC process.

Process Optimization

To operate the ICCC process so that it meets the desired
process and product specifications it may be necessary to run
many simulations to narrow down the range of the input
decision variables as observed in the previous section. This
approach may become cumbersome and prohibitive with the
increase in number of decision variables. Optimization helps
in finding feasible conditions in less number of simulations
compared to random sampling.

Several variables affect CO, utilization, the cost of the
process and other process metrics. Optimization techniques
to balance different trade-offs while achieving a desired
objective. For example, a set of conditions which result in
the maximum CO, utilization might have high costs, while
another set of conditions might minimize the costs at the
expense of CO, utilization. An approach to balance both
these objectives can be minimizing costs while maintaining
CO, utilization above a certain threshold using appropriate
constraints. Additional constraints may also be needed for
ensuring product purity, safety limits, containing losses,
reducing dependence on makeup feed, inter alia. This can be
achieved by formulating and solving an optimization prob-
lem with an appropriate objective function, such as maxi-
mizing CO, utilization or minimizing operating cost, while
incorporating all the relevant constraints.
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Problem Formulation: The ICCC process optimization
problem is formulated as follows:

Maximize POCU (overall CO, utilization) or, Mini-

mize TC (total cost) Eq. 58
subject to
lossCH4’slossCH4”’" Eq. 59a
Yeuf=yem, = Eq. 59
YeoFf =Vco, T Eq. 59d
INSSYN, T Eq. 5%
SGypflycd'sSG, Eq. 59f
POCU=POCU™" Eq. 59g
Cycle confirmation constraints (Equation 16-Equa-

tion 21) Eq. 5%h
Decision variable bounds (Table 11) Eq. 591
Complete process model (Equation 2-Equation 57

and Equation 72-Equation 84) Eq. 59j

where, Equation 58 is the objective function, and Equation
59a-Equation 59j are the constraints which are to be satis-
fied. These include the constraints defining the process
specifications (Equations 59a-f), cycle assignment (Equa-
tion 16-Equation 21), and the detailed description of the
ICCC process (Equation 2-Equation 57 and Equation
72-Equation 84). When the objective is to minimize the total
cost, POCU™™" is set to be 90%, which ensured that the cost
is minimized while achieving at least 90% overall CO,
utilization. The specifications (e.g., lossCH i
Yeo, 7% ¥, T, 8Gy, 8Gy) are tabulated in Table 10 and
the bounds on the design variables are summarized in Table
11.

While methods for the optimization of adsorption-based
cyclic processes exist, it is not trivial to solve the optimi-
zation problem for the ICCC process, which is a highly
nonlinear, nonconvex NAPDE model with many algebraic
and partial differential equations (PDEs). Furthermore, the
objective function and the performance metrics (POCU, TC,
YerulsYeofs Ynl»> and y g1y o) within the NAPDE model
are not expressed explicitly as functions of the design/
de01510n variables (P,, L, t;, t., t,;, 1,5, Tx, Lz, FCO2 ,

Feg, "%y The metrics are obtained only after solving Equa-
tion 2-Equation 57 and Equation 72-Equation 84. Because
they are not explicitly expressed in terms of design vari-
ables, the present disclosure will refer to them as black-box.
To this end, the NAPDE model can be viewed as a large
grey-box model, which is a combination of both explicit and
black-box/hidden models.

For performing optimization using gradient based solvers,
the original NAPDE model needs to be completely dis-
cretized in both space and time resulting in a large number
of nonlinear, nonconvex equations whose size increases with
the level of discretization. Optimizing the resultant model
using standard nonlinear solvers is computationally expen-
sive. An alternative and promising approach is to use data
obtained from simulations and develop surrogate models to
guide optimization. Replacing a large and complex dis-
cretized model by a surrogate model aids in performing
optimization with less computational overhead. Similar
black-box/grey-box optimization problems have been pre-
viously studied for process flowsheet optimization, pressure
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swing adsorption, and superstructure optimization. Several
approaches motivated from classical nonlinear program-
ming methods involving known functional forms are being
applied to black-box/grey-box optimization. Using a pen-
alty-based trust-region approach, a constrained problem is
converted to an unconstrained one by including the con-
straint violation within the objective function. Augmented
Lagrangian-based methods have also been applied for con-
strained derivative-free optimization. A filter-based tech-
nique was recently proposed to solve general glass-box/
black-box problems and was applied to chemical
engineering based process optimization case studies. The
filter approach treats a constrained problem as a bi-objective
problem where minimizing the objective function and the
constraint violation are considered as separate goals.

In the present disclosure, a trust-region based optimiza-
tion framework is proposed to solve the NAPDE problem in
two phases: (i) finding feasible points (restoration phase);
and (ii) reducing the objective function while maintaining
feasibility (optimization phase). This approach is specifi-
cally useful for applications such as those disclosed herein,
where identifying the feasible set of operating conditions is
not trivial. The overall optimization framework is described
in further detail below.

Grey-box Optimization Methodology: The NAPDE opti-
mization problem can be generalized as follows:

min f(x,Y) (objective)
st hp(x, ¥)=0, pel{Egs. 2-57,A. 1-13} (process model)
g (x) <0, k €{Egs. 1621} (cycle assignment)
process
&) =0, ue{Egs. 59a-f} ( I ]
specifications
P, Lo, 1y, I, By design variable
nelfxl ie mk gk ( ]
2, Tr> Ly, Feo,» Fen, bounds

POCU, TC, yiy,,

vielvh, ¥/l je { bounds

P P .p P
Ycoys YNy Vi, [ Yeo

where x is a vector of all design variables x,, and Y is a
vector of all process performance metrics Y .. For the ICCC
process, x=(PyL,t; .ttt TrLrF oo™ ,FCH;"A), and
Y={POCU,TC,Y i P Y cof Yni Yl Vet Furthermore,
f(x) is the black-box objective function, g,(x) a known
function from the set of explicit equations describing the
cycle assignment (Equation 16-Equation 21), g,(x,Y) is a
black-box function from the set of the equations describing
the limits on the process performance metrics (Equations
59a-f), and h,(x,Y)=0 represents the process model
described by Equation 2-Equation 57 and Equation
72-Equation 84. g (x,Y) is referred to be black-box, since it
relates the design variables x with the process performance
metrics Y through implicit expressions. Furthermore, a
simulation is referred to when all x, will fixed such that their
values satisfy g, (x)=<0. Designing of simulations to find set
of x-values that satisfy the know constraints g (x)<0 is a
challenge. However, a simulation-based optimization frame-
work, such as one disclosed herein, requires many simula-
tions as the algorithm proceeds. Therefore, design of simu-
lations is of significant importance. The present disclosure
applies a method previous proposed to design a set of
feasible samples that satisfies known constraints. The
method is described in further detail below.
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The surrogate model-based trust-region approach is used
for both the restoration and optimization phases. The basic
steps involved in this approach are: (1) space filling samples
are obtained such that they are feasible with respect to the
known constraints; (2) after the simulations are performed
on the design points, the black-box function is approximated
by a fully-linear surrogate model; and (3) a non-linear
programming problem involving minimization of the surro-
gate model subject to the constraints is solved using GAMS/
ANTIGONE in a trust-region and the procedure is repeated
in an iterative manner using a trust-region framework until
a convergence criteria is satisfied. Based on a set of simu-
lation samples, simpler models (surrogates) were developed
for both f(x). At each iteration, a set of 5 k samples are used
to develop the surrogate model. All the samples are made
sure to lie within the current trust-region. At the next
iteration, previous samples lying within the new trust-region
are reused. In case the number of samples is less than 5 k,
the remaining samples are obtained using an optimization
model described in further detail below. Let f"(x) represents
the surrogate model of f(x). The surrogate model used in the
present disclosure is a cubic radial basis function and
satisfies the fully-linear property. A model is said to be
fully-linear if for all xeA, [VF(x)-V§"(X)|l=k A and ||f(x)-
F®)|l<k A% where K., K>0. Note that parameters of the
cubic radial basis function representing f7(x) is obtained,

Eq. 60

whenever needed, based on a maximum-likelihood param-
eter estimation with cross-validation using a set of NAPDE
simulation data (further detailed herein below).

Finding Feasible Solutions (Restoration Phase): The res-
toration phase is an iterative approach which proposes new
designs of simulations towards finding a feasible simulation
point or sample. At each iteration of the restoration phase, an
optimization problem is solved where all the unknown
constraints are grouped into a single smooth constraint
violation function (6) defined as follows:

0= Z (max(0, g,))? Eq. 61

The constraint violation function is zero when the current
simulation considered is feasible. It is positive whenever it
is infeasible with respect to the unknown constraints. The
following nonlinear model is solved at each iteration of the
restoration phase:

min &(x) Eq. 62
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-continued

st gx) =<0

xXeAy

0” denotes an approximation of 0 within a trust region A,..
Similar to 7, 6" is approximated using a cubic radial basis
function which is fitted based on simulations of the NAPDE
model, as described in more detail below. The new point x,,
is acceptable as a new iterate if a decrease in the objective
function (constraint violation in this case) is observed and
the trust region is increased.

It may also be possible that a given problem is infeasible.
To check this, the criticality measure ¢,° is calculated by
solving the following linear program.

gof:mdin Vo) d Eq. 63

s.L. @)+ Vg @) d=0

llall, <1

where d is a vector of size n, that is, the number of design
variables. Criticality measure evaluates if further decrease in
infeasibility/violation of the unknown constraints is pos-
sible. For nonlinear programs with known smooth objective
function and constraints, if the solution of the above problem
is within a pre-specified tolerance, the problem is deemed to
have converged. However, in the paradigm of black-box
optimization, an additional condition on accuracy of the
surrogate model is also needed. In the present disclosure the
accuracy of the surrogate model was tested by validating on
an independent set of testing sample points (denoted by ST)
by evaluating the root mean squared error (gq). So, if the
criticality measure (¢,®) and root mean squared error (g) is
below threshold values of ¢ and &, the algorithm is
terminated.

An alternative certificate of convergence could be the
trust region being smaller than a pre-specified tolerance. In
the algorithm, trust region is increased when a decrease in
infeasibility (objective function of constraint violation in
this case) is obtained in the current iteration and the trust
region is decreased if a decrease in infeasibility is not
observed. If the trust region size keeps on decreasing to a
very small value, this implies that no better point is possible
and hence the method has converged to the local minima.
This argument is based on the assumption that the original
function is sufficiently smooth. The above criterion is also
employed as convergence criteria for the optimization phase
as will be described below.

The restoration phase described above is illustrated in
FIG. 16. If the restoration phase does not yield a feasible
point, a different initial guess is provided and the algorithm
is run again.

Finding Optimal Solutions (Optimization Phase): Once a
feasible point is obtained, the focus is shifted towards
decreasing the objective function while maintaining feasi-
bility at all subsequent iterations. To achieve this, surrogate
models for both the objective function and the constraint
violation are developed. An optimization sub-problem
(Equation 65) is also solved to find a point that decreases the
objective function while ensuring feasibility with respect to
both known and unknown constraints. The basis for consid-
ering surrogate model for the constraint violation, as well as
for the objective, is to exclude the infeasible search space
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from consideration. A new iterate obtained by solving Equa-
tion 65 is only acceptable if the new point is feasible and the
objective function is reduced. In other words:

8(x,)<0 and J(xp)= (xy) Eq. 64

If the reduction obtained in the objective function is
appreciable compared to the predicted reduction in objective
function, the trust region, A,,, can potentially be increased.
The ratio relating the observed reduction with predicted
reduction is given by:

_ S-S
o= o - o

The algorithm for minimizing the objective function is
illustrated in FIG. 17. The following sub-problem is solved
at each iteration in the trust region to obtain candidate
optimum point X,

min f"(x) Eq. 65

st O (x) = o"
g(x) =0

x €A

where 0™ denotes the minimum constraint violation encoun-
tered among the samples. To check whether a candidate
point is a first order critical point, criticality measure ¢, is
calculated by solving the following linear program:

of =min ¥ frx)Td Eq. 66

st gl(X)+Vgl(x)Td=<0
®) + Vg @) d =0
lldll =1

This problem gives an indication as to whether the
objective function can be decreased further while maintain-
ing feasibility. The core of the algorithm relies on perform-
ing sampling and developing surrogate model. The strategy
to obtain feasible samples with respect to the known con-
straints and the strategy for developing surrogate model are
both described in more detail below. The optimization
algorithm parameters are listed in Table 13.

Table 13, shown below, shows algorithm parameters used
in the optimization runs performed. L, norm is used for
defining trust region size.

TABLE 13
Algorithm Parameters Values
Constraint violation tolerance (67°%) 0
Root mean squared error tolerance (e°) 1073
Threshold value for criticality measure (@™ 1073
Minimum trust region size (A™") 1073
Trust region decrease factor (y,,.) 0.5

Trust region increase factor (y,,,.) 3
Ratio of actual decrease and predicted decrease in objective
function (n)
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Optimization Results: The present disclosure has applied
the grey-box constrained optimization strategy to solve the
NAPDE model for the optimization of the integrated carbon
capture and conversion process presented in this disclosure.
In what follows, the present disclosure describes three case
studies. In the first case study, the capture and conversion of
CO, from dry flue gas (14% CO, and 86% N,) from a
coal-fired power plant using typical natural gas containing
95% CH, and 5% N, as step 2 feed was considered. For case
study 2, the same was considered, but using biogas, which
is an unconventional and highly contaminated source of CH,
with about 60% CH, and 40% CO,, as the feed for step 2.
In case study 3, the robustness of the proposed ICCC process
under varying feed compositions was studied. Specifically,
several optimization runs were performed, each of which
considers a fixed flue gas but different CH,-rich feed. The
CO, contents in the CH,-rich feed are varied over a range
from 0-60% to cover the compositions of a wide range of
unconventional, stranded and distributed sources of meth-
ane, such as shale gas, biogas, landfill gas, refinery off-gas,
fuel gas, combinations of the same and like. All feeds are
considered to be available at 1 atm and 298 K for all case
studies.

Case Study 1—Conversion of Flue gas and Natural Gas to
Syngas: For this case study, flue gas is used as the feed for
the step 1, and natural gas (95% CH, and 5% N,) is used as
the methane-rich feed for step 2 of each cycle. The optimi-
zation was performed with different objectives: (i) maxi-
mizing the overall CO, utilization (case a); (ii) minimizing
the total cost per ton of syngas produced (case b); and (iii)
maximizing “direct” utilization of CO, from flue gas with
respect to the total utilization (case c). These cases are
discussed in further detail below.

Case (a)—Maximize Overall Utilization of CO,: Here,
the overall % CO, utilization is maximized and the results
are presented in Table 14-Table 16. It can be observed from
Table 14 that the product specifications, syngas ratio, and the
losses are within the limits set by the constraints. The overall
CO, utilization is high around 99.7% while the correspond-
ing cost per ton of syngas is $120.9 which is within the range
of costs described in pervious literature. The syngas is
mostly composed of 47.88% H, and 47.99% CO, which
confirms that the specified ratio of H,/CO is met. The
optimal design variables are listed in Table 15. The optimum
is attained at 1 atm pressure and at the highest reactor
temperature allowed (1223 K) to maximize the CO, con-
version to syngas. The process requires additional CO, and
CH, to adjust the input feed ratios to the reactor to obtain
higher CO, conversion while meeting all the constraints.
The total loss of CH, is at its upper bound (10%) but the total
loss of CO, is only 0.23%. CH, is mostly lost through the
vent. However, the venting is important to eliminate N, from
the reactor feed. This is apparent, as the N, content of the
product syngas is found to be only 1.43%. The product
syngas also contains 0.03% CO,.

The adsorption outlet composition and the reactor outlet
compositions for this case are shown in FIG. 18. Looking at
the adsorption outlet profiles, at first it would seem surpris-
ing that the venting period is not shifted further towards the
later part of the cycle where there is high N, content and low
CH, content. However, the optimization has obtained a
balance between different trade-offs to maintain feasibility
while maximizing the overall CO, utilization. It is also
observed that although N, does not participate in the reac-
tion, its presence can reduce the partial pressure of the
reacting species to adjust the final conversion. The complex
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interplay of different variables and their influence on deci-
sion making for optimum results is thus well brought out in
this case.

Table 14, shown below, illustrates process and product
specifications at optimum for natural gas (NG) and Biogas
(BG) as CH,-rich feed used in the second feed step. Process
metrics calculated over 1 cycle. Value of the objective
shown in bold typeface.

TABLE 14
Case (c)
Case (a) Optimum
Optimum Case (b) “Direct”
Overall Optimum Utilization
CO, % Total Cost of CO,
Process Metric Utilization ($/ton Syngas)  from Flue Gas
Step 1 Feed Flue Flue Flue Flue Flue  Flue
Gas Gas Gas Gas Gas Gas
Step 2 Feed Natural Biogas Natural Biogas Natural Biogas
Gas Gas Gas
Overall CO, % 99.67 99.67 97.14 9735 92.00  90.76
Utilization
Total cost ($/ton  120.89  117.44 109.42 110.08 129.01 12852
SG)
% CO, fed via 1.16 3.10 2.59 2.70 11.69 16.14
FG over total
CO, utilized
Total loss % CH,  10.00 9.97 1.20 1.14 7.64 642
Total loss % CO, 0.23 0.22 2.76 2.56 7.91 9.24
Vent loss % CH, 9.79 0.01 0.01 0.00 1.38  0.00
Vent loss % CO, 0.08 0.08 0.72 0.07 1.69  7.64
Unreacted % CH, 0.20 9.96 1.19 1.14 6.26 6.42
Unreacted % CO, 0.15 0.14 2.04 2.49 6.22 1.59
Syngas (SG) ratio 1.00 1.0 0.97 0.96 0.9 0.97
(H,/CO)
CH, % in product 2.61 2.57 0.29 0.27 1.44 1.5
CO, % in product 0.03 0.03 0.52 0.63 1.61 0.4
N % in product 1.43 4.4 2.56 3.99 9.94 10.00
H, % in product ~ 47.88  46.42  47.21 4627  40.16 43.15
CO % in product  47.99  46.52  48.68  47.98  44.62 4435
H,0 % in product 0.05 0.05 0.73 0.85 2.23 0.59

Table 15, shown below, shows decision variables at
optimum for natural gas (NG) and biogas (BG) feeds for
different optimization objectives.

TABLE 15
Case (c)
Case (a) Case (b) Optimum
Optimum Optimum “Direct”
Overall Total Utilization
Decision % CO, Cost ($/ton of CO,
variables Utilization Syngas) from Flue Gas
Step 1 Feed  Flue Flue Flue Flue Flue Flue
Gas Gas Gas Gas Gas Gas
Step 2 Feed Natural Biogas Natural Biogas Natural Biogas
Gas Gas Gas
Pressure 1.01 1.01 1.01 1.01 6.24 2.84
(P) [bar]
Adsorption 0.9 1.45 0.57 1.205 1.66 0.97
bed length
(L,) [m]
Reactor 1223 1223 1203 1193.97  1221.76 1217.33
Temperature
(T,) [K]
Reactor 9.15 1.40 0.5 0.5 0.52 0.53
bed length
(L) [m]
Step 1 65.02 159.57 185.6 157.18 137.62  185.62
duration (t;)
[s]
Total Cycle  199.92 186.08 199.27 167.18 196.49  196.23

time (t,)
[s]
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TABLE 15-continued TABLE 16
Case (c) Case (c)
Case (a) Case (b) Optimum Case (a) Case (b) Optimum
Optimum Optimum “Direct” Optimum Optimum “Direct”
Overall Total Utilization Overall Total Utilization
Decision % CO, Cost ($/ton of CO, . %,CO? Cost ($/ton of CO,
variables Utilization Syngas) from Flue Gas Process Metric Utilization Syngas) from Flue Gas
Step 1 Feed Flue Flue Flue Flue Flue  Flue
Statof 3007 17259 3512 15696 4849 8495 Gas Gas Gas Gas Gas  Gas
Vemuﬁ (t,) 10 Step 2 Feed Natural Biogas Natural Biogas Natural Biogas
s G G G
E}ld of 49.54 18259 101.48 167.18 108.29  194.44 CO, from 9%33 22.16 22_878 21.83 11£71_S64 72.34
venting (t,,) FG feed
[s] [moles]
Makeup CO,  3.85 3.67 5 4.81 496 2.09 CO, from NG/BG 0 10.52 0 3.97 0 11.82
(FCOZ’""}”“P) 15 feed [moles]
[mol/s] Total CO, 903 3269 2578 2580 117.64 84.16
Makeup CH,  3.67 4.15 4.83 4.67 3.22 2.24 from both
(F gy ") feeds [moles]
[mol/s] Makeup 77021 683.07 99637 80401 975.12 409.78
CO, [moles]
5o Total CO,imput 77924 71576 1022.15 82981 109276 49394
L. [moles]
Case (b)—Minimize Total Cost per ton of Syngas: For €O, lost 0.64 0.57 735 0.55 1844 3777
minimizing the total cost of the process per unit amount of vent [moles]
syngas produced, an additional constraint is introduced Umﬁfgf:s]c% L3 102 2089 2068 6800 7.8
which restricts the overall CO, utilization from going below Total CO, utilized 77747 71417 99391 80858 1006.32 448.29
90%. A cost of $109.4 per ton syngas is achieved while 25 [moles]
maintaining around 97% overall CO, utilization. None of %Fcé)g‘i‘r’m L1 3.10 23927 11.69 16.14
the process and product quality constraints are at their total CO, utilized
bounds, while the amount of makeup CO, needed is at its
upper bound. The optimal step 1 duration is about 12 times e .
: 30 In 2016, about 1,241 million metric tons of CO, were
larger than the duration of step 2. Although the makeup CO, tted f L-fired lants in the United Stat
is expensive, the optimization sets it at the maximum value %Iln (61:' rtomt.TPat_. © pr;Vgrg(E anfs Clg © i mte thates.
to meet other process constraints. The reactor bed length is ¢ direet utiization of 11.5570 0 > Indicates that as
at its minimum and the nressure of the process is at 1 atm much as 130 million metric tons of CO, from the coal power
Th P 1203 K whi ﬁ is about 20 K 1 ) plants in the United States can be directly utilized to produce
¢ reactor temperature 1 which 1s about €58 35 gyngas, assuming 90% utilization, without expending addi-
yng 2 p 2
than the upper bound. tional energy and cost for CO, capture. If one considers a
Case (¢)—Maximize “Direct” Utilization of CO, from typical cost of post-combustion CO, capture of $40/ton, then
Flue Gas over Total CO, Utilization: It can be observed from one saves more than $5.2 billion per year.
Table 15 and 16 that the process is dependent on makeup Case Study 2—Conversion of Flue gas and Biogas to
CO, and CH,, supplied to the process to attain feasibility and 40 Syngas: For this case, flue gas is again used in feed step 1,
optimality. For the previous optimal points obtained, the ~ butinstep 2 biogas feed with 60% CH, and 40% CO, is used
CO, input via flue gas compared to the total amount of CO, as the CH,-rich purge feed. Similar oplimizations are per-
utilized is around 1-2%. This means that from an overall formed and the res.ulFs are tabulated. in T?lble 14-Table 16.
process standpoint the contribution of flue gas to the total C?Se (a)—Maximize Qvergll Unh,zatm? of CO,: The
e o P maximum overa utilization obtained is 99.67% and i
CO, utilized is quite low. Hence, to maximize the amount of 5 b d th tH ngf til ) t l? d d 99.67% thd t
flue gas processed while still maintaining the feasible nature 15 observed that apart rom femperature anc pressure, tuere
of'the process, a new objective of maximizing the CO, from is a difference in the optimal va lue of the design Varlables
flue gas consilmed over the total CO, utilized is set. The between the natural gas and biogas cases. The adsorption
R . . .
constraint of overall CO, utilization to be greater than 90% outlet and reactor outlet profiles fqr th%s case ate shown i
; g 2 ) e 50 FIG. 20. The optimal step 1 duration is almost 6 times as
1s ?SO §et. Ifn thlsﬂcase, 1t 15 seerlll .thatdll.F619GA> ig d};ECtdCQ2 large as the step 2 dur.ation. Although the optimal Value.: is
utilization from flue gas 1s achieve (FIG. 19). The distri- close to that obtained in the natural gas case, the operating
butlon of.COz input from the flue gas and the makeup CO, conditions are different. It is difficult to exactly predict the
is shown in FIG. 19. Thlf means almost 0.835 moles of flue choice of the venting period in this scenario, which has been
gas can be processed with low costs for each mole of CO, ss chosen by the optimization to balance all the tradeoffs. At
utilized in the process. this maximum overall CO, utilization, the cost is $117.5 per
This result is achieved at increased pressure. Since chang- ~ ton of syngas, which is lower than the cost for the natural gas
ing the pressure controls the amount of flue gas and natural case. .
gas sent to the process, the optimal pressure has increased to Case (b)—Minimize total cost per ton.of syngas: The toFal
maximize the amount of CO, from flue gas processed. This 60 cost ,Of, the process per ton Of syngas 1s minimized while
however comes at a decrease in overall CO, utilization to restricting the overal.l €O, utlhz.apon above 90% and meet-
92% and an increase in the total cost to $129/ton of syngas. ing all Othelj constraints. The.mlmmum total cost per ton of
Other results are presented in Table 16 (case b) syngas obtained for this case is $110.1 per ton of syngas. All
P ’ loss and product specifications are met. The pressure and
Table 16, shown below, shows CO, consumption and s reactor length hit the lower bound to reduce the cost while

utilization mole balance at optimum for natural gas (NG)
and biogas (BG) feeds calculated over 1 cycle.

the reactor temperature is 1194 K. However, since biogas
has 40% CO, the makeup CO, required at optimum has not
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reached the upper bound. The step 1 duration is much longer
than the step 2 duration. From Table 15, it is seen that the use
of biogas which is rich in CO, reduces the need for makeup
CO, as compared to the natural gas case. However, a higher
makeup CH, is used.

Case (¢)—Maximize “Direct” Utilization of CO, from
Flue Gas over Total CO, Utilization: The reduction in
makeup CO, requirement results in an increase in the
percentage of direct CO, input via flue gas as compared to
the natural gas case. To further maximize the percentage of
CO, utilized via flue gas, an optimization is run to maximize
the same. It is ensured that the overall CO, utilization in the
process does not drop below 90%. The optimization results
suggest that it is possible to operate the process such that the
CO, from flue gas accounts for 16.14% of the total CO,
utilized and 14.6% of the total CO, input to the process
(Table 16 and FIG. 21). This means that about 1.15 moles of
flue gas can be processed without pressure or temperature
swings for each mole of CO, utilized. This is achieved by
reducing the makeup CO, required by the process while
increasing the overall amount of flue gas sent to the process.
The overall CO, utilization and the cost at this condition are
90.7% and $128.5/ton, respectively.

Case Study 3—Technology Robustness in the Presence of
Variable Feed Compositions: To examine the applicability of
the process when there is varying CO, content in the
CH,-rich feed, optimizations are performed for CO, per-
centage composition in CH,-rich feed varying from 0-60%,
considering different objectives of overall CO, utilization,
total cost per ton of syngas, and direct utilization CO, from
flue gas. The optimization results are shown in FIG. 22.
Different warm starts and variable bounds were used for the
optimization algorithm to obtain these results. It can be
observed that for a wide variety of CO, compositions in the
methane-rich feed it is possible to operate the process
feasibly with costs of around $110/ton of syngas, maximum
overall CO, utilization of around 99.5%, and direct flue gas
based CO, utilization of about 16%. It is possible to main-
tain a certain desired objective value and operate the process
at different compositions of CH,-rich purge feed. This
demonstrates that the proposed systems and methods dis-
closed herein could be robust under different feed condi-
tions.

It is important to note that the best results presented above
are dependent on the bounds on the design variables and the
limits on the process performance metrics. Since conserva-
tive values of these parameters are employed, relaxing some
of these specifications depending on the downstream needs
may improve the results and applicability of the process
even further.

The optimization case studies discussed above are per-
formed with N=5 and C=5 along with the constraints and
decision variable bounds already specified. The optimization
algorithm requires function evaluations (simulations run at
samples) to move towards feasibility and later towards the
optimal point. Since the process model is dynamic involving
partial differential equations and is operated cyclically, a
highly accurate simulation performed with high N over
many cycles is computationally expensive. The time
required per simulation can be greatly reduced by perform-
ing the simulations for a fewer number of discretizations and
cycles, hereinafter referred to as short simulations. Though
the accuracy might be reduced to an extent, the feasible and
optimal points for short simulations are obtained within a
shorter time. The values of the process metrics obtained for
a sample point after the short simulation can be compared
with a longer simulation (N=30 and C=100) to check if it is
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acceptable. The differences in the value of the process
metrics obtained from short and long simulations are small
(Table 12). The results can be further refined using longer
simulations.

Progress of the Algorithm: The progress of the optimiza-
tion algorithm from an infeasible initial point to the optimal
point is shown in FIG. 23. The optimization problem run in
this case is the minimization of total cost when flue gas and
natural gas are used as feeds. The initial point from which
the optimization algorithm is started is same as the reference
case listed in Table 4. The algorithm first decreases the
cumulative constraint violation of all the constraints to reach
the feasible operating point. After that the algorithm
decreases the desired objective function until it reaches
optimality. The optimization algorithm ends once the criti-
cality measure is satisfied or the trust region size becomes
sufficiently small. Feasible points obtained in this manner
could be then provided as starting points to other optimiza-
tion runs with different objectives. It is observed that the
restoration phase of the algorithm needs approximately 620
simulation/samples of the NAPDE model to reach a feasible
solution with all the constraints satisfied. Afterwards, the
algorithm switches to the optimization phase, which per-
forms approximately 2885 additional simulations to reach
the final solution within a stipulated time.

Non-Dimensional Discretized Adsorption Model

The process model for adsorption involves a system of
partial differential equations in space and time. To solve it,
the system is first discretized into a set of ordinary differ-
ential equations by applying finite volume discretization in
space. Through the model is discretized using a finite
volume approach, an upwind differencing scheme is used
which reduces it to a finite difference approximation.
Although the accuracy is reduced due to numerical disper-
sion, the upwind differencing scheme is used due to its
simplicity and non-oscillatory nature. The PDEs are non-
dimensionalized using appropriate scaling factors for ease of
convergence. The non-dimensional discretized form of the
PDEs used in the adsorption model is given below:

Component mass balance:

Ay Eq. 67
o
17,1 (E] (yi,j+1—yi,j)_(f] i =Y |
Pe T)j AZ\T 105 AZ T os AZ
Tl (yi,] (yfz] }
?A_Z i -|=V -
Pj T 0.5 T J-0.5
J 110 J 8P 30T,
), Ot p; 0t T; Ot
Total mass balance:
aP; P;oT; T; (Fﬁ] (?7] TL//Z g, Eq. 68
ST = - Tl =Y —-|1=V -1
ot T; ot AZ\T 0.5 T 0.5 i 9
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Energy balance inside the column:

Ty _ o L Tin=T;) (T =T\ Eq. 69
ar T Maz||T az AZ
1 L
QZ,jA_Z[(VP)j+0.S - (VP)jos]+
— dg; — aP;
Z (o — QS,jTj)E = (T;-Twj) - QZ,jF
Energy balance across the column wall:
0T 1 [(Twjet =Twj) (Twj=Tonjmt Eq. 70
ar Az AZ AZ *
72(Tj=Twj) = 73T ;= Ta)
Linear driving force model for mass transfer:
Eq. 71

37- .
B__::J = w;(ﬁﬁj _7‘”‘)

Total Installed Cost Calculation

The total installed cost is the sum of all individual
equipment costs for compressors, columns, and heat
exchangers used. The process of the present disclosure
includes an adsorption column, compressors and a reformer
type of reactor. The total installed cost is given by:

TIC=TIC 4+ TIC.,,,+TICkp Eq. 72

The cost calculated for a past base year (C,) is converted
to 2016 values (C) using the Chemical Engineering (CE)
Plant Cost Index.

hots Eq. 73

where [,=index value at the base year and L,,, ¢ is the CE
index value for September 2016, that is, 542.8.

The equipment installation cost for compressors is taken
to be 80% of the purchased cost while for other equipment
(heat exchangers and columns) it is taken to be 4% of the
purchased cost based on a U.S. Department of Energy
report. Hence, C,,,=1.8 C, ., TIC,_,,~1.04 C, ., and
TIC,;=1.04 C, .. The purchased costs for these are
obtained from previous literature and are described below.

The adjusted purchase cost for the compressors and the
subsequent cooler is given below:

I 082 Eq. 74
Coom = 3791.3ﬂ( a4

W,
z com )

0.7453

hots Eq. 75

Ceoot = 130==1Qc|*"®
Iy

where I, for this case is CE value in 2004, that is, 444.2,
W._,,. is the consumed power of a compressor in kW and
1Ql is the cooling duty in kW.
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The purchased cost for the adsorption column is given
below:

Cp,adsozF MCr0astCpr aast VP 2asCrortCor aas Eq. 76

where I, is the materials of construction factor, C, ;. is the
free on board purchase cost of empty vessel with weight
W1 Cpr aas 18 cost of platforms and ladders, V,, is the
adsorber packing volume, C; is the installed cost of pack-
ing (adsorbent) per unit volume, and Cpy_, ., is the installed
cost of flow distributors. These are further calculated using
the expressions below:

Cvaas = exp(7.0374 + 0.18255InW 44 +0.02297(InW,4)*  Ea. 77
Wags = 7(39.37Dads + £)(39.37(0.8 Dags + Lo)tspr) Eq. 78
Cppads = 237.1(3.281D,,4,)"316(3.281L,,)* 8¢ Eq. 79
Vads = 2(3-281Da)2(3.281La) Eq. 80

Eq. 81

z 2
ChRass = 1003 (3.281D,)

where F,,=2.1, C,,,=60, p,=0.2818 Ib/in®, 1, =0.688 in, and
D, is the diameter of the column. The base index value (1)
in this case was CE in mid-2000 and its then value was 394.
The CE index in October 2016 was 1,5, ,=543.3.

hote Eq. 82

o0
Crads = Cpads = o

To estimate the total installed cost of isothermal dry reform-
ing reactor (TICy) with feed heating in the process of the
present disclosure, the cost of furnace and that of the reactor
bed were considered. A reformer includes a furnace section
where natural gas is burnt. This heat is then supplied to the
catalyst tubes in the convection section where the reaction
takes place. There are different types of reformers with
different configuration of burners to achieve the heat flux
desired. This can help achieve both feed heating and iso-
thermal operation which is needed in the process implemen-
tation. The purchased cost for the reactor bed (C,,.,.) is
calculated in the same manner as for the adsorbent column.

The purchased cost for the furnace (C, 4,,,,) is given by:

hote Eq. 83

Cp fum = 0677078
. T

where Q,, is the heat duty requirement in Btuw/hr.

The total installed cost of the reforming reactor is given
by:

TICpa1.04C, 0 #1.04C, 1, Eq. 84
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Design of Simulations for Data-Driven
Optimization

The desired number of feasible samples was obtained by
solving the following optimization problem. This problem
aims to find space filling samples within the known feasible
region:

Eq. 85

min

IS R 3w "G
in (5] + 53 2 TT 5 -1" =1 =)

st griw=0Vied{l, ..., p}
wel0,11Viedl,... ,n}

where u represents the normalized decision variables. The
decision variables are normalized such that their scaled
bounds fall within the range [0,1].

Surrogate Models and Parameter Estimation

Cubic radial basis function with the following functional
form is used as a surrogate model:

|SMB|

Z n 3/2
AJ[[ b xj'i)z]]
T i=1

n Eq. 86
= a+2b;x; +
i=1
J

where a, b,, and A, represent the parameters of the surrogate
model fitted to the dataset obtained from simulations per-
formed using the detailed process model. The above func-
tion is nonlinear and interpolating in nature. It has also been
shown that the function satisfies the fully-linear property
assuming certain conditions on the geometry of sample set.

The samples obtained are divided into three sets: inter-
polating (denoted by SMB), cross-validation (denoted by
SCV), and testing (denoted by ST). In the present disclosure,
at each iteration, the total number of samples used are 5n.
20% of the samples are used for testing (ISTI=n), 30% of the
samples are employed for cross-validation (ISCVI=[1.5n]),
and the remaining samples are utilized for interpolation. To
estimate the parameters (a, b;, &), following linear program
is solved:

Eq. 87

Iscv|
min D SPy + SNy

[ A
st yy +SPy —SNy =

n
a+ Z bixy ; +
i=1

|SMB|

n 3/2
Z/Ij[[z ey —xj,‘-)z]] Vi escy
= i=1

S
|SMB|

n 32
Z/Ij[[z (y, —xj,‘-)z]] Vie SMB
-y i=1

n
Yy =a+2b;x‘-/‘-+
i=1

S

SPy, SNy =0

where SCV is the cross-validation set.
CONCLUSIONS

The present disclosure has designed, intensified, opti-
mized, and examined the techno-economic feasibility of an
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integrated cyclic process which captures CO, from flue gas
using a CH,-rich feed to perform regeneration without
expending significant energy. The choice of using CH,-rich
feed was motivated ultimately to produce syngas by CO,
reforming of methane. The cyclic nature of the process
necessitated the use of a dynamic model which was solved
to examine the effect of variables such as pressure, column
lengths, and durations of individual feed steps. Since the
choice of some of the variables such as venting times and
makeup feeds are based on the upstream adsorption outlet
profiles, applying just a parametric simulation study for the
whole process may not be the best approach. Even for
finding conditions for feasible operation while meeting
process constraints, an optimization framework is necessary
for complex process configurations such as ones presented
herein. A novel simulation-based, data-driven optimization
strategy was used to obtain optimal operating conditions for
maximum CO, utilization and minimum cost. An overall
CO, utilization of 99.67% was obtained. The cost of syngas
production is approximately $109-110 per ton. As much as
14.6% of the total CO, input to the process can be also
captured with low cost “directly” from flue gas while still
maintaining more than 90% overall CO, utilization. This is
possible due to the intensification of the separation and
reaction steps as well as the optimization approach presented
herein. The process technology is found to be robust to
operate efficiently under different feed conditions. Though
the systems and methods discussed herein are dependent on
external reinforcement of CO, and CH,, to meet the requisite
syngas product specifications, an argument can be made for
the low-cost utilization of CO, and CH, from off-spec
sources by employing this process in a grid or network along
with existing technologies.

Although various embodiments of the present disclosure
have been illustrated in the accompanying Drawings and
described in the foregoing Detailed Description, it will be
understood that the present disclosure is not limited to the
embodiments disclosed herein, but is capable of numerous
rearrangements, modifications, and substitutions without
departing from the spirit of the disclosure as set forth herein.

The term “substantially” is defined as largely but not
necessarily wholly what is specified, as understood by a
person of ordinary skill in the art. In any disclosed embodi-
ment, the terms “substantially,” “approximately,” “gener-
ally,” and “about” may be substituted with “within [a
percentage] of” what is specified, where the percentage
includes 0.1, 1, 5, and 10 percent.

The foregoing outlines features of several embodiments
so that those skilled in the art may better understand the
aspects of the disclosure. Those skilled in the art should
appreciate that they may readily use the disclosure as a basis
for designing or modifying other processes and structures
for carrying out the same purposes and/or achieving the
same advantages of the embodiments introduced herein.
Those skilled in the art should also realize that such equiva-
lent constructions do not depart from the spirit and scope of
the disclosure, and that they may make various changes,
substitutions, and alterations herein without departing from
the spirit and scope of the disclosure. The scope of the
invention should be determined only by the language of the
claims that follow. The term “comprising” within the claims
is intended to mean “including at least” such that the recited
listing of elements in a claim are an open group. The terms
“a,” “an,” and other singular terms are intended to include
the plural forms thereof unless specifically excluded.
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What is claimed is:

1. A gas capture and conversion system, comprising:

a flue gas feed, the flue gas containing nitrogen and
carbon dioxide;

a methane gas feed;

an adsorption column fluidly coupled to the flue gas feed
and to the methane gas feed, the adsorption column
comprising an adsorbent having an affinity for the
carbon dioxide contained in the flue gas;

a vent fluidly coupling the adsorption column to the
atmosphere, the vent exhausting the nitrogen contained
in the flue gas;

a reactor fluidly coupled to the adsorption column via a
reactor line; and

wherein supplying methane gas to the adsorption column
increases a partial pressure of the methane gas and
results in a reduction of a partial pressure of the carbon
dioxide contained in the flue gas causing the carbon
dioxide to be desorbed from the adsorbent to create a
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mixture of the carbon dioxide gas and the methane gas
that is supplied to the reactor via the reactor line.

2. The gas capture and conversion system of claim 1,
wherein the reactor comprises a catalyst that facilitates a
reaction between the methane and the carbon dioxide to
yield a product gas.

3. The gas capture and conversion system of claim 2,
wherein the product gas is syngas.

4. The gas capture and conversion system of claim 2,
comprising:

a first makeup feed of the carbon dioxide gas coupled to

the reactor line; and

a second makeup feed of the methane gas coupled to the

reactor line.

5. The gas capture and conversion system of claim 1,
wherein the flue gas feed is from an industrial plant that at
least one of produces, generates, or emits CO, as at least one
of a main product and a by-product.
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