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ABSTRACT 

 

Modeling and Optimization of a Bioethanol Production Facility. 

(August 2011) 

Kerron Jude Gabriel, B.S., University of the West Indies, Trinidad 

Chair of Advisory Committee: Dr. Mahmoud El-Halwagi 

 

The primary objective of this work is to identify the optimal bioethanol 

production plant capacity and configuration based on currently available technology for 

all the processing sections involved. To effect this study, a systematic method is utilized 

which involves the development of a superstructure for the overall technology selection, 

process simulation and model regression of each processing step as well as equipment 

costing and overall economic evaluation. The developed optimization model is also 

designed to incorporate various biomass feedstocks as well as realistic maximum 

equipment sizing thereby ensuring pragmatism of the work. For this study, the criterion 

for optimization is minimum ethanol price.    

The secondary and more interesting aim of this work was to develop a systematic 

method for evaluating the economics of biomass storage due to seasonal availabilities. In 

essence, a mathematical model was developed to link seasonal availabilities with plant 

capacity with subsequent integration into the original model developed. Similarly, the 

criterion for optimization is minimum ethanol price.  



 iv 

The results of this work reveal that the optimal bioethanol production plant 

capacity is  2800 MT biomass/day utilizing Ammonia Fiber Explosion pretreatment 

technology and corn stover as the preferred biomass feedstock. This configuration 

provides a minimum ethanol price of $1.96/gal. Results also show that this optimal 

pretreatment choice has a relatively high sensitivity to chemical cost thereby increasing 

the risk of implementation. Secondary to this optimal selection was lime pretreatment 

using switchgrass which showed a fairly stable sensitivity to market chemical cost. 

For the storage economics evaluation, results indicated that biomass storage is 

not economical beyond a plant capacity of  98 MMgal/yr with an average biomass 

shortage period of 3 months. The study also showed that for storage to be economical at 

all plant capacities, the storage scheme employed should be general open air land use 

with a corresponding biomass loss rate as defined in the study of 0.5% per month.  
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1. INTRODUCTION 

 

The United States continues to be heavily dependent on foreign oil. According to 

the US Energy information administration their importation represents 51% of the 

current use of crude oil and refined products. To reduce this dependence on foreign oil 

which in itself continues to slowly dwindle, the US government proposed mandates such 

as the “Energy Independence and Security Act of 2007” 1 which by law, requires an 

increase in the amount of renewable fuels to 36 billion gallons by the year 2022. 

Previous to this only ethanol production had been mandated with the “Energy Policy act 

of 2005” which required a production increase to 15billion gallons by the year 2015. 

Such requirements have driven the renewable fuel industry to delve into scientifically 

unchartered territory to devise bio-processing routes that are more technologically 

efficient and versatile. 

The support for the increased use of biofuels does not simply hinge on the need 

to reduce foreign oil dependence or the potential security risks that may follow, but also 

on the vast environmental benefits that accompany the use of such “home grown” fuels. 

The use of biofuels as opposed to the conventional fossil fuels can result in a reduction 

in carbon dioxide emissions which is one of the major gases touted as a contributor to 

global warming. Their production is also considered carbon neutral due to the growing 

process of the biomass requiring approximately the same amount of emitted carbon 

 
 
This thesis follows the style of the Biotechnology Progress Journal.  
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dioxide during combustion. Other advantages include the ease of using current 

infrastructure for fuel distribution as well as its ability to reduce knocking in engines.  

There are currently numerous routes for converting biomass sources into biofuels 

though economics defines the development and use of such technology. For bioethanol 

production facilities, the overall economics are heavily dependent on feedstock cost, 

chemical cost, plant capacity and selected technology or processing associated costs. The 

latter economic factor is normally critical to the overall design of a bioethanol facility 

since its performance would dictate the overall production of valuable end product. In 

most cases the development of a bioethanol facility hinges on the proper selection of 

technology that ensures the highest and most cost effective performance. This selection 

process is not evidently intuitive since there are many possible technology routes that are 

difficult to economically evaluate for every possible plant capacity. This leads the design 

engineer to follow industrial standards that may be suboptimal or not even worth 

implementing.    

This thesis therefore focuses on the overall selection of technology and feedstock 

choice that would evidently be the most economically optimal processing route. To 

achieve this task, literature reviews were done to gather data on the many available 

processing routes currently utilized in the industry as well as those not commercially 

available. Next, a superstructure depicting all the possible routes is developed and an 

optimization model is formulated to solve the technology and feedstock selection 

problem. The model includes all relevant economic contributors like equipment cost, 

feedstock cost and overall processing costs. An economic analysis is then performed to 
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determine the minimum ethanol selling price. The optimization model is then applied to 

a realistic case study where feedstock cost varies and seasonal availability requires the 

use of biomass storage. The data generated is then used to identify the optimal plant 

capacity and storage conditions for a typical bioethanol facility. 
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2.  BACKGROUND 

 
2.1 Bioethanol Process 

 
The concept of a biorefinery in many regards follows that of an oil refinery. In 

essence the technologies and processing routes used are well integrated and designed to 

extract the maximum amount of valuable product from the feedstock. In the oil refining 

industry, facilities are designed to be able to accept feedstocks with ranging qualities. 

This design principle helps to buffer the plant economics in situation where feedstock 

cost and availability constantly fluctuates. These concepts as well as many other 

principles for design of an oil refinery have been as a direct result of the plethora of 

research and development that have been conducted for the industry. In the case of the 

biorefinery, its level of advancement in terms of standards and technology is still 

dwarfed by the petroleum industry and as such plant design can be a harrowing process. 

In essence, the lack of sound processing data for different valuable chemicals from 

biomass sources results in most biorefineries being built with few major valuable 

chemicals and very little room for diversity unlike its oil refinery counterpart. 

Technology continues to be improved and research continues to delve in providing ways 

to meet the procedural standards of the petroleum industry.2-11 

One common conversion route for biomass is the production of ethanol.12 This 

processing route is one of the most researched and involves the use of digestive and 

fermenting steps to access and convert sugars respectively into ethanol. The initial 

process utilized corn as the feedstock of choice though its competing demand as a food 
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source resulted in numerous negative economical and social impacts consequently 

switching the focus of ethanol production to non-food sources such as lignocellulosic 

materials. This alteration in the process resulted in the need to devise innovative and 

economically attractive ways of maximizing the extraction of reducing sugars from the 

lignocellulosic material2
 – a process not easily done by the previous routes.     

The conversion process for biomass to ethanol is illustrated in Figure 1 which 

describes the typical scheme for which numerous ethanol production plants have been 

designed. In this scheme there are many different technologies for pretreatment, 

hydrolysis and fermentation, the latter being quite similar to earlier processes though 

with enzyme modifications to account for the increased levels of pentose (C5) sugars. As 

ethanol is currently the major source of biofuels to date, emphasis would be placed on 

optimizing the entire processing route to achieve maximum production from 

lignocellulosic material. 

 
 
 

 

Figure 1 Schematic of bioethanol production process. 
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2.2 Feedstock 

 
The location of a biorefinery is typically dependent on the feedstock that can be 

supplied to the process. As such, there are a numerous choices depending on the 

economics and quality of the feedstock. The latter is crucial to the process since the 

maximum production of the value added product is hinged on the chemical content of 

the feed. This is evident in producing ethanol from lignocellulosic material which has 

relatively high lignin contents. This lignin content is the fibrous portion of the biomass 

that forms its structural backbone and encapsulates the valuable cellulose and 

hemicellulosic material. As indicated in pretreatment process research,13 lignin presents 

a major hindrance in the enzymatic hydrolysis of lignocellulosic material. Therefore 

high lignin content biomass requires a more intense pretreatment section to allow 

enzymes to access the sugars.  

Other notable considerations when selecting the feedstock to a bioethanol 

production facility would be availability and local delivered cost to the plant. The former 

factor would simply affect the overall capacity of the plant which subsequently affects 

the ability for the plant to meet demand locally and regionally. The latter factor on the 

other hand directly affects the cost of the final ethanol product which in all intent should 

be competitive when compared to other available fuels on the market. Considering that 

these characteristics of the feedstock varies with location, it is clear that careful feed 

selection has be undergone when deciding on the location of the proposed bioethanol 

plant. 
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The indirect effects of feedstock selection rely on the long term consequences on 

the local and regional economy. To further elucidate, some biomass feedstocks require 

that they be grown and maintained like many other food sources – requiring nutrients, 

extensive land area and weed control.14 This creates an economical problem between the 

growth of food sources and energy crops. On a long term scale, if the return on 

investment is higher for the energy crop, then farmers would be more inclined to switch 

out of the food business and into the energy crop business. This leads to possible 

dwindling supply of food sources which eventually has a negative trickledown effect of 

increasing food prices. Consequently careful selection of a bioethanol plant’s feedstock 

must be one to ensure that attractive economics for the plant coincide with few negative 

socioeconomic effects.   

 

2.3 Pretreatment 

 
The pretreatment step in bioethanol production is the most crucial step when 

processing biomass. This step represents a physiochemical, chemical or thermochemical 

breakdown of the biomass so that the effect of the lignin is reduced and as such, 

enzymatic hydrolysis is improved. To achieve this, there are many pretreatment 

techniques that have been developed by the scientific community, some of which are 

currently commercial. In many cases, the techniques developed are difficult for scale up 

and lack the necessary data for a proper economic analysis therefore this study focuses 

on those that are practical, show great potential and are well documented in the 

literature. For this study the pretreatment routes chosen were: 



 8 

 Ammonia Fiber Explosion (AFEX) 

 Dilute acid  

 Aqueous ammonia  

 Lime  

 pH controlled hot water  

Apart from the effectiveness of the pretreatment technique to improve enzymatic 

hydrolysis, the cost of achieving the highest performance should not be as high as to 

negatively impact the economics of the overall conversion process. The latter is usually 

the key variable to optimize when selecting a pretreatment process. 

 

Ammonia fiber explosion 

 

Ammonia fiber explosion is a physiochemical process that uses liquid ammonia 

to disrupt the structural makeup of the biomass. In this process, biomass is treated with 

the liquid ammonia at moderate temperatures. Pretreatment of less than thirty (30) 

minutes is then followed by a rapid decrease in operating pressure thereby allowing the 

ammonia to flash vaporize. This drop in pressure causes the biomass to literally explode 

since liquid ammonia that may have seeped into the micro pores of the biostructure now 

tries to escape. Consequently, the process increases available surface area, lignin 

solubilization and cellulosic decrystallization therefore greatly improving the enzymatic 

hydrolysis of cellulosic and hemicellulosic material.  

There are many advantages for using AFEX pretreatment from a processing and 

by extension, economical standpoint. As identified15, one of the most important 
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advantages over other pretreatment options is that the entire AFEX process does not 

require neutralization or a conditioning step subsequent to the process. Another key 

advantage is that all the ammonia is recovered in the process which helps to reduce the 

overall chemical cost for the process.    

 

Dilute acid  

 

In the biomass structure, the cellulose is normally encapsulated by a lignin 

hemicellulosic network. As such the pretreatment process is used to break this network 

up so as to access as much of the cellulose as possible as well as the hemicellulose. In 

the acid pretreatment process, the biomass is subjected to a dilute concentration of 

sulfuric acid (0.6 to 1.2wt %) at relatively high temperatures (140 to 180 ). In essence 

this thermochemical process easily and quickly breaks down the lignin hemicellulosic 

network by easily dissolving the hemicellulose (xylan) and converting it into its 

monomeric constituent. The acid pretreatment also helps to disrupt the lignin-

hemicellulose-cellulose16 interactions thereby improving the enzymatic digestibility of 

the cellulose.  

The two main advantages for using dilute acid pretreatment is the fact that the 

process requires little acid as compared with its concentrated acid pretreatment process 

counterpart. The chemical cost as well as equipment cost for the process is reduced due 

to the low required operating acid concentration. Another major advantage for the 

process is the high reported level of conversion of hemicellulose to pentose (C5) sugars 

which greatly improves the overall ethanol production. 
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Aqueous ammonia 

 
Similar to other pretreatment processes, aqueous ammonia is used to disrupt the 

lignin structure thereby making cellulose and hemicellulose more available for enzyme 

digestibility. This pretreatment process is slightly better than acid pretreatment in the 

sense that the cost of aqueous ammonia is shown to be one fourth that of sulfuric acid as 

well as the high volatility of the chemical makes it ideal for simple flash recovery. This 

pretreatment method also has the advantage of operating under a continuous basis, a 

process termed ammonia recycle percolation (ARP). This continuous based operation 

eliminates the need for scheduling as well as reduces required equipment cost. 

 

Lime 

 

This pretreatment process uses calcium hydroxide as the pretreatment agent to 

aid in the disruption of the lignin-hemicellulose-cellulose interactions. This chemical 

choice has been shown17 to be less effective than other stronger alkaline solutions though 

the low cost as compared to that of other stronger alkalis like sodium and potassium 

hydroxide as well as sulfuric acid illustrates is potential. The use of calcium hydroxide is 

also easily recoverable by carbonation and subsequent thermal decomposition. Once a 

bioethanol plant is fully integrated, the carbon dioxide from the fermentation process can 

easily be used to recover the calcium hydroxide and consequently reduce the overall 

chemical cost for pretreatment.  
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pH controlled hot water 

 
This hydrothermal process is one of the most advantageous compared to the 

others previously discussed since evidently there is no need for any costly chemicals 

such as lime, ammonia or sulfuric acid. The process also does not require a 

neutralization or recovery step associated with other chemical processes. It has also been 

shown that this pretreatment process maximizes the solubilization of the hemicellulose 

as liquid soluble oligosaccharides while minimizing the formation of monomeric 

sugars.18 

 

2.4 Enzymatic Hydrolysis 

 
This step is a simple but well researched process that involves the breakdown of 

polysaccharides into their simple sugar constituents. To achieve this, the process requires 

the use of specific enzymes that hydrolyze or add water, to the macromolecules thereby 

creating molecules that are smaller and easier for the fermenting enzymes to convert to 

ethanol. This step in converting biomass to ethanol has been used for many years with 

great efficiency when utilizing corn as the feedstock. The high cellulose (glucan) content 

in corn made the process simple since the enzymes were simply cellulases or cellulose 

hydrolyzing enzymes. The overall process is usually carried out at a low temperature 

(50oC) so as not to denature the fragile enzymes.  The abbreviated reaction for the 

hydrolysis of cellulose is shown below by Equation 1:  

              
         
                   (1) 
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With the need to switch to non-food feedstock like lignocellulosic material, the 

role of the hydrolyzing enzymes also changed to adapt to the need to digest the 

hemicellulosic portion (xylan) of the biomass. The reduced cellulose content in 

lignocellulosic biomass as compared to corn required that all the potential reducing 

sugar sources be expended as physically and economically possible. In essence, the 

hemicellulosic portion (xylan) of the biomass had to be hydrolyzed into its simple sugar 

(xylose). This resulted in numerous attempts to biologically alter the original strain of 

cellulases into strains that could efficiently and effectively achieve the conversion of 

hemicellulose into xylose. The overall reaction as similar to that of cellulose hydrolysis 

is shown below in Equation 2: 

             
        
                   (2) 

In the hydrolysis reaction, the enzymes bind to the biomass to achieve the 

conversion. This approach while effective can result in a significant amount of the 

enzymes being lost during the separation process that precedes the fermentation step. 

The eventual cost of the hydrolyzing enzymes for a poorly designed process 

consequently increases and in many cases can tip the scales of economic viability for the 

entire bio-processing route. Recent studies have shown though19 that the use of 

centrifugation followed by ultra-filtration can recover up to 66% of the total hydrolyzing 

enzyme thereby making this process more economically inline to provide a fairly 

inexpensive ethanol product. Other studies20 have shown that the use of polysorbate 

surfactants such as Tween 20 can be used to prevent irreversible bonding of enzymes to 

the biomass thereby reducing the overall loss. 
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2.5 Fermentation 

 
Fermentation from a general stand point is the process of converting 

carbohydrates to alcohols and carbon dioxide using yeast enzymes under anaerobic 

conditions. The process of fermentation has been around for many years through the 

early uses to make beer, wine and many other alcoholic beverages. This reaction 

although simple, has tremendously evolved over the years to aid in the capitalization on 

creating ethanol from lignocellulosic material.  

This final step in the conversion of biomass into ethanol, like the hydrolyzing 

step, has changed dramatically to incorporate the introduction of pentose or C5 sugars. 

In early fermenting processes where corn was the feedstock to the bio-processing 

scheme, the only available reducing sugar was glucose. Considering the years of 

research and operation of glucose fermenting processes, this step was considered to be 

the fastest and most economical – evident by the thriving alcoholic beverage industry. 

The reduction of available glucose from lignocellulosic material and introduction of 

reducing sugars that are foreign to regular fermenting enzymes created a problem for this 

processing step. To overcome this issue, there has been extensive research21 to 

biologically engineer new yeast strains that are able to ferment or convert xylose into 

ethanol efficiently and effectively while still maintaining their ability to rapidly convert 

glucose as well. As shown below the overall conversion of both glucose and xylose have 

the same theoretical yield of 0.5111 kilogram of ethanol per kilogram of sugar:  

        

      
                       (3) 



 14 

         

      
                       (4) 

The theoretical yield of xylose though does not include the practical conversion 

of some of the sugars to xylitol, a hydrogenated form of the sugar. This byproduct is an 

alcohol that in many cases is being used as a sugar substitute for diabetic patients and 

other health conscious individuals. 

 

2.6 Separation and Recovery 

 
 Once the fermentation step achieves maximum conversion of sugars into the 

desired ethanol product, there is need to recover the ethanol from the dilute broth. This 

process is one of the most energy intensive sections of the process due to the high water 

content of the fermentation broth. The basic scheme for ethanol recovery from the broth 

would incorporate the use of various separating techniques depending on the content and 

flowrate of the broth stream as well as the degree of recovery and purity required for the 

ethanol. For this study the preferred scheme incorporated the use of a stripping column 

following by a distillation column and subsequently, molecular sieve beds. This scheme 

proved to ensure a 99.9wt% overall recovery of ethanol with an end purity of 99wt%. 

Other possible schemes would replace the molecular sieve beds with extractive 

distillation columns. The aforementioned technique is quite effective and in many cases 

less costly than molecular sieve bed drying though for this study the ease of operation 

and simulation of the sieve beds tipped the scales in the final selection.  
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The premise behind using a stripping column prior to a distillation column is not 

an intuitive selection choice though from an overall operability and economic 

standpoint, its implementation does create positive results. One main advantage is that 

the stripper provides the first line of pre-separation of remaining sugars and unknown 

high molecular weight byproducts as well as any particulates that may have been carried 

over from the hydrolysis section. These compounds may cause fouling in a conventional 

distillation column thereby requiring intricate and possible expensive design of the 

distillation units. By introducing the stripping column first, the subsequent distillation 

columns can be conventionally and inexpensively designed.  

Other considerations for using the stripping column preceding the distillation 

column are evident only with intimate knowledge of the overall processing flow sheet. 

This scheme decision actually ensures that the water leaving the bottoms of the 

distillation column can be easily recycled back to the front end of the process since it 

would only contain water and trace amounts of ethanol. Another attractive factor for the 

scheme decision was the convenience in being able to supply the stripping column with 

steam from the waste water evaporator. The latter is used to concentrate the sugars and 

remaining contaminants present in the fermentation broth while recovering water to be 

recycled to the rest of the processing units. 
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2.7 Bioethanol Process Optimization 

 
The biorefinery processing scheme has significantly developed over the past 

decades with earlier conceptual designs being commercialized to date. Earlier bioethanol 

plants that utilized corn as a feedstock continue to go bankrupt due to the high feed cost 

as well as a mandate to switch to the use of lignocellulosic materials. To continually 

garner improvements in technology and efficiency for the bioethanol industry many 

innovative processing routes have been developed to tackle this mandated switch of 

feedstock. This has lead to a plethora of experimental and costing data that can aid in 

developing rigorous optimization models to tackle the problem of optimal bio-

processing route.  

Research22 has focused on optimizing bio-processing routes based on multiple 

objectives such as minimal waste and the conventional minimum ethanol price. The 

optimization model presented also searches through many different routes that would 

lead to the production of multiple value added chemicals. This multi product 

optimization has served useful to the scientific community though more so to the 

bioethanol industry since optimal routes would represent a mathematical model and not 

an experience based model that defines the best way forward for the industry. 

One of the major costs of the biorefinery in general is the cost of feed. There are 

many researchers that focus on finding ways to reduce this cost through mathematical 

optimization techniques. Some researchers23 have presented a mathematical solution to 

this problem through integrated biomass supply analysis and logistics (IBSAL). This 

approach exploits the different ways that biomass can be baled and transported to a 
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biorefinery at some optimal cost. The approach in essence identifies the most optimal 

baling and transportation scheme for a biorefinery so as to minimize the overall 

delivered cost of biomass and consequently the end ethanol price. 

For this study focus was placed on removing the typical black box that is placed 

for each unit operation associated within the biorefinery. In most optimization models 

that investigate the optimal selection of a bio-processing route, target values are used to 

represent the overall performance of the unit operation. This approach while convenient, 

does not allow for the optimal operating conditions of each unit to be found. In essence, 

a target value may be suboptimal due to the required operating cost to attain that 

theoretical value. This work seeks to find those optimal operating parameters that 

provide the economic tradeoff between extent and cost of performance. 
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3. PROBLEM STATEMENT 

Evident by currently ongoing research work, experimental data and industrial 

best practices alone cannot be used to make accurate decisions when selecting bio-

processing routes that are economically optimal. As such, this work aims to provide an 

optimization tool for which the optimal bioethanol plant configuration can be determined 

by using economics as the guide point. The effort achieves this by marrying 

experimental data, current industrial plant configurations as well proper cost estimate 

data to develop a mathematical optimization model to determine all required objectives.  

The given route decisions are simplified as follows: 

 
 A selection of biomass feedstocks [i|i = 1,2,…,I]  

 A selection of pretreatment technologies [j|j = 1, 2, …, J] along with their 

corresponding hydrolysis unit 

 A common fermentation process 

 A common ethanol separation and recovery process    

 
By using optimization and integration techniques, a systematic approach for determining 

the optimal processing route is attained. 

The layout for determining the optimal process configuration begins with the first 

node of the route – biomass selection. The chosen biomass feedstock is screened based 

on cost, availability and chemical content. To ensure that the optimization model reflects 

realistic values, the biomass flowrate is constrained to the maximum available for that 

plant location. For the next selection node, each pretreatment technology is developed 
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from experimental data accessed from literature along with relevant costing and 

maximum capacity constraints, similar to those applied to the plant feedstock. The 

remaining route-common nodes are constructed from industrial best practices with open 

variables that are allowed to change based on the conditions of the previous node 

selections. Once all nodes are represented mathematically the overall model is optimized 

to minimize the annual cash flow thereby determining the minimum ethanol selling 

price. This objective allows for the optimal process configuration to be selected based on 

economical attractiveness while still maintaining realistic operational and capacity 

limits. 
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4. OPTIMIZATION APPROACH 

4.1 Targeting 

 
Targeting is a useful technique that explores the economic viability or material 

efficiency of a process or process unit under maximum theoretical data. It is used to 

determine whether a given process is worth exploring.24 For proper targeting of a 

bioethanol plant, every unit operation is assumed to perform at 100% conversion or 

separation and recovery. This approach is applied to all the routes with the optimization 

model. 

The key target for the bioethanol facility would be end production of ethanol. 

The theoretically optimal biomass source can be determined by simply performing 

targeting calculations based on its chemical composition. The overall cellulose and 

hemicellulose determines the total amount of ethanol that can be produced.  

To obtain maximum ethanol production from a particular biomass, the pretreatment, 

hydrolysis and fermentation unit operations must all operate at their theoretical best. In 

essence the pretreatment section simply influences the ability of the hydrolysis section to 

operate close to theoretical therefore only the chemical reactions in the hydrolysis and 

fermentation section need be targeted. The chemical reactions taking place in the 

hydrolysis section are given by Equations 1 and 2. 

This reaction represents the breakdown of the polysaccharide into its constituent 

reducing sugars. These reducing sugars are then digested to produce ethanol via the 

fermentation reaction given by Equations 3 and 4. 
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It should be noted that fermentation of xylose results in the production of a 

byproduct called xylitol. For targeting purposes, it would be assumed that the production 

of this byproduct is minimized. The maximum ethanol yield per unit of biomass coupled 

with the cost of the biomass and selling price of ethanol would give a quick indication of 

the economic viability of using that specific biomass feedstock.  

Applying this targeting approach to a list of biomass feedstocks can elucidate a 

theoretical comparison of the potentials of each source.  

The only changing condition for the model in this work is the choice of 

pretreatment. Therefore the final targeting approach would involve using maximum 

experimental conversions available in literature for each pretreatment option. This would 

serve as the final screening for all the processing routes to determine overall economic 

viability.  

 

4.2 Simulation 

 
For this study, the energy and material flows are allowed to vary due to other 

varying parameters in the optimization model. Considering this factor, simulating an 

entire bio-processing configuration offers little information for the overall optimization 

model. Therefore in the case of this work, simulation software would be used to provide 

material and energy flow data for each unit operation. This simulation data would then 

be used to develop non-linear mathematical models that accurately describe or track the 

material and energy flows. For this effort, the simulation software that would be used is 

ASPEN®.  
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ASPEN® simulation software was designed particularly to deal with issues in the 

petrochemical industry. Consequently its use in the biochemical industry is still slowly 

being developed. To date there has been no revamp by the designers of ASPEN® to 

account for the many compounds that are associated with biomass conversion reactions 

– simple data bank changes though have been introduced. To account for the material 

and energy balances associate with these compounds, simple hand calculations were 

used in lieu of ASPEN®. The data for the bio-reactions were obtained from literature 

and are well documented in the reference section of this work.  

 

4.3 Cost Analysis 

 
To obtain capital cost estimates, ASPEN ICARUS Process Evaluator, Super Pro 

Designer and literature data were used. In the former two cases a cost function for each 

piece of equipment was obtained either directly from the software or indirectly by 

plotting costs of different equipment sizes. Other equipment costs not available from 

both evaluators were obtained from literature. To ensure fair comparison among cost 

estimates, all values were updated to 2010 US dollars. 

 To account for operating costs associated with the process, commodity prices of 

the various chemicals used are obtained from the ICIS static pages. Cost of steam and 

other non-chemical operating expenses are obtained from literature or governmental 

databases in the case of labor costs.  
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To account for carbon dioxide emissions a cap and trade system is normally 

implemented. For this work this approach was not applied due to the policies and 

regional cap values not being well established to date. Instead the process is assumed to 

operate at the cap value and as such no credits are received from reduction in GHG 

emissions. This approach is very conservative since in the near future, the cap and trade 

system once established, would present an avenue for significant savings for the biofuels 

industry.  

 

4.4 Nonlinear Regression Models 

 
The core of this optimization problem relies on the ability to characterize each 

unit operation mathematically so as to develop an overall model that reflects a 

configuration based on the optimal choice of operating parameters. To obtain these 

mathematically characteristic models, experimental values are extracted from literature 

and a non-linear regression model is derived to predict the values. In some cases these 

models predict the experimental data within  5% error while in other cases the 

predictions are not as accurate. In cases where non-linear models are overly complicated 

to the point that an optimal solution may be hindered, experimental data was represented 

as a group of linear equations. These linear equations are then incorporated into the 

model via the convex hull formulation. The general optimization formulation to 

determine the non-linear model is as follows: 

            
         (5) 
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The non-linear models for each group of experimental data was first predicted 

based on the shape and characteristics of the experimental graphs then tested using the 

above optimization formulation for the least possible % error. The following subsections 

are the resulting models for various unit operations within the overall bio-processing 

configuration.  

Due to the availability of experimental data, the pretreatment and hydrolysis 

process are lumped together resulting in some regression models being based on 

pretreatment time, hydrolysis time, enzyme loading or a combination of all three 

parameters. 

 

Acid pretreatment 

 
The kinetic model for this pretreatment route was not developed in this study but 

was provided in literature.16 The addition of this model is simply to provide 

completeness for this section and to illustrate the complexity associated with the 

optimization of this processing choice. This model evaluates the conversion of xylan 

(hemicellulose) into xylose via a biphasic kinetic model based on the Equation 6: 

       
                   
               

                  
                        (6) 

The    and    values represent the rate constant for fast and slow decomposing xylan in 

the biomass respectively while the    constant represents the decomposition of xylose. 

These rate constants are assumed to have Arrhenius-type temperature dependence with a 

pre-exponential factor dependent upon the effective acid concentration:  
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         -              (7) 

       
           (8) 

The effective acid concentration is dependent on the neutralizing ability (NA) of the 

biomass. In essence the biomass is not exposed to the full acid concentration due to 

compositional characteristics. The effective acid concentration is given by Equation 9 

below: 

                                (9) 

With the given parameters for the activation energy, pre-exponential factor, reactor solid 

loading (  ) and neutralizing ability for a particular biomass, the percent conversion of 

xylan is given by Equation 10 below: 

 
    

     
   

   -   
          

  
          

  
   

     
   

   -   
         

  
          

  
    

           (10) 

This kinetic model for acid pretreatment is used for the analysis of corn stover, 

switchgrass and poplar in this study. 
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AFEX pretreatment 

Corn stover 

The experimental data used to develop these non-linear models were obtained 

from literature.15 For this data set, the pretreatment conditions were predetermined 

therefore the predicted model was based on the hydrolysis time and enzyme loading. The 

predicted model for this set of experimental data is given as follows: 

           -    -              (11) 

 A          -                  (12) 

 k                      (13) 

Figure 2 shows an application of the prediction model when applied to glucan 

conversion in corn stover. This model also works for the conversion of xylan. 

 
 
 

 

Figure 2 Glucan conversion of AFEX pretreated corn stover. 

Adapted from experimental data 15 
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For this pretreatment route the corresponding parameter values for cellulose and 

hemicellulose conversion are shown in Table 1. 

 
 
 

Table 1 Model parameters for AFEX pretreated corn stover. 

Polysaccharide Ao A1 kA ko k1 x 
 

Glucan 48.6 51.4 0.1824 0 0.018 0.2263 

Xylan 40.4 36.6 0.0754 0 0.031 0.0492 
 
 
 
Switchgrass 

The experimental data used to develop these non-linear models were obtained 

from literature.25 For this data set, the pretreatment conditions and enzyme loading were 

predetermined therefore the predicted model was based on the hydrolysis time only. The 

predicted model for this set of experimental data is given as follows: 

          -                    (14) 

The parameter values that correspond to this prediction model are shown in Table 2. 

 
 
 

Table 2 Model parameters for AFEX pretreated switchgrass. 
 

Polysaccharide A k 

Glucan 100 0.018 

Xylan 71.2 0.028 
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Lime pretreatment  

Corn stover 

The experimental data used to develop a prediction model for lime pretreatment 

of corn stover was obtained from literature.26 For this model development, a linearized 

model was used since the originally predicted non-linear model was outside of the 

desired % error margin. The available data were obtained under set pretreatment 

conditions therefore the model is characterized by overall hydrolysis time. The model is 

represented as: 

          
           

              (15) 

Similarly, Figure 3 shows an application of the model to the experimental data obtained. 

 
 
 

 

Figure 3 Polysaccharide conversion of lime pretreated corn stover. 
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The linear model parameters for both glucan and xylan conversion are given in Table 3.  

 
 
 

Table 3 Model parameters for lime pretreated corn stover. 

Time (hr) 
Glucan Xylan 

  
      

      
      

    

0 -- 10 4.150 0.0 2.5 0.0 
10 -- 24 0.321 38.3 0.929 15.7 

24 -- 36 0.208 41.0 0.375 29.0 
36 -- 60 0.229 40.3 0.375 29.0 
60 -- 84 0.083 49.0 0.104 45.3 
84 -- 108 0.083 49.0 0.042 50.5 
108 -- 144 0.014 56.5 0.014 53.5 
144 -- 192 0.042 52.5 0.083 43.5 

 
 
 
Switchgrass 

The experimental data used to develop a prediction model for lime pretreatment 

of switchgrass were obtained from literature.17 The prediction model used for this 

pretreatment route follows the same structure as represented by Equations 11, 12 and 13. 

The corresponding parameters for the model are shown in Table 4. 

 
 
 

Table 4 Model parameters for lime pretreated switchgrass. 
 

Parameter Ao A1 kA ko k1 

Glucan 0.0 78.4 0.2683 0.1071 0.0 

Xylan 42 58 0.1188 0.0567 0.0 
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Aqueous ammonia pretreatment 

 
The experimental data for this pretreatment route were obtained from literature.27 

In contrast with the previous routes, this experimental data were obtained at a 

predetermined enzyme loading with the only variables being pretreatment and hydrolysis 

residence time. The predicted model for this data follows the same format as that for 

AFEX pretreatment though with different formulations for the A and k parameters. 

These parameters are given by: 

 A          -    -   
           (16) 

          
           (17) 

Figure 4 shows the application of the prediction model as compared to the experimental 

data. For this pretreatment route the corresponding parameter values for cellulose and 

hemicellulose conversion are shown in Table 5. 

 
 
 

Table 5 Model parameters for aqueous ammonia pretreated corn stover. 

Parameter Ao A1 kA ko k1 

Glucan 13.5 79.5 0.194 0.159 8.89E-5 

Xylan 12.9 59.5 0.189 0.159 0 
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Figure 4 Glucan conversion of aqueous ammonia pretreated corn stover. 

Adapted from experimental data 27
 

 
 
 
Hydrothermal pretreatment  

 

The experimental data used to develop this non-linear model were obtained from 

literature.28 For this data set, the hydrolysis conditions were predetermined therefore the 

predicted model was based on the pretreatment time. The predicted model for this set of 

experimental data is given as follows: 

                    -               
            

       (18) 

For this model, an increased pretreatment time results in the degradation of the reducing 

sugars. The application of the model compared to the actual experimental data is shown 

in Figure 5 with the corresponding parameters for Equation 18 given in Table 6. 
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Figure 5 Polysaccharide conversion of hydrothermally pretreated corn stover. 

Adapted from experimental data 28 

 
 
 

Table 6 Prediction model parameters for hydrothermally pretreated corn stover. 

Parameter Ao A1 k1 k2 

Glucan 30 70 0.1304 0.0396 

Xylan 10 90 0.1471 0.0482 

 
 
 
Fermentation 

 

The fermentation section is common to all processing routes by choice since the 

end product is ethanol and only one conversion route can be used. To ensure that the 
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literature.21 For the mathematical model representing the fermentation process, the 

experimental data from their results were used. The predicted model for the conversion 

of glucose into ethanol and xylose into ethanol and xylitol respectively are based on 

Equations 19 through 26: 

         
           
                      (19) 

          
             
                       (20) 

                   
          
                     

     (21) 

Prediction model: 

   
   

      -          
           (22) 
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           (23) 
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       (24) 

      
     

          
    

    
     

                          
    

     
     

    (25) 

      
              

    
    
     

                           
    

    
     

     (26) 

                                (27) 

                                 (28) 

                                 (29) 

Equations 22 and 23 represent the fractional conversion of polysaccharide into 

ethanol while Equation 24 represents the simultaneous fractional conversion of xylose 
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into the xylitol by-product. The 0.5111 coefficient in Equation 25 represents the 

stoichiometric mass balance between glucose and xylose conversion to ethanol while the 

0.4889 coefficient in Equation 26 represents the mass balance for conversion to carbon 

dioxide. Equations 25 and 26 represent the holistic relationship for ethanol and carbon 

dioxide flow based on glucose and xylose flow as well as reaction conversions. As noted 

for Equations 27 through 29, the reaction k values are based on the enzyme 

concentration used in the fermenting unit. By introducing this free variable, the 

optimization model is allowed to find the most inexpensive concentration that provides a 

tradeoff between cost of enzyme and cost of equipment. Figure 6 illustrates the 

application of the prediction model to the actual experimental data. 

 
 
 

 

Figure 6 Model for fermentation at 2 g/L enzyme concentration. 

Adapted from experimental data 21 
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Separation and recovery   

 
The development of a model to track material and energy flows for this section 

of the model represents a crucial step in the overall model formulation. The reason for 

the importance of this model development resides in the fact that the concentrations and 

flows of the feed components to this unit operation change constantly throughout the 

iterations of the overall selection model. Hence this model has to be accurately designed 

since it also represents the desired product separation and recovery.  

For this model formulation, ASPEN® was used to obtain simulation data at various flow 

rates and concentrations of components. The selected property package for ethanol 

separation was SRK. Using this plethora of a data, a model is then generated to match 

within  1 % error margin. 

 

Ethanol stripping   

 

The stripping column is used to separate the ethanol from the remaining sugars 

and particulates leaving the fermentation unit. This unit is designed to use low pressure 

steam recycled from the waste evaporator as the stripping vapor as well as to recover 

99.99% of the incoming ethanol. To account for the required steam rate and outlet water 

rate to the distillation unit, based on the changing feed flow rate and composition, the 

following models were proposed and matched to the simulation data obtained from 

ASPEN®. These linear prediction models are given by Equations 30 and 31 with 

parameters given by Table 7: 
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Table 7 Prediction model parameters for stripper mass balance. 
 

Parameter   
        

        
        

        
        

        
      

value 0.0806 0.1852 0.2231 1.3468 0.1429 0.1879 1.1939 

 
 
 

Both models accurately predict the required steam flowrate and water rate within 

a maximum of  0.6% error. The range for the model covers a contaminant 

concentration from as low as 0g/L to 150g/L and an ethanol concentration as low as 3g/L 

to 80g/L. For this model the contaminant refers to all the remaining sugars and other 

byproducts leaving the fermentation unit.  

The size function of the stripping column was found to be dependent on the 

required steam flowrate to the unit and as such the model representing this relationship 

was found to be as follows with (  
     ) as 0.04485 for this study: 

  
     

   
     

     
      

 
   

       (32) 

In most cases when performing a cost estimate for equipment, the 6|10 rule is 

used. For this optimization model a costing function was developed using ASPEN 

ICARUS Process evaluator. The costing function for the stripping column using 

ICARUS was found to be as follows with the corresponding parameter given by Table 8: 
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            (33) 

 
 
 

Table 8 Parametric cost coefficients for stripper costing. 

Parameter   
        

        
      

value 1388 25107 121222 

 
 
 
The range for this cost function was between 2ft and 12ft – typical minimum and 

maximum sizes for an industrial stripping column. 

 

Distillation 

 

The distillation column receives feed from the top of the stripper which would 

contain only water and ethanol. Similar to the stripping unit, the distillation column is 

designed to recover 99.99% of incoming ethanol with an overhead product close to the 

azeotropic composition. The models generated for this unit operation would be those 

required for cost analysis. These models would represent the condenser and rebioler 

duties as well as the size and cost of the distillation column. For the distillation column 

duties, the following models are used with corresponding parameters given by Table 9: 

  
    

        
          

          
         

            (34) 

  
   

        
          

          
         

             (35) 
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Table 9 Prediction model parameters for distillation column duties. 

Parameter   
       

       
       

     

value 1.4584 0.0729 1.4353 0.0768 

 

 

 

Similar to the stripping column, a sizing and corresponding costing function is 

developed for the distillation column for economic analysis purposes. The costing 

function also follows the same strategy as that used for the stripping column where the 

6|10 rule is bypassed for a function developed from the ASPEN ICARUS process 

evaluator software. These functions are as follows with parameters given by Table 10: 

  
       

          
           

            
      

     
    

          
            

      
     

   (36) 

  
        

            
 
    

      
     

    
           (37) 

For Equation 36, (         ) represents the mass fraction of ethanol in the feed entering the 

distillation column while (       ) and (       ) are 0.0595 and 0.0166 respectively. 

 
 
 

Table 10 Parametric coefficients for distillation column costing. 

Parameter   
       

       
     

value 5618 4986 301887 
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Similarly, the range of the cost function for the distillation column is set at 2ft to 12 ft 

which is typical for industrial distillation columns. 

Waste evaporator 

 
The waste evaporator is used to recover water from the waste stream leaving the 

stripping column. This unit forms an integral part of the recovery section since the low 

pressure steam produced in the third effect is used for heating in various parts of the 

plant as well as for stripping steam in the ethanol stripping unit. Similar to previous 

units, models were developed to track the material and energy flows. The resulting 

models for medium pressure steam usage and produced low pressure steam are given by 

Equations 38 and 39 respectively:    

     
    

   
    

     
    

-   
    

      
           (38) 

       
    

   
    

     
    

-   
    

      
           (39) 

For convenience the heat transfer area for the evaporator was modeled as a 

function of the incoming water and contaminant flow. The fixed cost of the evaporator 

was modeled as a function of this area using various ICARUS cost values. The 

developed models are illustrated via Equations 40 and 41: 

  
   

   
    

     
    

 -   
    

      
           (40) 

  
    

   
    

   
    

 
    

        (41) 

For this study the parametric cost coefficient   
     was 37304 while the maximum area 

per effect is 900 m2. 
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The recovered water leaving the evaporator has to be cooled before returning it to 

the front end of the plant. As such the duty required for this cooling is modeled as a 

function of the water and contaminant flow to the evaporator. This duty model is 

represented by Equation 42 below with corresponding parameters given by Table 11: 

  
    

       
    

     
    

-   
    

      
          (42) 

 
 

 

Table 11 Prediction model parameters for evaporator. 

Parameter   
   

   
   

   
   

   
   

   
   

   
   

   
   

   
   

 

value 0.3891 0.3205 0.3364 0.3137 0.0570 0.0486 0.0585 0.0606 

 
 
 
4.4 Optimization 

 
To develop the overall optimization model, all possible configurations and 

processing routes must first be represented. This is done using a superstructure which 

indicates the possible connections among feedstock, pretreatment, hydrolysis and 

separation and recovery choices. Figure 7 elucidates the concept of the superstructure 

utilized in this optimization model.  
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Figure 7 Superstructure for optimization problem. 
 
 
 

Based on the superstructure and characteristic equations involved in the 

formulation, the model is classified as a Mixed Integer Non-linear programming 

problem (MINLP). There are many solvers that can solve this optimization problem 

though LINGO was the mathematical optimization software used to solve this numerical 

problem. 

The model is formulated using flow rates of individual stream components as 

opposed to total flowrate and an introduction of mass fractions. This is done to prevent 

poor model scaling due to the ratio of the highest to lowest variable being several orders 

of magnitude. This approach also makes economical analysis calculations easier.  

The biomass feed (i) can be split to follow any initial pretreatment route (j). The flow of 

all the split fractions [kg/hr] though must add to the total flow from source i: 

   
           

     
           (43) 
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The total flow of biomass [kg/hr] from a particular source is limited by its availability in 

that region: 

   
        

             (44) 

Feedstock cost [$/kg] is a function of the plant’s biomass capacity: 

   
      

    
        

     
        (45) 

Overall operating cost for feedstock in [$/day] is given by Equation 46 below: 

   
              

    
   

     
          (46) 

The dry milling cost [$/day] for the incoming biomass is based on the milling energy 

[kWh/tonne biomass] and electrical cost [$/kWh]: 

    
           

- 
   

       
      

   
          (47) 

Every pretreatment and subsequent hydrolysis option has a different 

configuration and as such the material and energy balances  around each option would be 

different. To illustrate an entire configuration, the acid pretreatment route would be used 

as a basis. In this case the j index is 1 which represents the selection of acid 

pretreatment. 

 The water and acid requirements for the pretreatment section are determined as a 

function of the solids loading (    ) as well as the desired acid concentration (       ). The 

relationship is shown in Equation 47. Here the solids loading and acid concentration are 

in [wt%] while the flowrate of biomass, acid and water are in [kg/hr]: 

      
             -  

-      
        

         (48) 

      
            -  

-       -   
          

        (49) 
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The operating cost [$/day] associated with purchase of chemicals for this 

pretreatment route is found by multiplying the flowrate of the chemicals by their 

respective costs [$/kg]: 

       
         

     
      

            (50) 

       
         

          
           (51) 

For the pretreatment process to be carried out at some optimized temperature, 

high pressure (HPS) and low pressure steam (LPS) are used as heating utilities. This 

heating requirement is represented by Equation 52. Here the flow of steam is in [kg/hr]: 

      
            

            
   j - amb       

        
           

        
      (52) 

There is a maximum flow limit on the LPS due to thermodynamic limitations. In 

essence the LPS cannot preheat the incoming acid to over 100oC. Hence the maximum 

flow of LPS varies with biomass flow. The operating cost [$/day] of LPS for this pre-

heater is given by Equation 54 based on the assumed cost of steam [$/kg]:  

      
          

               (53) 

       
        

    
      

           (54) 

To determine the LPS pre-heater cost, its area [m2] is first found by dividing the 

LPS duty by the log mean temperature difference and overall heat transfer coefficient for 

the heat exchanger. The overall cost is then found by Equation 56 which includes the 

total installed cost lumped into the parametric cost coefficient (  
    ) which is 2034 for 

this study: 
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            (55) 

       
         

            
     

    
        (56) 

For this process configuration, xylan conversion to xylose occurs in the 

pretreatment section as opposed to the hydrolysis section. As such the percent 

conversion of xylan to xylose is determined via Equations 7 through 10 in Section 4.4 

using the respective data and represented as      
  [%] in subsequent equations. The flow 

of xylose [kg/hr] from the pretreatment section is found as the product of the initial 

concentration of xylan in the biomass, the biomass flowrate and conversion percent of 

xylan. The 0.88 factor is used to account for the water molecule that is added to the 

xylan to form xylose. The remaining biomass that is sent to the hydrolysis unit is found 

by the difference between the initial biomass flow [kg/hr] and the converted xylan flow 

[kg/hr]. The water flow leaving the pretreatment section is found as the difference 

between the inlet flow and the water fraction used for xylose formation. This 

relationship is represented by Equation (59): 

      
    

       
     

        
                (57) 

      
       -      

     
               

          (58) 

      
          

    -           
            (59) 

From Equation 10 the pretreatment time    
   [min] is optimized to obtain the best 

conversion economically possible. This optimized time dictates the required volume of 



 45 

the pretreatment reactor which is also a function of the biomass flow [kg/hr], acid flow 

[kg/hr] and water flow [kg/hr]. The overall fixed cost of the pretreatment reactor is then 

found as a function of its volume as shown in Equation 61 inclusive of the parametric 

cost coefficient (    
     ) which accounts for installed cost. For this study (    

     ) is 48326: 

      
          

  
          

     
   

      
     

 
          

      
    

      (60) 

       
          

            
      

    
       (61) 

The material leaving the pretreatment section is then filtered with the remaining 

biomass being sent to the hydrolysis section and the filtrate to the neutralization section. 

The acidified xylose sugar stream is neutralized using calcium hydroxide. This reaction 

as shown in Equation 62 produces hydrated calcium sulfate also known as gypsum 

which is then separated via filtration leaving a clean sugar stream which is sent to the 

fermentation unit:  

               
                  
                       (62) 

The required lime and produced gypsum flow rates in [kg/hr] are determined 

from the stoichiometric relationship illustrated in Equation 62 and are given by 

Equations 63 and 64 respectively:  

      
            

                         (63) 

      
       

       
                           (64) 
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Using the neutralization residence time (     ) [hrs], the volume of the unit [m3] is 

found as a function of the lime, acid and water flow [kg/hr] to the unit. Similar to the 

pretreatment reactor cost, the neutralization unit fixed cost is found as a function of the 

unit’s volume and parametric cost coefficient (    
      ) which is 5232 in this study: 

      
          

         
     

   
         

      
    

        
      

    
     (65) 

      
            

              (66) 

       
          

             
       

   
       (67) 

For the hydrolysis section the water required in [kg/hr] is given by Equation 68 

and is based on the initial percent composition of cellulose (  
   ) as well as the cellulose 

loading (    ) which is given as the weight percent of cellulose in the overall solid-liquid 

mixture:  

      
        

   
     -        

           (68) 

The operating cost [$/day] of this required process water is given by Equation 69: 

       
         

          
           (69) 

Similar to the xylose flow from the pretreatment section, the glucose flow is 

found as the product of the biomass flow to the unit as well as the conversion percentage 

of glucan to glucose as given by Equations 22 and 27. A 0.9 factor is used to account for 

the addition of water to glucan in the hydrolysis process:  

      
    

       
  

   
   

           
           (70) 
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The required enzyme flow [m3/hr] for the hydrolysis section is a function of the 

enzyme load (      ) in [ml/ g cellulose], the biomass flow [kg/hr] and cellulose percent 

(  
   ). The corresponding cost of hydrolyzing enzyme is that amount that is 

irrecoverable in the process (     
    ). Hence the cost of enzyme is based on the required 

makeup with unit cost (     ) given in [$/m3]:   

      
       

-      
                 

          (71) 

  Cij,h
en                    

            
          (72) 

The unconverted biomass (     
   ) that leaves the hydrolysis reactor is sent to the 

boiler to be used as fuel. This biomass flow would be the initial biomass flow to the 

system (   
   ) less the glucan and xylan flow that was converted. The total water leaving 

the pretreatment and hydrolysis sections ends up in the fermentation unit after filtration 

and other processes. This water balance is represented by Equation 74 and incorporates a 

lost water term (        
   ) which accounts for losses such as in the gypsum separation 

process: 

      
         

    -            
    

-             
          (73) 

      
           

    -          
    

          
    -           

    
           

       (74) 

The hydrolysis volume [m3] would be a function of the residence time (     ) [hrs] 

which is a free variable to be optimized based on overall economics. The fixed cost, 
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similar to the pretreatment and neutralization unit is found as a function of the unit 

volume and parametric cost coefficient (    
      ) which is 5232 for this study: 

      
          

         
     

   
       

     
 
           

         (75) 

       
          

             
       

   
       (76) 

The unconverted biomass that is burnt represents a savings since the required 

natural gas for the boiler is reduced. The energy credit is represented by Equation 77 

where (  ) represents the boiler efficiency, (     ) represents the heat of combustion of 

biomass [MMBTU/kg] and (   ) represents the cost of natural gas [$/MMBTU]. 

     
         

 
            

      
         (77) 

For the fermentation reaction, the values of the conversion percent of glucose and 

xylose to ethanol (     
 ,      

 ) and xylose to xylitol (     
   ) are given by Equations 22, 23 

and 24 respectively in Section 4.4.  These conversion percentages are then used to find 

the overall component flows leaving the fermentation unit. These relationships are given 

by Equations 79 through 83:  

                         (78) 

      
   

      -     
  

            
           (79) 

      
    

      -     
              

           (80) 

      
           

              
           (81) 
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   (82) 

      
                 

  
          

    
                        

            
    

  (83) 

For the water balance around the fermenter, it is assumed that little to no water is 

consumed and as such the inlet water flow is equal to the water flow to the ethanol 

stripping unit: 

      
          

            (83) 

For capital cost estimates, the fermenter volume is calculated. It is represented as 

the residence time (   
  ) in [hrs] multiplied by the volume flow of sugars and enzyme. For 

this calculation, the density of sugars is taken to be close to that of water. The 

corresponding fixed cost of the fermenter is calculated via Equation 85 which uses a 

similar parametric cost coefficient (    
      ) as that for the hydrolysis and neutralization 

reactor. For this study the coefficient is also 5232: 

      
          

  
        

    
        

    
          

    
  

   
               

          
 

      (84) 

       
          

            
       

   
       (85) 

The fermentation broth is sent to the ethanol stripping column as the first unit for 

product separation. For the separation process, low pressure stripping steam is used. This 

required flowrate of steam is a function of the unconverted sugars and byproduct (     
    ), 

ethanol flow (     
    ) as well as the flow of water to the unit (     

   ). The equation was 
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developed using simulation data and explained in Section 4.4. The operating cost of this 

steam [$/day] is also calculated as shown in Equation 87 below:  

      
      

      
       

         
      

       
        

      
       

         
         (86) 

       
        

    
       

            (87) 

The diameter requirement of the stripping column [ft] is found as a function of 

the required stripping steam flowrate [kg/hr] and is explained in Section 4.4. This 

column size is kept within a certain range, typical of industrial standards represented by 

Equation 89: 

      
      

     
       

    
   

       (88) 

            
                 (89) 

The water flow [kg/hr] in the overhead stream of the stripping column is found 

via Equation 90 which is also explained in Section 4.4. The corresponding water balance 

is done to determine the water flow to the waste evaporator (       
    ) as given by Equation 

91. This balance explains that the total water to the evaporator is equal to the water into 

the stripper from the fermenter (     
   ) plus the stripping steam flow (     

   ) minus the 

flow of water to the distillation column from stripper’s overhead stream (     
   ):  

      
      

      
       

         
      

      
        

           (90) 

        
         

           
    -      

           (91) 
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The ethanol flow to the distillation column [kg/hr] is simply the recovery fraction of the 

stripping unit (      
    ) multiplied by the stripper inlet flow of ethanol (     

    ): 

      
           

          
            (92) 

The fixed cost of the ethanol stripping unit is found using the equation derived from 

ICARUS as outlined in Section 4.4: 

       
      

      
       

    
 
    

      
      

       
           (93)  

Similar to the stripping column, the evaporator medium pressure steam requirement is 

found using equations developed and illustrated in Section 4.4:  

        
       

    
        

    -   
    

        
           (94) 

It was assumed that for the stripping column, none of the contaminating products exited 

with the ethanol overhead stream consequently being sent to the waste evaporator: 

        
            

              (95) 

The benefit of using this triple effect evaporating unit is its generation of low 

pressure steam in the final effect. This steam can then be used for heating in various 

parts of the plant. The condensed steam is not integrated back into the boiler feed water 

loop but is sent to the process water tank. Hence for every pound of medium pressure 

steam used for evaporation, approximately one pound of low pressure steam is produced 

as well as one pound of water is recovered in the system. Hence there is double credit to 

the plant economics: 
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    -   
    

         
           (96) 

         
         

    
        

             (97) 

The fixed cost of the waste evaporator is found as a function of the heat transfer 

area [m2]. This area is calculated using the developed equation from Section 4.4 and is 

then used to calculate evaporator fixed cost as shown by Equation 99 below. The 

parametric cost coefficient (  
   ) was illustrated in Section 4.4 and for this study is taken 

as 37304: 

        
       

   
         

    -   
    

         
           (98) 

         
       

   
         

     
    

       (99) 

Based on the unit configuration, water evaporated in the first effect is used for 

heating in the second effect and subsequent water evaporated in the second effect is used 

as heating for the third effect. These condensed water streams is cooled and recycled 

back to the front end of the plant thus representing a credit in overall water cost. The 

cooling required is found using Equation 100 as was developed and illustrated in Section 

4.4: 

  
      

       
   

         
    -   

    
         

           (100) 

The evaporator unit was designed to concentrate the contaminant stream to 50 

wt% liquor which can be subsequently sent to the boiler for heat recovery credits or sold 

as an animal meal additive. For the evaporator it assumed that waste contaminants are 

not highly volatile and exit the evaporator in the waste stream:   
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            (101) 

The recycled water flowrate (       
     ) is found via the water entering the unit (       

   ) 

minus the recovered steam (       
     ) and waste water (         

   ):  

        
             

   -        
      -           

         (102) 

The water recovery credit for the evaporator is calculated as a product of recovery water 

flow (       
     ) and LPS recovered (       

     ) and the cost of process water for the plant 

(    ) given in [$/kg]: 

         
           

            
               

            (103) 

The heating requirement for the bioethanol plant is substantial and as such, 

cogeneration of electricity poses some potential. As such, medium pressure steam used 

in the evaporator is generated by stepping down high pressure steam through a steam 

turbine. The generated electricity is normally in excess of that required thereby creating 

an electricity credit for the process. This is given in Equation 104 as the product of the 

difference in steam enthalpies [kJ/kg], the MPS flowrate [kg/hr] and the cost of 

electricity [$/kWh] along with conversion factors:  

         
               -                

           
          (104) 

The fixed cost of the steam turbine is a function of the power output and is given 

by Equation 104 which includes the installed cost of the unit in the parametric cost 

coefficient (  
    ). For this study (  

    ) is taken as 100: 
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            -             
    

   
    (105) 

 he distillation column’s required si e is determined as a function of the total feed flow 

as well as the mass fraction of ethanol in the feed (     
    ):    

     
      

           
           

    
     

      
        

           
           

    
     

   (106) 

The fixed cost of the column is determined via the correlation developed using 

ICARUS and illustrated in Section 4.4. The parametric cost coefficients in Equation 107 

are given in Table 10 of Section 4.4: 

       
      

           
    

 
    

            
         

          (107) 

The distillation column condenser duty [kW] is calculated using corresponding 

equations from Section 4.4. This duty is then used to calculate the required cooling water 

flow (     
  ) given in [kg/hr] and corresponding operating cost for cooling water [$/day]. 

For Equation 109, the heat capacity of water (       
) is given as 4.18 kJ/kg-K: 

  
    

       
            

          
            

          (108) 

      
          

    

                       (109) 

       
       

   
      

          (110) 

The required heat transfer area [m2] of the condenser is calculated to facilitate the 

determination of the fixed cost for the unit via Equation 112. It is found by dividing the 

condenser duty [kW] by the overall heat transfer coefficient [kW/m2-K] and log mean 

temperature difference [K]:  
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             (111) 

       
        

            
     

    
       (112) 

For this study, the parametric cost coefficient (  
    ) in Equation 112 is taken as 2034. 

Similar to the condenser calculations, the duty for the rebioler [kW] is determined using 

equations developed and illustrated in Section 4.4. This duty is then used to calculate the 

required high pressure steam flow [kg/hr] by dividing it by the steam enthalpy [kJ/kg] as 

well as the associated operating cost [$/day]:  

  
    

      
            

          
            

          (113) 

      
           

    

    
   

            (114) 

       
        

    
      

            (115) 

The heat transfer area [m2] for the rebioler is determined so as to account for the 

fixed cost of the unit in the economic analysis. It is found by dividing the reboiler duty 

[kW] by the overall heat transfer coefficient [kW/m2-K] and log mean temperature 

difference [K]. This fixed cost is shown via Equation 117 and uses a similar parametric 

cost coefficient as the condenser. For this study (  
   ) is taken as 2034: 

      
      

    

               
            (116) 

       
        

          
    

    
       (117) 

By conducting an ethanol balance on the column, the recovered ethanol [kg/hr] in 

the overhead product is found by multiplying the recovery factor of the unit (      
    ) by 
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the flowrate of fed ethanol [kg/hr]. This is shown in Equation 118. The subsequent water 

flowrate in the overhead is found as a function of the mass purity of ethanol in the 

stream (             ) and is shown in Equation 119. This purity was designed to be close to 

the azeotropic mass fraction composition:    

          
           

          
            (118) 

          
             

        -         
               

            (119) 

The water stream leaving the bottom of the column contains only trace amounts 

of ethanol impurities and can be recycled without expensive treatment. The flowrate of 

this recycled water stream [kg/hr] is found via a water balance on the unit given by 

Equation 120. The credit for recycling this water stream [$/day] is shown via Equation 

121:  

      
           

    -          
           (120) 

       
           

           
             (121) 

The process air cooler is used to cool the recycled water streams from both the 

distillation bottoms as well as the triple effect evaporator. The bay area [m2] required for 

the air cooler is found using Equation 122:  

        
            

      
                             

                 
       (122) 

For Equation 122, the numerator is given in [kJ/hr] while the overall heat transfer 

coefficient (    ) is given in [kJ/hr-m2-K] and the log mean temperature difference in 
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[K]. The operating cost of the air cooler is based on the required power input to the draft 

fans. Using ICARUS and linear regression techniques, the power input [kW] was found 

to be directly dependent on the bay area [m2]. Using Equation 123 this air cooler 

operating cost is found [$/day]. For Equation 123, (     ) represents the linear relation 

parameter for area to power input for the air cooler. The value of (     ) was taken as 

0.1198: 

         
           

            
       

     
      (123) 

The fixed cost of the air cooler was determined using a correlation developed from 

obtained ICARUS costs for various bay sizes:   

         
        

            
     

 
    

            
         (124) 

The parametric cost coefficients (  
   ) and (  

   ) for Equation 124 were taken as 0.0033 

and 358 respectively for this study. 

For the molecular sieve beds, the flow of ethanol post dehydration is assumed to be 

equal to that entering the unit implying no product losses:  

          
                

            (125) 

The installed cost of the unit is found from NREL equipment data pricing29 

which is scaled up from the year of evaluation and shown via Equation 125. For this 

study the parametric cost coefficient for the sieve beds was taken as 2590: 

              
                 

                
     

   
     (126) 
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The total annual revenue for the process is solely based on the ethanol sales. This 

is obtained by summing the total ethanol flow from all routes and multiplying it by the 

specific volume and desired sale price. The term        is used to account for the total 

number of operational days for the year. The overall expression is given by Equation 

127: 

                          
        

     
         

 
 
      (127) 

The annual credit to the plant is the sum of all the daily operational credits multiplied by 

the number of operational days for the plant:  

                 
 
 

 
        (128) 

The total equipment fixed cost is found by summing all values for the selected 

processing route:  

           
 
 

 
         (129) 

The annual depreciation is found using the straight line method and is taken over the 

plant life (     ):   

                     (130) 

The total capital investment would be the sum of the fixed cost and the working 

capital. The working capital is considered to be between 10 to 20% of the total capital 

investment as shown by Peters and Timmerhaus.30 For this analysis, 15% was used:  

                       (131) 
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                      (132) 

                       (133) 

The annualized fixed capital investment is found as a function of the interest rate and 

plant life30:  

                                            (134) 

To account for annual operation and maintenance costs associated with the plant, a value 

of 7% of the fixed capital cost would be used as suggested by Peters and Timmerhaus30:  

   
                      (135) 

Similarly the labor cost is found using methods described30 for a plant operating with 

technology and process control of average complexity:  

                           
     

    
      (136) 

The annual operational cost for the plant is the sum of all operational expenses minus the 

annual plant operational credit: 

         
  
                   

 
 

 
 -         (137) 

Corporate tax for the plant would be based on the gross income of the plant. The 

gross income would be the total annual sales less the annual operating expenses and 

annual depreciation:   

             -    -                (138) 
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Finally the annual cash flow for the plant is the annual sales from ethanol 

production plus the annual credits less the operating costs, corporate taxes and 

annualized capital investment: 

                        -     -     -         (139) 

In most economic evaluations, profitability of technology or a proposed project is 

determined using certain financial metrics. Return on investment, payback period as well 

as other profitability indicators are used to determine the economic viability of a project. 

While these are useful, they would only yield favorable results in this study if end price 

of ethanol is known. For this study the converse problem is achieve where the metrics 

are in essence predetermined and the minimum ethanol price is found at zero cash flow.  
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5.  EXAMPLE STUDY 

5.1 Bioethanol Process 

 
The proposed biorefinery for this study would be designed to produce ethanol as 

the final product using conventional processing routes. The location for the facility is 

assumed to be in Iowa where climatic conditions favor biomass availability for parts of 

the year. In Iowa, it is assumed that the winter climate affects the availability of the 

biomass and as such alternative scheduling procedures could be investigated.   

The overall objective of the study would be to investigate the optimal plant 

capacity of a biorefinery that minimizes the cost of ethanol to the consumer. For these 

economics, the cost of hydrolyzing enzyme and biomass feedstock plays a key role in 

the downstream cost of the ethanol. The latter is a logistics problem since many factors 

such as availability, labor costs, agricultural costs and many other factors can contribute 

to an increased value. Special attention though is directed to the cost of transportation 

since there is a tradeoff between the cost of this factor and the potential revenue from a 

unit of biomass transported. It has been shown that transportation via trucking should not 

exceed a 50-mile radius of the plant so as to ensure plant economic.31  

The configuration of the entire biorefinery is displayed in figure 15 along with 

various pretreatment processing routes given by figures 16 through 19. These processing 

steps were developed using procedures from literature as well as simple design 

principles. They represent a logical scheme of what the entire processing facility should 

resemble without the expected details for an actual plant. In essence the scheme is only 

developed to provide more detail than the usual black box approach. This approach 
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would therefore not reflect the actual ethanol prices that would be expected for an 

established facility. 

 The feedstock costing for the biorefinery was obtained from literature7,9,14,32-34 

and were inclusive of feed handling and transport cost. The feedstock compositions and 

physical properties were obtained from literature. Table 12 shows the chemical 

composition of each biomass source. 

 
 
 

Table 12 Chemical compositions of biomass used. 

Component Switchgrass Poplar Corn stover 

Glucan 32.2 39.8 36 

Xylan 20.3 14.8 19.8 

Galactan - - 1.3 

Arabinan 3.7 1.2 2.8 

Mannan 0.4 2.4 - 

Klason lignin 19.5 26.9 17.8 

Acid-soluble lignin 3.7 2.2 1.9 

Ash 7.1 1.3 7.2 

Uronic acid 1.1 2.4 - 

Other 12 9 13.2 

Data obtained from Esteghlalian et al.16 
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5.2 Pretreatment and Hydrolysis Process 

 
For this study, five pretreatment configurations were researched and selected for 

modeling: 

a) Dilute acid pretreatment 

b) Ammonia fiber explosion (AFEX) pretreatment 

c) Lime pretreatment 

d) pH controlled hot water pretreatment 

e) Aqueous ammonia pretreatment 

These pretreatment choices have great potential as the pre-processing step for ethanol 

production. Some are currently utilized in the bioethanol industry while others are still 

gaining footing. The experimental data for each processing route is also well 

documented in literature therefore true optimal operating conditions can be determined. 

This data is shown in Section 4.4 of this study. 

The operating conditions as well as required equipment for each pretreatment and 

hydrolysis process are starkly different and as such, limitations are integrated into the 

model to reflect accurate as well as physically feasible results. These design conditions 

and equipment size limitation are shown in Table 13. Conditions with ranges indicate 

that they would be optimized for minimum ethanol cost. 
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Table 13 Design parameters for pretreatment and hydrolysis. 

Pretreatment  Design parameter value units 

Acid solid loading 30 wt% 

 
acid conc. 0.6 - 1.2 wt% 

 
time 0 - 15 mins 

 
temperature 140 - 180   

 
hydrolysis load 7 wt% cellulose 

 
enzyme load 0.24 ml/g cellulose 

AFEX solid loading 50 wt% 

 
time 5 mins 

 
temperature 100   

 
hydrolysis load 7 wt% cellulose 

 
enzyme load 0 - 100 FPU/g cellulose 

 
hydrolysis time 0 -1 68 hrs 

Lime water load 9 - 10 kg / kg bio 

 
lime load 0.1 kg / kg bio 

 
time 2 hrs 

 
temperature 120   

 
hydrolysis load 150 g bio /kg water 

 
enzyme load 0 -100 FPU/g cellulose 

LHW solid loading 16 wt% 

 
time 0 - 30 mins 

 
temperature 190   

 
hydrolysis load 7 wt% cellulose 

 
enzyme load 10 FPU/g cellulose 

ARP aq. ammonia conc. 15 wt% 

 
aq. ammonia flow 313 g/min-kg bio 

 
time 0 - 100 mins 

 
temperature 170   

 
hydrolysis load 7 wt% cellulose 

 
enzyme load 10 FPU/g cellulose 

 All hydrolysis time 0 - 168 hrs 
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5.3 Fermenting Process 

 
There is only one option for this step since the technology is only dependent on 

the properties of the enzymes and not the physical operating conditions of the unit. For 

this study data for one type of digesting enzyme was used. This was not by choice but as 

a result on the dubious and cryptic nature of enzyme pricing. For the simulation and 

optimization of this unit the following limitations on equipment sizes and operating 

conditions applied are shown in Table 14.  

 
 
 

Table 14 Design parameters for fermentation process. 

 
Design parameter value units 

enzyme load 0.1 - 2 dry wt protein/L 
time 0 - 120 hrs 

temperature 50   
volume 0 - 4000  m3 

 
 
 
5.4 Separation and Recovery Process 

 
Similar to the fermentation setup, this separation and recovery Section is limited 

by technology selection for this model. The configuration is displayed in Appendix A 

and involves the use of an ethanol stripping column followed by a distillation unit for 

further ethanol purification. The final unit in the ethanol purification process is a 

molecular sieve bed which is used to remove any remaining water in the stream. For the 
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water recovery section, a multi-effect evaporating unit is used. The operating limitation 

and design data for this setup is given by Table 15.  

 
 
 

Table 15 Design parameters of separation and recovery process. 

 
Equipment Design parameter value units 

Stripper pressure 10 psig 

 
size 2 -12 ft 

 
height 35 ft 

Distillation pressure 50 psig 

 
size 2 -12 ft 

 
height 90 ft 

Evaporator 1st effect 30 psig 
  area 0 - 9680 ft2/ effect 

 
 
 
5.5 Economic Variables 

 
To ensure that the evaluation of all the processing routes is complete and 

pragmatic, an economic evaluation is done using basic principles and literature.29 For 

this study a project life of ten (10) years was used with all equipment having no salvage 

value at the end of this life.  his selected plant life is suitable since with today’s 

economic climate for bioethanol facilities, a high rate of return is desired. A 7% interest 

rate is also applied along with a 20% corporate tax. For this study a number of operating 

cost factors would be applied given by Tables 16 through 18. These numbers were 

obtained from either chemical databases such as ICIS or literature and common 

industrial values. 
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Table 16 Plant utility costs. 

Utility value units 

Natural Gas 4.4 $/MMBTU 

Electricity 0.08 $/kWh 

Steam 6.61 $/1000 kg 

Water 
  

            Process 0.001 $/ m3 

             Cooling 0.065 
$/ m3 

circulating  

Waste 36 $/1000 kg 

Labor 27.60 $/hr 

 

 

Table 17 Chemicals cost. 

Chemical value units 

Acid 50 - 94 $/short ton 

Ammonia 500 - 771.64 $/1000 kg 

Lime 56 - 74 $/short ton 

 

 
Table 18 Biomass gate cost. 

Biomass value units 

Corn stover 61.6 $/1000 kg 

Switchgrass 81.5 $/1000 kg 

Poplar 101.6 $/1000 kg 

 



 68 

To account for the labor cost, the method offered in literature30 is used. For this 

method the labor cost was considered under average operating technology with seven 

main operating steps. The equipment costing was evaluated using ICARUS Process 

evaluator, Super Pro Designer as well as literature values.  

This study did not include carbon credits, taxes or any scheme that involves carbon 

dioxide emissions. This was directly due to the lack of maturity of this system here in the 

United States. Currently there is a “Cap and trade” system that is being developed here 

in the United States where regions are limited to the amount of carbon dioxide they can 

emit via permits – the cap. Those companies that reduce their emission to below the 

limits can sell their permits to those that require increased allowances for carbon dioxide 

emissions.35   
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6. RESULTS AND DISCUSSION 

 
6.1 Targeting 

 
For this study, the targeting applied was simply done to determine the theoretical 

yield of ethanol per kilogram of biomass used. By performing this targeting technique, 

the best suited biomass source can be elucidated therefore and initial assumption for 

biomass source can be made. Although this assumption may be sub optimal, it represents 

the potential of a particular biomass source over another. The information would also 

assist in the comparison of similar processing routes that use the same biomass source. 

Table 19 shows the results of this targeting procedure. 

The economical implications of this ethanol yield per unit mass of biomass could 

then be used to identify the minimum contribution of biomass cost to the overall price of 

ethanol. This serves as the lower bound for the potential of the biomass source. This 

calculation is very useful since it immediately highlights what biomass sources are 

suitable for ethanol production for a given region. It also indicates the potential profit 

margin based on a desired ethanol sales price.  

 
 
 

Table 19 Minimum biomass cost contribution. 

Biomass 
Xylan Glucan Yield Cost Biomass contribution  

(%) (%) (gal EtOH/tonne biomass) ($/MT) $/gal 

Corn Stover 19.8 36 106.87 61.6 0.58 

Switchgrass 20.3 32.2 100.84 81.5 0.81 

Poplar 14.8 39.8 104.52 101.6 0.97 
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6.2 Optimization 

 
For the overall economical analysis of the bioethanol facility, two case studies 

were done. The first case study identifies the optimal bio-processing routes based on 

those established. Once this is done, a sensitivity analysis is performed on the three best 

configurations to determine the ranges of feasibility for pretreatment chemical price 

fluctuations. 

The second case study investigated the use of biomass storage for locations that 

have fluctuating biomass availabilities. This was the particular reason for choosing Iowa 

as the location of interest for a bioethanol plant. This region experiences heavy snowfall 

and as such, biomass availability and steady flow is compromised. To analyze the 

economical implications of storage based on the monthly availability of biomass, a 

model is proposed to track this storage requirement and then integrated into the base 

models for the best configuration.    
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Case study I 

To solve the base case the detailed superstructure used is given by Figure 8.  

Each configuration is solved as a separate MINLP problem for faster results. These 

results were then compared and the optimal route established.  

 
 
 

 

Figure 8 Superstructure for case study I. 
 
 
 

The extensive research, simulation, modeling and optimization work showed that 

the AFEX pretreatment configuration using corn stover as the biomass feedstock is the 

optimal bio-processing route for minimum ethanol price. This minimum ethanol price is 

established to be $1.96/gal. The other leading choices for pretreatment configuration can 

be seen by Figure 9.  
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Figure 9 Effect of plant capacity on ethanol price. 
 
 
 

It can be seen from the graph that the next optimal configuration is lime 

pretreatment using switchgrass as the biomass feedstock. The graph also indicates that 

the minimum ethanol price for each pretreatment configuration lies somewhere between 

2000MT/day to 4000MT/day. Beyond 4000MT/day, the cost of ethanol starts to increase 

due to the effect of transportation cost. By zooming into this range, the optimization 

program is re-run and the results for required plant capacity for minimum ethanol price 

can be obtained. Table 20 shows the overall operating conditions for the optimal plant 

capacity for each pretreatment option. 
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Table 20 Optimal conditions for selected configuration. 

 
  CS AFEX SG Lime CS Acid SG AFEX 

Plant Cap. (MT/day) 2788 3978 2717 3865 

Xylan conv. (%) 58.36 98.42 88.67 70.53 

Glucan conv. (%) 89.44 78.37 84.53 95.14 

Pretreat time (mins) 5 120 0.51 5 

Acid conc. (wt%) - - 1.20 - 

Pretreat temp. (oC) 100 120 180 100 

Hydrolysis time (hrs) 155.4 73.2 104.0 168.0 

Fermenting time (hrs) 120.0 120.0 120.0 119.2 

# Fermenters 16 36 24 20 

# Stripping col. 2 3 2 2 

# Evaporators 11 24 16 12 

# Distillation columns 2 3 2 3 

# Hydrolyzers 23 24 8 31 

# Pretreatment 1 4 1 1 

FCI ($MM) 129.25 236.38 136.34 164.77 

EtOH Cap. (MMgal/yr) 72.1 102.2 75.4 101.5 

EtOH cost ($/gal) 1.956 2.124 2.184 2.267 

Enzyme cost ($/gal) 0.412 0.324 0.941 0.537 

Biomass cost ($/gal) 0.823 1.091 0.766 1.066 

Energy cost ($/ga) 0.305 0.464 0.337 0.311 

EtOH yield (gal/tonne bio) 78.65 78.10 84.33 79.79 
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Table 20 continued 

 
  SG Acid Poplar Acid CS Lime CS LHW 

Plant Cap. (MT/day) 3559 1824 3274 2635 

Xylan conv. (%) 89.85 90.99 57.49 62.04 

Glucan conv. (%) 84.54 89.74 59.51 71.56 

Pretreat time (mins) 0.41 0.33 120 12.38 

Acid conc. (wt%) 1.20 1.20 - - 

Pretreat temp. (oC) 180 180 120 190 

Hydrolysis time (hrs) 104.2 117.2 168.0 48.0 

Fermenting time (hrs) 120.0 120.0 120.0 120.0 

# Fermenters 28 17 29 19 

# Stripping col. 3 2 3 2 

# Evaporators 19 12 19 13 

# Distillation columns 3 2 2 2 

# Hydrolyzers 17 13 44 236 

# Pretreatment 1 1 3 1 

FCI ($MM) 164.65 101.77 211.44 281.37 

EtOH Cap. (MMgal/yr) 92.8 52.9 62.4 58.5 

EtOH cost ($/gal) 2.396 2.724 2.959 3.627 

Enzyme cost ($/gal) 0.896 0.994 0.914 1.570 

Biomass cost ($/gal) 1.069 1.174 1.133 0.955 

Energy cost ($/ga) 0.367 0.369 0.595 0.369 

EtOH yield (gal/tonne bio) 79.26 88.23 57.90 67.51 
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The results for optimal plant capacity support many important points not 

intuitively highlighted without proper optimization. The optimal hydrolysis time for each 

route is vastly different and not always pinned to the maximum allowable. This factor 

highlights the tradeoff between extra residence time and cost of its corresponding cost. 

In some cases the reduction in required residence time can mean the negation of a single 

unit and less complication in process scheduling. 

Another significant point to be noted is the enzyme loading required the AFEX 

pretreated corn stover configuration. The data for this loading at various plant capacities 

is shown in Figure 10.  

 
 
 

 

Figure 10 Effect of plant capacity on enzyme loading. 

8.5

9.0

9.5

10.0

10.5

11.0

11.5

12.0

0 2000 4000 6000 8000 10000 12000

CS afex

Biomass capacity (MT/day)

E
n

zy
m

e
lo

a
d

in
g

 (
F

P
U

/g
)



 76 

When comparing this relationship with the corresponding graph for ethanol price, 

it is clear that both follow the same pathway. This similarity would suggest that the cost 

of ethanol production is heavily influenced by enzyme loading, a fact known too well in 

the industry. The graph also garners support for the use of the AFEX pretreatment 

configuration since its required enzyme loading is lower than other configurations. 

By plotting the biomass plant capacity versus the ethanol production capacity in 

Figure 11, it is immediately revealed that polar has the best conversion ratio. This was 

not the initial expectation that was born from the targeting procedure. This factor may be 

due to poplar having a lower neutralizing effect on sulfuric acid than corn stover or 

switchgrass thereby proving to be more economically pretreated via acid hydrolysis.  

 
 
 

 

Figure 11 Effect of configuration on ethanol yield. 
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Further investigation of Figure 11 reveals that although AFEX pretreated 

switchgrass and corn stover have the same conversion ratio, corn stover still proves to 

provide a dominantly lower cost of ethanol. Similar to the case with the poplar, this is as 

a result of the high switchgrass feedstock cost. Finally comparing both the AFEX and 

lime pretreated routes for switchgrass, it is easily noted that the major difference in 

ethanol price is due to the operating costs and fixed capital investments for both 

processes. This lends support for the use of the lime pretreatment process over that of 

AFEX in the case of switchgrass.  

 

 Sensitivity analysis 

 

To ensure that the bioethanol process survives in present economic markets, a 

sensitivity analysis is done to project its ability to withstand fluctuating feedstocks and 

chemical prices. Figure 12 shows the upper and lower bound regions of minimum 

ethanol prices for three of the best configurations based on the upper and lower price of 

pretreatment chemical. It should be noted that the upper bound of the acid pretreatment 

configuration would incorporate two fluctuating chemicals – acid and lime. The latter 

chemical is used to neutralize the spent acid from the pretreatment section.  
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Figure 12 Effect of chemical cost on ethanol price. 

 
 
 

An analysis of this graph indicates that the lime pretreatment configuration using 

switchgrass is the most stable since the price of the pretreatment chemical is fairly 

invariant. The highest variance in ethanol minimum price is seen with the AFEX 

pretreatment configuration with the acid pretreatment configuration having an 

intermediate variance despite the increased acid and lime chemical costs.  

The sensitivity of ethanol price to biomass feedstock cost as well as hydrolyzing 

enzyme cost was not done since this relationship is well known in the industry and offers 

little additional information to this study. The theoretical targeting done in Section 6.1 

already illustrates the high contribution of biomass cost to end ethanol price hence a 

1.9

2.1

2.3

0 1000 2000 3000 4000 5000 6000 7000 8000 9000 10000 11000 12000

CS acid

CS Afex

SG lime

Biomass Capacity (MT/day)

E
th

a
n

o
l

co
st

 (
$

/g
a

l)



 79 

quick use of this analysis can elucidate the sensitivity of ethanol prices to biomass 

feedstock prices.  

 

Case study II  

 
The premise of this case study is to offer an insight into the economics involved 

in the storage of biomass for later processing due to climatic changes that may hinder 

harvesting and biomass growth. In this analysis a simple model is proposed and 

integrated into the base case models for the best pretreatment configuration investigated 

in case study I. To illustrate the applicability of the model, some extreme cases would be 

used to define regions of feasibility for using storage as a bio-processing option. 

 

Model formulation 

 
The concept of the model is based on the simple principle involved when filling 

and emptying a storage vessel. To include the decomposition of the biomass over time of 

storage a rotting factor is included in the formulation. The model development is done 

for two periods of the year – the harvesting and drought or winter period. In the first 

period, the biomass is harvested and stored while the plant continues to operate using 

biomass that is stored. Hence there is an accumulation rate over time in the storage 

facility. During the winter period, harvested biomass supply to the storage facility is 

negated and stored biomass continues to be used until the start of the harvesting period 

of the next year. 
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Storage mass balance for harvesting period 

    

  
      -     -            (140) 

In the mass balance the rotting rate is considered to be a function of the total mass stored 

at a given time. It is defined as the fractional loss of stored mass per month due to 

decomposition or polysaccharide loss due to microorganism digestion. 

Given the accumulation rate: 

             -            (141) 

Equation 140 represents a first order differential equation with solution given by 

Equation 142 below: 

             -                   (142) 

The total mass stored at the end of the harvesting period is given by Equation 142. This 

equation accounts for all the mass that accumulates over time as well as the amount that 

is lost due to decomposition. 

 Storage mass balance for winter period 

    

  
  -     -             (143) 

This mass balance is the same with the exception of the harvesting rate. Similar to 

Equation 140 this is a first order differential equation with solution given by Equation 

144 below: 

       
                     -                (144) 
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The difference in appearance of Equations 140 and 144 is due to there being an initial 

mass for the winter period that must be accounted for.  

 

Ratio of harvesting to plant capacity 

To determine the ratio between the harvesting rate during the available harvesting period 

and the plant capacity the following analysis is applied: 

   
              -                  (145) 

      
                                     (146) 

This procedure basically says that the initial mass of stored biomass at the beginning of 

the winter period is equal to that stored at the end of the harvesting period. Equation 146 

simply indicates that the stored biomass at the end of the winter period is zero. By 

simplifying the exponential terms with constants since the harvest and winter period are 

known: 

      -                    (147) 

      -                    (148) 

The relationship between the harvesting rate and plant capacity is given by: 

    =   (1-                  m        (149) 

This general equation can now be used for any harvesting and winter period as well as 

any desired rotting rate. The equation though breaks down if the rotting rate is selected 

as zero due to the exponential terms used. In essence the use of a very small number 
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would give the same accurate value as the formulation if the rotting rate were not 

incorporated into the model. 

To investigate the economics of storage for the bioethanol facility, there are two 

scenarios for which the plant can operate. These scenarios are: 

 
1. Operate the plant during the harvesting period only with a shut down or turn 

down during the winter period where there is no biomass available for ethanol 

production. Therefore the plant capacity is simply equal to the harvesting rate.  

2. Operate the plant year round based on the operating days selected in the base 

case with constant storage of biomass to supply the plant with feed for the winter 

period. 

 
To evaluate both scenarios fairly, certain realistic assumptions are made.  

Scenario 1 assumptions 

 
1. The plant operates at the full number of harvesting days with maintenance and 

upgrades being performed during the shutdown or turn down period.  

2. During shut down period, labor is cut to 80% of the required labor force for full 

capacity to allow for maintenance work and to ready the plant for restart come 

harvesting period. The plant utilities are also reduced to 60% of normal operating 

capacity. 
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Scenario 2 assumptions 

 

1. The plant operates for 329 days of the year (90%) as outlined in the base case 

study. 

2. Storage of biomass is done using an open field with rental rate of $224/ha-

month.36 

3.  The average rotting rate of biomass is 5% which means that 10% of the biomass 

is lost over a 2 month period to account for open-air storage on the earth.  

4. The base case winter period for storage would be 3 months with a remaining 

harvesting period of 9 months. 

5. The lost biomass that decomposes is resold as compost at 90% of the original 

price. It should be noted that compost in Iowa can cost up to $96/tonne which is 

significantly higher than the value used for this scenario. 

 
Figure 13 illustrates the results of applying this model and scenarios for the economics 

surrounding the storage of biomass in a bioethanol facility. This graph shows that the use 

of storage due to biomass unavailability significantly affects the minimum ethanol 

selling price despite the fairly inexpensive cost of storage. It also indicates that at the 

base case, storage is more economical than the non-storage approach up to a specific 

plant capacity. This breaking point where storage is no longer considered economical is 

at a plant capacity of   98MMgal/yr. This capacity corresponds to a storage scheme for 

3750MT/day biomass plant or for a 4500MT/day non-storage facility.   
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Figure 13 Effect of storage on ethanol cost. 
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storage scheme is when the biomass decomposition rate is at 0.5%/month while storage 

in an open field. The results for these conditions are illustrated in Figure 14.  

 
 
 

 

Figure 14 Optimal storage for reduced ethanol cost. 
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7. CONCLUSIONS 

The overall study was successful in providing information on the optimization of 

a bioethanol facility. The data and results from the models can be used in the industry or 

by other researchers and design engineers as an initial screening tool for technology 

choice and process improvements.  

The conclusion from the studies show that the AFEX pretreated configuration 

using corn stover is the optimal route that provides the minimum bioethanol sale price of 

$1.96/gal. In contrast, industrial standards and literature show that the acid pretreatment 

configuration is preferentially used as a pretreatment choice. This is possibly as a result 

of the high fluctuations in ammonia price which is due to its high energy intensive 

process as well as its many demands in the agricultural industry. A further look at the 

results actually suggest that lime pretreatment of switchgrass is the more stable route that 

would not be severely affected by chemical price shifts. The results also indicate that the 

optimal plant size for minimal ethanol price is determined to be 2788 MT biomass/day 

for the optimal configuration and between 2000MT/day and 4000MT/day for all other 

configurations. This is in agreement with some of the literature data and should be used 

as the way forward for the bioethanol industry. 

Other key results from the study indicate that for each configuration choice, the 

yield of ethanol per unit mass of corn stover is similar to that of switchgrass which 

suggests that the use of switchgrass as an energy crop may not be as viable unless its 

price can be reduced to that of corn stover or lower. This conclusion is based on the data 

available for this study though industrial confidential data may show otherwise.   
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In terms of biomass sources that have great potential for bioethanol production, the study 

reveals from the targeting approach as well as the optimization modeling that poplar 

shows the most promise in producing bioethanol. Its use today is unfortunately hindered 

by high feedstock costs as well as its availability in the United States. Provided fossil 

based fuel prices continue to rise, this biomass source would prove to be an economical 

and efficient way of producing ethanol. 

The model developed for Case II is easily expandable and can be used for future 

examination of potential storage schemes for biomass in different climatic regions. 

Despite the simplicity of the model, its economic value lies in its ability to link biomass 

availability, decomposition rate and storage cost together in one single relationship. 

Using this model, Case Study II showed that storage of biomass with a simultaneous 

reduction in plant capacity is a more economical way of producing bioethanol in areas 

that have reduced biomass availabilities. This storage scheme is limited to plant 

capacities less than 3750MT/day above which non-storage is more economical. The 

results of this case study also show that the use of a storage scheme is moderately 

dependent on the decomposition rate as well as storage cost. This decomposition rate 

once linked to the cost of storage can be used to properly identify the limiting conditions 

for a biomass storage scheme. Based on assumed conditions and cost of storage, the 

optimal scenario for any storage scheme would be 0.5%/month decomposition rate while 

stored open to the atmosphere.  

This study analyzed as many operational variables that influence the economics 

of a bioethanol plant though unfortunately did not incorporate all. In the future this 
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optimization model can be expanded to include more experimental data such that a more 

definitive conclusion can be drawn about the economical optimality of a specific bio-

processing configuration. Future models can also integrate safety metrics that affect the 

location and equipment layout of the plant, thereby offering a complete optimization of 

not just processing but plant layout as well. Other interesting problems that can be 

solved from the model are to determine optimal plant locations within the United States 

such that an optimal ethanol distribution network can be established.    
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APPENDIX A   

PROCESS FLOW DIAGRAMS 

 

 

 

 
 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 15 Overall bioethanol production plant configuration.
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Figure 16 Ammonia fiber explosion pretreatment. 
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Figure 17 Aqueous ammonia recirculation and percolation pretreatment. 
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Figure 18 pH controlled hot water pretreatment. 



 

` 

98 

 
 

Figure 19 Lime pretreatment. 
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APPENDIX B  

OPTIMIZATION PROGRAM 

!------------------- LINGO Optimization Code for AFEX Pretreated corn stover -----------; 

min = etohprice; 

cashflow = 0; 

 

DATA: 

!Corn Stover data; 

Xxoc = 19.8; 

Xgoc = 36; 

 

rhobioc = 1340; 

deltaHcc = 17500;  !Corn stover heat of combustion [kJ/kg]; 

 

emillc = 22.07;  !Corn Stover Milling energy req. [kWh/tonne]; 

electcost = 0.08;  !Electricity cost [$/kWh]; 

stmprice = 6.6138678E-3;!Steam cost [$/kg];  

h2ocost = 1E-3;  !Water cost [$/kg]; 

hpstmhv = 2154.42; !Heat of vap. for HP steam superheat [kJ/kg]; 

mpstmhv = 2182.067; !Heat of vap. for MP steam [kJ/kg]; 

lpstmhv = 2199.43; !Heat of vap. for LP steam (15psig) [kJ/kg]; 

atmstmhv= 2256.472; !Heat of vap. for atm steam [kJ/kg]; 

 

hpstmh = 2996.26;  !Enthalpy of HP steam [kJ/kg]; 

mpstmh = 2803.88;  !Enthalpy of MP steam [kJ/kg]; 

lpstmh = 2707.32;  !Enthalpy of LP steam [kJ/kg]; 

atmstmh = 2675.58; !Enthalpy of atm steam [kJ/kg]; 

 

ammload = 1;  !Ammonia loading [kg NH3/kg biomass]; 

rhoammliq = 455.951; !Liquid Ammonia density [kg/cum]; 

rhoammgas = 44.948; !Gaseous Ammonia density [kg/cum]; 

cpamm = 2.5;  !Liquid Ammonia Heat capacity [kJ/kg-K]; 

NH3cost = 0.507063; !Ammonia cost [$/kg]; 

tpc = 5;   !Pretreatment time [mins]; 

tdry = 12;   !Drying time to remove NH3 [hrs]; 

T = 100;   !Pretreatment temp. [deg C]; 

 

ammloss = 5;  !Percent Ammonia lost in drying process; 

 

celload = 7;  !Cellulose loading [wt%];  

cbuload = 40;  !Cellobiase loading [CBU/g Glucan]; 

fpuact = 125;  !Cellulase activity [FPU/mL]; 

cbuact = 540;  !Cellobiase activity [IU/mL]   CBU=IU; 

enzcost = 2.75E-3; !Cellulase/Cellobiase cost[$/g]assume (g = mL); 

laselost = 0.334;  !Fraction cellulase activity lost; 

biaselost = 0.112; !Fraction cellobiase lost; 

 

CWcost = 0.065E-3; !Cooling water cost [$/kg]; 

CWDT = 15;   !Cooling water DeltaT [C]; 
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h2oCp = 4.18;  !Water Cp [kJ/kg-K]; 

 

wetfrac = 0.05;  !Liquid fraction with biomass after filtration; 

 

dryeff = 0.75;  !Drier efficiency (E req./E supplied); 

boileff = 0.75;  !Heat transfer eff. to a boiler from biomass; 

Ucond = 3600;  !HTC for condensing aq. vapors [kJ/sqm-h-C]; 

  

Ureb = 7200;  !HTC for boiling H2O using steam [kJ/sqm-h-C];  

Uheat = 9720;  !HTC for steam heater [kJ/sqm-h-C]; 

Ucool = 4320;  !HTC for water-water Cooler [kJ/sqm-h-C]; 

  

Uair = 1350;  !HTC for Air cooler [kJ/sqm-h-C];  

 

DTlmferH = 80;  !Delta T log mean for water heater [K]; 

DTlmcool = 64;  !Delta T log mean for water cooler [K]; 

DTlmair = 55;  !Delta T log mean for air cooler [K]; 

DTlm = 45;   !T log mean for Dist. Col. cond. and reb. [C]; 

 

rhoenz = 1200;  !Fermenting enzyme cell density [kg/cum]; 

fenzlost = 0.10;  !Fermenting enzyme lost fraction in recycling;  

 

strec = 0.9999;  !Stripper mass recovery of ethanol; 

vent = 0.01;  !Blwdn of recycled steam from waste evaporator; 

waspurge = 0.05;  !Purge frac for waste h2o stream b4 recycle; 

distrec = 0.9999;  !Distillation recovery of ethanol; 

mpure = 0.9401;  !Mass fraction purity of ethanol from dist.; 

 

engycost = 4.4;  !Nat. gas cost [$/MMBTU]; 

Tamb = 30;   !Ambient temperature; 

 

plife = 10;   !Plant life; 

svalue = 0;   !Salvage percent [%]; 

opdays = 329;  !Operating days; 

irate = 7;   !Interest rate [%]; 

corp_tax = 20;  !Corporate tax [%]; 

WCap = 0.15;  !Working capital fraction of TCI; 

omfrac = 0.07;  !O&M cost as a fraction of FCI; 

Ulab_cost = 25.58; !Unskilled labor cost [$/hr]; 

Slab_cost = 33.67; !Skilled labor cost [$/hr]; 

labfrac = 0.75;  !Fraction of unskilled labor force; 

steps = 7;   !# of processing steps for labor cost; 

was_treat = 36;  !Waste treatment cost [$/tonne]; 

ENDDATA 

 

 

@BND(0.1,fenzconc,2); !Enzyme concentration [g dry cell wt/L liquid]; 

@BND(0,fpuloadc,100); !Hydrolysis cellulase loading [FPU/g Glucan]; 

@BND(30,thc,168);  !Hydrolysis time [hrs]; 

@BND(30,tf,120);  !Fermentation time [hrs]; 

 

 

@GIN(y1);   !No. of Fermenters at the max vol.(4000 cum); 

@GIN(y2);   !No. of Stripper columns req.; 
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@GIN(y3);   !No. of evaporators; 

@GIN(y4);   !No. of Distillation column units req.; 

@GIN(y5);   !No. of Hydrolyzer units req.; 

@GIN(y6);   !No. of Pretreatment reactor units req.; 

@GIN(y7);   !No. of AFEX Flash tanks req.; 

 

 

@BIN(I1); 

@BIN(I2); 

@BIN(I1_bio); 

 

SETS: 

rundata/1..33/:cost; !Set created to export data; 

ENDSETS 

 

INIT: 

fenzconc = 2; 

tf = 120; 

THC = 155.394; 

fpuloadc = 9.168; 

ENDINIT 

 

plantcap = 900;  !Plant capacity [MT/day];  

bioflowc = plantcap/24*1000; 

 

!------------------ Corn Stover Analysis -----------------------------; 

CALC: 

b1 = 365/(((irate/100)*(1+(irate/100))^plife)/((1+(irate/100))^plife - 

1))/(100-svalue)*100; 

b1c = (wetfrac/(1-wetfrac)); 

b2 = (100/b1)*(hpstmh-mpstmh)^0.5; 

b3 = (100/b1)*(lpstmh-atmstmh)^0.5; 

 

a1c = 1E-3*emillc*electcost*24; 

a2c = tpc/60*(1/rhobioc + ammload/rhoammliq); 

a3 = ammload*cpamm*(T-25)/lpstmhv;       

a4 = ammloss/100*ammload;        

a5 = 418600*(ammload/4536)^0.75; 

a6c = Xgoc/celload - 1; 

a7c = 1E-5*Xgoc/fpuact;     

a8c = cbuload*Xgoc/100*1000; 

a9c = (1E-3*(Xgoc/celload - 1)+1/rhobioc+Xgoc*1E-5*(cbuload/cbuact)); 

a10c = Xgoc/9000; 

a11c = Xxoc/8800; 

a12c = Xgoc/10000; 

a13c = Xxoc/10000; 

a14c = laselost*Xgoc/100*1000/fpuact*enzcost*24; 

a15c = biaselost*cbuload*Xgoc/100*1000/cbuact*enzcost*24; 

a16c = tdry*(1/rhobioc + ammload/rhoammliq); 

ENDCALC 

 

Fswitch = 1E6/24;  Ubioflow = 25E6/24;    

        

bioflowc = bioflow1 + bioflow2; 
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bioflow1 <= Fswitch*I1_bio;       

   

Fswitch*(1-I1_bio) < bioflow2; bioflow2 <= Ubioflow*(1-I1_bio); 

   

biocost1*(1E5/(24*(opdays/365))) = 6160*bioflow1;   

   

biocost2*(1E5/(24*(opdays/365))) = (cs1*bioflow2^2 + cs2*bioflow2);

  

cs1 = 42E-4; 

cs2 = 5985; 

 

biocostc = biocost1 + biocost2; 

 

millcostc = a1c*bioflowc*(opdays/365);      

   

comPower = 0.0568*(ammload*bioflowc)*24*electcost*(opdays/365); 

   

compcostc = 1.6*(a5/b1)*bioflowc^0.75;        

   

ammcost = a4*bioflowc*NH3cost*24*(opdays/365);    

      

 

plpstm = 0.0214*3600*ammload/lpstmhv*bioflowc;    

   

preCW = 0.3156*3600*ammload/(CWDT*h2ocp)*bioflowc;   

   

pheatA = 9.33E-4*ammload*bioflowc;      

   

pcoolA = 0.0113*ammload*bioflowc;      

   

pHEXA =  2.33E-3*ammload*bioflowc;      

   

 

preHEN = (2034/b1)*(pheatA^0.889 + pcoolA^0.889 + pHEXA^0.889); 

   

reqh2oc = a6c*bioflowc;        

   

Xgc = (48.6 + 51.4*(1-@exp(-0.1824*fpuloadc)))*(1-@exp(-

(0.018*fpuloadc^0.2263)*thc)); 

Xxc = (40.4 + 36.6*(1-@exp(-0.0754*fpuloadc)))*(1-@exp(-

(0.0306*fpuloadc^0.0492)*thc)); 

 

gluflowc = a10c*Xgc*bioflowc;       

   

xylflowc = a11c*Xxc*bioflowc;       

   

bioremc = bioflowc*(10000-Xgc*Xgoc-Xxc*Xxoc)*1E-4;   

   

h2oremc = (a6c - (a10c - a12c)*Xgc - (a11c - a13c)*Xxc)*bioflowc; 

   

ecost = (a14c*fpuloadc + a15c)*bioflowc;     
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y6*250 + pvolopt = a2c*bioflowc;      

   

pvolopt <= 250;         

   

pvolcostc = y6*(6822800/b1) - (59.512/b1)*pvolopt^2 + 

(42171/b1)*pvolopt;  

 

y7*1500 + ftankopt = a16c*bioflowc;      

   

ftankopt <= 1500;         

   

ftankcostc = y7*(5618500/b1) + (14753/b1)*ftankopt^0.8;  

   

y5*4000 + hvolopt = (a9c+a7c*fpuloadc)*thc*bioflowc;   

   

hvolopt <= 4000;         

   

hvolcostc = (758391/b1)*y5 + (5231.87/b1)*(hvolopt)^0.6;  

   

 

!-------------------------- fermentation -----------------------------; 

h2odryer = b1c*bioremc;        

   

dryEcost = 24*(1/3600)*(h2odryer*atmstmhv/dryeff)*electcost; 

   

bioEcred = (boileff*deltaHcc*24/1.055E6*engycost*(opdays/365))*bioremc;

   

 

!Fermenter pre-Heater; 

h2oferm = h2oremc - b1c*bioremc;      

    

fermLPS = h2oferm*h2oCp*(50-Tamb)/lpstmhv;    

    

fheatA = h2oferm*h2oCp*(50-Tamb)/(DTlmferH*Uheat);   

    

 

fheater = (2034/b1)*fheatA^0.889;      

    

 

 

!Fermentor; 

sconc*h2oferm = (gluflowc + xylflowc)*1000;    

    

kglu = 0.5211*fenzconc^0.2291; 

kxyl = 0.0106*fenzconc^0.4464; 

ktol = 0.0013*fenzconc^0.1373; 

 

fetOH = 0.51111*(gluflowc + (kxyl/(kxyl + ktol))*xylflowc*(1-@exp(-

(kxyl+ktol)*tf)));  

fgluflow = 0; 

fxylflow = xylflowc*@exp(-(kxyl+ktol)*tf); 

fxtolflow = (ktol/(kxyl + ktol))*xylflowc*(1-@exp(-(kxyl+ktol)*tf)); 

fco2flow = 0.48889*(gluflowc + (kxyl/(kxyl + ktol))*xylflowc*(1-@exp(-

(kxyl+ktol)*tf))); 
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fermvol = ((gluflowc + xylflowc + h2oferm)*1E-3 + (1E-

3/rhoenz)*fenzconc*h2oferm)*tf;  

y1*4000 + fvolopt = fermvol; 

fvolopt <= 4000; 

 

fenzcost = fenzlost*fenzconc*h2oferm*enzcost*24*(opdays/365); 

    

fvolcost = (758391/b1)*y1 + (5231.87/b1)*(fvolopt)^0.6;  

    

!-------------------------- Separation -------------------------------; 

!Stripper; 

stripstm = 0.0806*(fgluflow + fxylflow + fxtolflow) + 0.1852*h2oferm + 

0.2231*fetOH + 1.3468;   

strpD = 0.04485*stripstm^0.5;       

       

strpD^2 = y2*144 + strpopt^2; 

strpopt >= 2*I1;         

     

strpopt <= 12*I1; 

 

strpcost = y2*(622421/b1) + (1388.3/b1)*strpopt^2 + (25107/b1)*strpopt 

+ (121222/b1)*I1; 

 

h2odist = 0.1429*(fgluflow + fxylflow + fxtolflow) + 0.1879*h2oferm + 

1.1939;   

etOHdist = strec*fetOH;        

    

 

!Triple Effect Waste evaporator; 

h2oevp = h2oferm + stripstm - h2odist;     

    

evpstm = 0.3891*h2oevp - 0.3205*(fgluflow + fxylflow + fxtolflow); 

    

evpRstm = 0.3364*h2oevp - 0.3137*(fgluflow + fxylflow + fxtolflow);

    

evpA = 0.05703*h2oevp - 0.04856*(fgluflow + fxylflow + fxtolflow);

    

evpA = y3*2700 + evpopt; 

evpopt <= 2700; 

 

evpcost = y3*(6280933/b1) + (37304/b1)*evpopt^0.6488;   

    

evpcoolQ = 0.05847*h2oevp - 0.06055*(fgluflow + fxylflow + fxtolflow);

    

sugarh2o = fgluflow + fxylflow + fxtolflow;    

    

wh2orec = (1-waspurge)*((1-strec)*fetOH + h2oevp - evpRstm - sugarh2o);

    

waste = waspurge*(h2oevp - evpRstm - sugarh2o);    

    

!Steam Power turbine; 

MPSelect = (hpstmh-mpstmh)*evpstm/3600*electcost*24*(opdays/365); 
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MPSturb = b2*(evpstm)^0.5;       

    

LPSelect = (lpstmh - atmstmh)*lpscogen/3600*electcost*24*(opdays/365); 

LPSturb = b3*(lpscogen)^0.5;       

    

 

!Distillation; 

distsize*(h2odist + etOHdist) = 0.05947*(h2odist + 

etOHdist)^0.5459*etOHdist + 0.0167*(h2odist + etOHdist)^1.5285;  

distsize^2 = y4*144 + disopt^2; 

disopt >= 2*I2;          

disopt <= 12*I2; 

 

colcost = (5618/b1)*disopt^2 + (4986.5/b1)*disopt + (301887/b1)*I2; 

 

distcost = (2708720/b1)*y4 + colcost;   

 

dcondQ = 1.458423*etOHdist + 0.072911*h2odist;    

    

dcondA = dcondQ*3600/(Ucond*DTlm);      

    

dcondCW = dcondQ*3600/(h2oCp*CWDT);      

    

condcost = (2034/b1)*dcondA^0.889;      

    

drebQ = 1.4353*etOHdist + 0.07678*h2odist;    

    

drebA = drebQ*3600/(Ureb*DTlm);      

    

dstm = drebQ*3600/hpstmhv;        

    

rebcost = (2034/b1)*drebA^0.889;       

    

etOHsieve = distrec*etOHdist;        

    

h2osieve = distrec*etOHdist*(1-mpure)/mpure;     

    

 

distWh2o = h2odist - distrec*etOHdist*(1-mpure)/mpure;   

    

dh2orec = (1-waspurge)*distWh2o;       

     

dh2owaste = waspurge*distWh2o;       

    

 

!Process water recycle Air Cooler; 

airA = 2*(distWh2o*h2oCp*(142-60) + evpcoolQ*3600)/(Uair*DTlmair);

    

airP = 2*0.1198*airA;        

    

airPcost= airP*electcost*24;       

    

airAcost*b1 = 0.0033*airA^2 + 357.98*airA;     
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!Molecular sieve beds; 

sievecost*b1 = 2589.8*(etOHsieve + h2osieve)^0.7;    

 

!Economic Evaluation of utilities; 

TotCWcost = dcondCW*CWcost*24*(opdays/365);    

    

MPstmcost = (evpstm)*24*stmprice*(opdays/365);    

    

HPstmcost = dstm*24*stmprice*(opdays/365);    

    

LPstmcost = (stripstm + fermLPS + plpstm - 

reclpstm)*stmprice*24*(opdays/365);  

reclpstm + lpscogen = (1-vent)*(evpRstm);     

    

stm2atm = vent*(evpRstm);         

    

Totwcost = (reqh2oc - recovh2o)*h2ocost*24*(opdays/365);  

    

recovh2o + xsh2o = wh2orec + dh2orec + fermLPS + plpstm + lpscogen;

     

xsh2o >= 0; 

 

!Overall Economic evaluation; 

etOHsales = 0.335*etOHsieve*etohprice*24*(opdays/365);  

laborcost = (Ulab_cost*labfrac + Slab_cost*(1-

labfrac))*steps*3.50*(24*etOHsieve)^0.23*(opdays/365);   

credits = bioEcred + MPSelect + LPSelect; 

 

AFCI = compcostc + preHEN + pvolcostc + ftankcostc + hvolcostc + 

fheater + fvolcost + strpcost + evpcost + MPSturb + LPSturb + distcost 

+ condcost + rebcost + airAcost + sievecost; 

A_dep*plife = (100-svalue)/100*b1*AFCI/365; 

ATCI = (1/(1- WCap))*AFCI; 

 

O_M_cost = omfrac*b1*AFCI/365; 

 

OPcost = biocostc + millcostc + comPower + ammcost + ecost + dryEcost + 

fenzcost + MPstmcost + HPstmcost + LPstmcost + Totwcost + TotCWcost + 

airPcost + O_M_cost + laborcost; 

 

A_tax = (etOHsales + credits - OPcost - A_dep)*corp_tax/100; 

    

cashflow = etOHsales + credits - OPcost - ATCI - A_tax;  

    

 

!---------------------- Economic indicators --------------------------; 

etOHcost*etOHsieve*0.335*24*(opdays/365) = OPcost + ATCI + A_tax  - 

credits;   

Enzcont*etOHsieve*0.335*24*(opdays/365) = ecost;   

    

Biocont*etOHsieve*0.335*24*(opdays/365) = biocostc;   

    

energycont*etOHsieve*0.335*24*(opdays/365) =  millcostc + comPower + 

dryEcost + MPstmcost + HPstmcost + LPstmcost + airPcost; 
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H2Ouse*bioflowc = (reqh2oc - recovh2o);     

                                    

etOHcap =  etOHsieve*0.335*24*opdays/1E6;     

    

EtOHyield*bioflowc = etOHsieve*1000*0.335;    

    

cost(1)= 0;    !Harvesting rate [MT/day]; 

cost(2)= bioflowc*24/1000; !Plant biomass capacity [MT/day]; 

cost(3)= 0;    !Biomass percent availability;  

cost(4)= 0; 

cost(5)= 0; 

cost(6)= 0; 

cost(7)= 0; 

cost(8)= opdays; 

cost(9)= 0;     

cost(10)= Xxc;   !Xylan conversion; 

cost(11)= Xgc;   !Glucan conversion; 

cost(12)= TPC;   !Pretreatment time [mins]; 

cost(13)= THC;   !Hydrolysis time [hrs]; 

cost(14)= TF;   !Fermentation time [hrs]; 

cost(15)= y1 + 1;   !# of Ferm at the max volume (4000 cum); 

cost(16)= y2 + 1;   !# of Stripper columns req.; 

cost(17)= y3 + 1;   !# of evaporators; 

cost(18)= y4 + 1;   !# of Dist column units req.; 

cost(19)= y5 + 1;   !# of Hydrolyzer units req.; 

cost(20)= y6 + 1;   !# of pretreatment units; 

cost(21)= AFCI*b1; 

cost(22)= plife; 

cost(23)= OPcost*365; 

cost(24)= A_tax*365; 

cost(25)= etOHcap; 

cost(26)= profits*365; 

cost(27)= etOHcost; 

cost(28)= Enzcont; 

cost(29)= Biocont; 

cost(30)= energycont; 

cost(31)= H2Ouse; 

cost(32)= EtOHyield; 

  

 

DATA: 

@OLE('C:\Users\kjg2113\Desktop\new\costing.xlsx','CSaciddata1')= cost; 

ENDDATA 
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