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ABSTRACT 

 One of the key challenges with shale gas is the wide variability in its composition and 

flow rate. The composition and flow rate, both between wells, and within the same well over 

time, can differ significantly. This is a challenge when designing a plant of optimal size. In 

general plants with larger process equipment are more flexible, and are able to handle a wider 

range of inlet compositions, however these plants also have higher fixed and operating costs. 

 Given for the problem studied in this work are: 1) a set of shale gas wells producing a 

known volume per day of gas, at a known temperature and pressure, 2) a known set of feedstock 

and product prices, and 3) a varying composition of gas. 

 The following are obtained: 1) a base case process design, 2) an economic evaluation of 

the proposed design, 3) an economic evaluation of modifications needed to the base case design 

to treat varying compositions of gas, 4) an evaluation of the proposed design and modifications 

using a safety index, and 5) an evaluation to see the effect of varying product and feedstock 

prices on process economics. 

 Results were obtained, and it was determined: 1) in general revenue increases with 

increasing NGL content, 2) processing costs also generally increase with increasing NGL 

content, and 3) as measured by ROI all feeds (including a high acid gas case) are worth treating, 

except the high methane case. From the sensitivity analysis it was found: 1) for the base case, 

shale gas processing is still profitable for even the highest feedstock prices, and 2) even a one 

standard deviation drop in product prices makes processing highly unprofitable. 
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1. INTRODUCTION 

1.1 Importance of Natural Gas 

 Natural gas is increasingly important to the U.S. energy economy. Figure 1 below shows 

how the total consumption of natural gas has increased in U.S. and how it is projected to increase 

in the future. 

 
 
 

 

Figure 1: Use of Natural Gas in the U.S, reprinted from (EIA 2017) 
 
 
 

 Natural gas is used in industrial plants as fuel for burners to generate electric power, as 

well as by power plants to generate electricity for residential and commercial use. It is also 

consumed to heat homes, cook food and for other residential uses. Altogether in 2016 27.5 

billion million cubic feet (MCF) of natural gas was used in the U.S (EIA 2017). Roughly 34% of 

the electricity generated at utility-scale facilities in 2016 was generated using natural gas as a 

feedstock (EIA 2017).   
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1.2 Shale Gas vs. Natural Gas 

 Natural gas can come from conventional or unconventional sources. Conventional 

resources are typically defined as high-permeability reservoirs that are produced by traditional 

methods (WVU 2016). Unconventional resources come from low permeability reservoirs and 

require different drilling methods such as horizontal drilling, and fracking. Shale gas is one type 

of unconventional resource, and is abundant in the U.S. For instance in the Barnett Shale, north 

of Dallas, Texas, there is an estimated 43.4 trillion cubic feet (EIA 2011). Recent technical 

improvements in shale gas extraction have made it a game changer for U.S. competitiveness. For 

instance ethane, a natural gas liquid from shale gas, is used as a feedstock for many industrial 

processes such as the production of ethylene, ethylene derivatives (polyethylene, etc.), 

propylene, methanol, and many others. Many chemical companies are expanding capacity to take 

advantage of these low feedstock prices ($71.7 billion in investments had been announced 

through the end of 2013) (Chemistry 2013). 

Figure 2 below shows the shale plays in the U.S. The main shale plays of interest are Barnett 

shale in northeast Texas, Marcellus shale in the Appalachian region of New York, Pennsylvania, 

Ohio and West Virginia, the Fayetteville shale in Arkansas, New Albany shale in southern 

Illinois, the Antrim shale in Michigan, and the Haynesville shale in northern Louisiana and east 

Texas. The composition of wells in these shale plays can differ significantly depending on the 

geological conditions under which they formed (Bullin and Krouskop 2009). 
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Figure 2: U.S. Lower 48 Shale Plays, reprinted from (EIA 2016) 
 

 
 

 For example Table 1 below shows compositional data from the Barnett shale (Hill, Jarvie 

et al. 2007). For these five wells alone the content of the main components can differ 

significantly.  
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Table 1: Composition of Five Wells in the Barnett Shale Play 
 Composition 

(mole %) 
Methane Ethane Propane Butanes Pentanes N2 CO2 

Other 

Inerts 
Well 1 93.05 2.56 0.02 0.51 0.05 0.98 2.68 0.15 
Well 2 75.48 9.54 6.88 3.48 1.09 2.27 0.69 0.57 

Well 3 65.05 16.11 10.85 2.65 1.25 1.27 0.34 2.48 

Well 4 54.14 15.50 15.43 7.29 2.96 2.56 0.78 1.34 

Well 5 52.38 11.04 9.26 4.36 1.20 16.41 0.65 4.70 
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2. LITERATURE REVIEW 

2.1 Natural Gas Distribution 

Natural gas distribution varies greatly depending on the companies and contracts 

involved. Some of the needed processing may be done at or near the wellhead, however the 

complete processing of natural gas typically occurs a nearby processing plant. After extraction 

the natural gas is transported to these plants through gathering pipelines. The gathering system 

can consist of thousands of miles of pipes, interconnecting the processing plant to up to 100 

wells in the area (NaturalGas.org 2013). 

 

2.2 Processing 

2.2.1 Overview 

 The processing steps for purifying natural gas from raw shale gas can vary depending on 

the composition of the raw shale gas. However a common scheme is shown below (see Figure 4). 

Generally condensates (oil), and free water are removed first. Then acid gases (CO2, and H2S) 

are removed via amine sweeting. Dehydration is then done to remove water, followed by 

mercury, and nitrogen removal (if needed). Next methane is separated from the other 

hydrocarbons or natural gas liquids (NGLs). Finally NGLs are fractionated as they typically have 

high economic value.  
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Figure 3: Shale Gas Processing, adapted from (Al-Douri, Sengupta et al. 2017) 
 
 
 

2.2.2 NGL Recovery Process Designs 

 There are a number of different proposed process schemes used to process natural gas in 

literature. Many of these schemes have focused on different ways to separate methane from 

NGLs. The industry standard for this process is the turboexpander process scheme shown below 

(Figure 4).  
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Figure 4: Turboexpander Process Scheme, adapted from (Getu, Mahadzir et al. 2013) 
 
 
 

 The key feature of this scheme is the turboexpander, C-100, which recovers work done 

by the gas in stream 13 whose pressure needs to drop before entering the demethanizer column 

(T-100). Compressors C-101 and C-102 are used to recompress the distillate coming off the 

demethanizer column, which needs to be brought up to the pipeline specification pressure 

(typically 900 psia). Thus the turboexpander allows this work to be recovered in C-101 to reduce 

the horsepower requirements of C-102 (ProMax 2017). This scheme results in significant 

operating cost savings because recompression is responsible for 25-50% of a gas plant’s cost 

(Elliot, Yao et al. 1999).  

 Another key feature of this process scheme is the low temperature splitter, V-100, which 

splits the feed coming into the column into a vapor fraction that is fed to the turboexpander and a 

liquid stream (stream 9) that is fed to a lower stage of the column. Despite reduced flow entering 

the expander, after expansion this stream (stream 11) is at a colder temperature, which results in 
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improved ethane recovery at a higher column pressure further reducing recompression 

requirements. It also allows the column to operate at a higher temperature (since stream 9, which 

typically consists of 65-70% of the flow, enters the column at a warmer temperature), reducing 

the risk of CO2 freezing in the column (Elliot, Yao et al. 1999). 

 Despite the significant advantages of the turboexpander process scheme there are several 

drawbacks. For one CO2 freezing may become a significant risk in the demethanizer column 

particularly when operating at low pressure and temperature, the conditions that maximize 

ethane recovery (Lynch, Cairo et al. 2002). Further ethane recovery may be reduced even more 

because ethane may be entrained in the distillate since the expander process acts as a stripper 

with no rectification step (Getu, Mahadzir et al. 2013). This scheme also has reduced operational 

flexibility and lower methane recovery in dealing with lean (low NGL content) feeds and may 

require equipment modifications in these cases (Rahman, Yusof et al. 2004). 

 To counteract these disadvantages several alternative process schemes have been 

proposed. The most well-known of these schemes are the gas sub-cooled process (GSP) (Figure 

5), cold residue process (CRR) and recycle vapor split process (RSV) all developed by the Orloff 

Engineers Ltd., and the IPSI-1 and IPSI-2 enhanced NGL recovery processes developed by the 

IPSI company.  
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Figure 5: The Gas Sub-Cooled Process, adapted from (Getu, Mahadzir et al. 2013) 
 
 
 

 Ethane recovery from the demethanizer column is a function of the temperature at the top 

of the column at a given operating pressure. Lower temperatures at the top of the column result 

in greater ethane recoveries because more under these conditions ethane becomes less volatile 

and thus less ethane leaves as distillate. However at lower temperatures CO2 freezing becomes 

more likely. The GSP addresses this issue by flashing stream 17 resulting in a warmer stream 

(stream 19) entering the column. This scheme also reduces the loss of ethane due to entrainment 

because NGLs are first stripped in V-101 allowing stream 19 to better absorb ethane components 

in the rising vapor in the column. This results in greater ethane recovery (Campbell and 

Wilkinson 1981). Ethane recovery of more than 95% may be achieved (Rahman, Yusof et al. 

2004). 
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Figure 6: Cold Residue Process, adapted from (Getu, Mahadzir et al. 2013) 
 
 
 

 The cold residue process (Figure 6), also called the cold residue gas-recycle process, is 

similar to the GSP scheme however it reduces operating costs, while also increasing ethane 

recovery. The split stream 23 in the GSP scheme reduces the power recovered by expander C-

100, which results in higher recompression costs compared to the turboexpander process. The 

CRR scheme address this issue by creating a leaner top reflux stream. The additional compressor 

in this process, C-103, reduces the recompression needed by the distillate. This compressor also 

increases ethane recovery by sending a virtually ethane free reflux to the column, stream 19, 

which can better pick up ethane components flowing up as vapor in the column and send them 

out the bottom of the column (Campbell, Wilkinson et al. 1989). Ethane recovery may exceed 

99% using this scheme (Wilkinson and Hudson 1992). However a major drawback of this 

scheme is the increased capital cost of the additional heat exchangers and compressors. 
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Figure 7: The Recycle Vapor Split Process, adapted from (Getu, Mahadzir et al. 2013) 
 
 
 

 The RVS process (Figure 7) is very similar to the CRR process and obtains similar ethane 

recoveries without the need for an additional compressor, reducing capital cost (Hudson, 

Wilkinson et al. 2001). This achieved by overcoming the vapor-liquid equilibrium limitation by 

recycling a portion of the distillate (stream 21) resulting in a leaner feed at the top of the tower 

(stream 15). This gives the further advantage that the column can switch between high and low 

ethane recovery depending on market conditions. Also compared to the GSP design, the CRR 
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and RSV designs have reduced CO2 freezing risk and can operate at higher pressures, resulting in 

less need for recompression, reducing operating costs (Pitman, Hudson et al. 1998).  

 Unlike the GSP, CRR, and RSV process designs, which focus on improving the quality 

of the feed or reflux to the top of the demethanizer column, the IPSI-1 and IPSI-2 process 

schemes focus on the bottom of the demethanizer column.  

 The IPSI-1 process, uses a number of pump around streams that significantly reduce the 

energy requirements of the demethanizer reboiler (Yao, Chen et al. 1999). External refrigeration 

used in the turboexpander and other process schemes discussed is not needed the IPSI-1 scheme 

because the pump around streams reduce the temperature column since these streams, 

particularly PA2’ are high in NGLs (Bai, Chen et al. 2006). Additionally stripping the 

components in stream PA2’ increases their relative volatility in the column, giving more efficient 

separation and greater NGL recovery. 

 The IPSI-2 process improves upon the IPSI-1 process by using one open refrigeration 

cycle (in addition to a closed one) instead of two closed cycles. The open cycle further reduces 

the need for external refrigeration particularly for very rich (high NGL) feeds (Mehrpooya, 

Vatani et al. 2010).  

2.2.3 Fractionation Train Process Designs 

 Many different approaches have been taken to the separation of NGLs into their 

component parts. The most common approach to remove the fractions of NGLs from lightest to 

heaviest. Figure 8 below shows this sequence of columns.  
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Figure 8: Fractionation Train for NGLs 
 
 
 
 The advantage of this method is typically the lightest fractionations are found in higher 

quantities in the raw shale gas feed (Bullin and Krouskop 2009). Therefore the flow rate of 

ethane coming into the unit is higher than that of propane, which is higher than that of the 

butanes and so on. In theory it is possible to reverse the sequence of the columns to that the 

heavier components are removed first, however this would make no sense in terms of capital and 

operating costs. In this case columns would have to be larger to handle increased flow, and 

reboilers and condensers would have greater heat duties also due to the larger flows.  

 There are two major disadvantages of this approach. For one many columns, and their 

associated reboilers, condensers, and pumps are required. This presents an opportunity to reduce 

fixed costs by reducing the size and quantity of equipment. Also there is the potential to reduce 

operating costs. Petlyuk and dividing wall columns (DWCs) both address these two issues (see 

Figures 9-11). 
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Figure 9: Conventional Distillation,  reprinted from (Pendergast, Vickery et al. 2008) 
 
 
 

 

Figure 10: A Petlyuk Column, reprinted from (Pendergast, Vickery et al. 2008) 
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Figure 11: A Dividing Wall Column, reprinted from (Pendergast, Vickery et al. 2008) 
 
 
 

 In a Petlyuk column capital costs are saved because there is only a prefractionator and 

one column as opposed to the need for multiple columns in the case of the fractionation train 

conventionally used. Also operating costs are saved because less heating is required from 

reboilers and condensers than in the traditional arrangement. In the conventional arrangement 

component B reaches a maximum concentration somewhere in the first column and this 

separation is lost when it is remixed with C at the bottom of the column. The prefractionator in 

the Petlyuk column does this same separation but instead of a sharp separation between A and B 

the separation is less sharp requiring less energy and remixing is minimized, both of which save 

on energy costs (Jansen, Dejanovic et al. 2016). A dividing wall column is simply an extension 

of the Petlyuk column where the prefractionator and main column are incorporated into one unit.  

 The use of dividing wall columns for NGL fractionation has been extensively studied 

(Halvorsen, Dejanovic et al. 2016) (Long and Lee 2013). However there are several major 

drawbacks for these type of columns. For one design of these columns is much more complex 
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than for conventional distillation columns because the greater number of degrees of freedom 

makes it a non-linear programming problem, which cannot be solved using commercially 

available process simulators (Long and Lee 2013). Also because divided wall columns are so 

highly integrated process control is more complex (Pendergast, Vickery et al. 2008). Typically 

column operation is controlled by setting the reflux ratio, however for DWCs there many of the 

reflux ratios are found within the column and thus control is much more difficult. This difficulty 

in control makes handling compositional variability much harder.  

 

2.2.4 Process Intensification Process Designs 

 Another possibility is the use of process intensification. Process intensification in general 

is a process that retains its primary process objectives while improving safety, physical plant size 

and/or other parameters (Ponce-Ortega, Al-Thubaiti et al. 2012).  

 

2.3 Design under Uncertainty 

 Uncertainties are a major challenge in the design and operation of industrial plants and 

related operations. Two widely used approaches to design under uncertainty in the literature are 

stochastic programming and robust optimization (Sahinidis 2004) (Grossmann, Apap et al. 

2016). These approaches provide a framework for dealing with uncertainty. In stochastic 

programming there are a finite number of cases with a known probability distribution. This 

approach is considered risk neutral. Modeling with stochastic programming may be 

computationally difficult for a large number of cases. Decomposition algorithms are commonly 

used to ease computational difficulties (You and Grossmann 2013). Stochastic programming is 
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best suited for long-term design and scheduling problems with a known uncertainty probability 

distribution. These projects include projects on water availability for shale gas production (Yang, 

Grossmann et al. 2014) (Fernando, Lira-Barragan et al. 2016) and the quantity of potentially 

recoverable shale gas within a well (You, Wassick et al. 2009).  

 By contrast robust optimization is risk-averse approach. A set of uncertainty parameters 

are defined, and then designs are chosen to minimize the possibility of the worst-case scenarios 

(Ben-Tal and Nemirovski 2002). Robust optimization is usually used for short-term problems, 

especially when worst-case scenarios are not permissible (Shi and You 2016).  

 Stochastic programming usually gives better average results than robust optimization 

because it is less risk-averse (Gao and You 2017). However, stochastic programming requires 

precise probability distribution information, which is rare to have. Often only a small set of 

historical data is available, which may not be representative. This challenge may present an 

opportunity for the use of big data analytics and machine learning coupled with stochastic 

programming. Instead of assuming a known probability distribution, a confidence set is built 

such that the population distribution of uncertainty lies within this set. The set may be 

constructed in a number of ways, for example a moment-based approach, where moment 

measures such as the covariance and mean can be taken from historical data and used to 

construct the confidence set (Delage and Ye 2010).  

 Optimization techniques, such as stochastic programming and robust optimization, may 

be paired with other analysis techniques, and used to consider additional factors beyond cost. For 

instance sensitivity analysis and Monte Carlo simulation was paired with optimization for 

solvent selection under uncertain solvent prices while taking into consideration safety risk factors 

(Kazantzi, El-Halwagi et al. 2013).  
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2.4 Safety Indices  

 The goal of process design includes not only creating a process that is profitable, but also 

one that is safe. The goal of process safety is to reach a certain safety level as defined by risk 

acceptance criteria, company image, regulations and economics (Hurme and Rahman 2005). The 

goal should to be implement safety principles into the early stages of process design, before 

changes in design become more costly and difficult to make (Kidam, Sahak et al. 2016). The 

concept of inherent safety aims to do just this, by eliminating or reducing the sources of hazards 

in a chemical plant, therefore reducing the severity and likelihood of process safety incidents 

(Khan and Amyotte 2005).  

 One challenge of implementing inherent safety is the lack of information in early design 

stages. Most existing safety assessment tools are used retroactively, after the process design is 

completed or near completion (Hurme and Rahman 2005). In order to quantify the inherent 

safety of alternative process designs during the early design stages, a number of safety indices 

have been developed. Table 2 below shows some of the most significant of these indices.  

 
 
 
Table 2: Safety Indices, adapted from (Rahman, Heikkila et al. 2005) 
Index Description 

Dow Fire and Explosion Index (F&EI) The first reported index in literature, F&EI is 

based on material and process conditions.  

Dow Chemical and Exposure Index Here toxicity of chemicals is included. 
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Table 2: Continued 
Index Description 

Prototype Index for Inherent 

Safety (PIIS) 

This index includes inventory, flammability, explosiveness, 

toxicity, process conditions, and yield for chemical reactions. 

Inherent Safety Index (ISI) This index includes a chemical and physical property and an 

operating condition sub-index. 

i-Safe Index i-Safe compares process using sub-indices from PIIS and ISI. 

Process Route Index (PRI) PRI uses simulation results to estimate hazards for different 

synthesis routes. 

Process Stream Index (PSI) An extension of PRI, this index is used to identify the most 

hazardous streams for a given process route. 

Hazard Identification and 

Ranking (HIRA) 

The HIRA index incorporates thermodynamic properties and 

expert opinions.  

Integrated Inherent Safety 

Index (I2SI) 

This approach includes a cost component for damage to 

property and humans. 

 

2.5 Sensitivity Analysis 

 Sensitivity analysis is used to determine how different values of an independent variable 

affect a dependent variable, and therefore can be used to determine which independent variables 

are most important. 
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3. PROBLEM STATEMENT 

 One of the key challenges with shale gas is the wide variability in its composition and 

flow rate. The composition and flow rate, both between wells, and within the same well over 

time, can differ significantly. This is a challenge when designing a plant of optimal size. In 

general plants with larger process equipment are more flexible, and are able to handle a wider 

range of inlet compositions, however these plants also have higher fixed and operating costs.  
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Figure 12: Representation for the Uncertainties in Gas Processing 
 
 
 
The problem studied in this work can be stated as follows.  

Given are the following: 

• A set of shale gas wells producing a total of 150 MMSCFD of gas at a known 

temperature and pressure 

• A known set of feedstock and product prices 
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• A varying composition of gas 

The following is required:   

• A base case process design 

• An economic evaluation of the proposed design 

• An economic evaluation of modifications needed to the base case design to treat varying 

compositions of gas 

• An evaluation of the proposed design and modifications using a safety index 

Next the projected is further extended by: 

• Evaluating the effect of varying product and feedstock prices and seeing the effect on 

process economics  
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4. METHODOLOGY 
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Figure 13: Flowchart for Methodology  
 
 
 

4.1 Compositional Data 

 Figure 13 above shows the proposed methodology. First compositional data for shale gas 

from the Barnett Shale play was obtained (Hill, Jarvie et al. 2007). These data include mole % of 

the following compounds: nitrogen, oxygen, carbon dioxide, hydrogen, methane, ethane, 

propane, butanes (n-butane and i-butane), and pentanes (n-pentane, i-pentane, and neopentane). 

This data was adapted to include only the hydrocarbons, and carbon dioxide, by normalizing the 

values.  
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4.2 Selection of Cases 
 
 
 
Table 3: Feed Probabilities 
Feed Type Probability of Type 

Type 1 7.50% 
Type 2 28.33% 

Type 3 28.33% 

Type 4 28.33% 

Type 5 7.50% 

Total 100.00% 

 
 
 

 Using the compositional data from the Barnett shale play the probability of obtaining 

each feed entering was estimated. Feeds were classified by methane composition as shown in 

Table 3. Once classified, 6 cases were chosen among the 5 feed types. One of each type was 

chosen, except for type 3 where 2 cases were chosen since this is the most likely feed type. Also 

because this feed type is the most common, the base case was chosen from this feed type. Table 

4 below shows the cases considered, where Feed #4 is the base case. 
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Table 4: Raw Shale Gas Properties 
Composition (mole %) Feed #1 Feed #2 Feed #3 Feed #4 Feed #5 Feed #6 

Methane 94.11 83.62 79.76 77.78 71.94 56.34 
Ethane 2.59 7.54 11.62 9.42 11.55 16.13 

Propane 0.02 4.68 5.08 7.26 9.60 16.06 

n-Butane 0.25 2.11 1.60 2.65 3.15 4.96 

i-Butane 0.26 1.08 0.94 1.27 1.61 2.62 

n-Pentane 0.02 0.30 0.30 0.60 0.82 1.60 

i-Pentane 0.03 0.30 0.38 0.53 0.76 1.44 

Neopentane 0.00 0.00 0.00 0.00 0.02 0.04 

Carbon Dioxide 2.71 0.38 0.32 0.49 0.56 0.81 

 
 
 

4.3 Assumptions 

 The assumptions made for the case simulations were that inlet feeds will all enter the 

processing plant at a standard vapor volumetric flow of 150 million standard cubic feet per day 

(MMSCFD), 100 °F, and 1000 psig. Although the flow rate, temperature and pressure of shale 

gas coming out of the well can vary significantly, it was assumed that wellhead gas is sent to a 

centralized processing facility where on average the gas sent to processing would have a 

relatively constant flow rate, temperature and pressure, and that only composition would vary. 

Additionally it was assumed that the feedstock gas is saturated with water. It is common for gas 

to be saturated with water because water is sent down the well to maintain well pressure. It is not 

uncommon for there to also be free water in the incoming gas stream, however this is easily 

removed using a knockout drum on the front end of the process at minimal cost. 
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4.4 Specifications 

 Natural gas specifications are typically individually negotiated between producers and 

purchasers and may vary depending on end use, climate conditions, the pipeline, and other 

factors, however the GPSA Handbook gives some common specifications that will be used for 

this project (Table 5) (Association 2004). Tables 6-9 give the specifications used for the NGLs 

(Association 2004, LLC 2013).  

 
 
 
Table 5: Typical Pipeline Quality of Natural Gas from the GPSA Handbook: 

Compound Minimum Maximum 

Hydrocarbons 

Methane 75 mole % - 

Ethane - 10 mole % 

Propane - 5 mole % 

Butanes - 2 mole % 

Pentanes and Heavier - 0.5 mole % 

Acid Gases 

Carbon Dioxide - 3 mole % 

Hydrogen Sulfide - 0.3 g/100 SCF 

Trace Components 

Nitrogen and Other Inerts - 3 mole % 

Water Vapor - 5.0 lb/MMSCF 

Oxygen - 1.0 mole % 

Other Characteristics 

Heating Value, BTU/SCF 950 1150 
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Table 6: Typical High Purity Ethane Specifications from the GPSA Handbook: 
Compound Minimum Maximum 

Hydrocarbons, mass % 

Methane - 2.5 

Ethane 90.0 - 

Propane - 6.0 

Butanes & Heavier - 2.0 

 
 
 
Table 7: Typical Commercial Propane Specifications from the GPSA Handbook: 
Compound Minimum Maximum 

Hydrocarbons, liquid volume % 

Propane 90.0 - 

Butanes & Heavier - 2.5 

 
 
 
Table 8: Typical Iso-Butane Specifications from Lone Star: 

Compound Minimum Maximum 

Hydrocarbons, liquid volume % 

Propane - 3.0 

Isobutane 96.0 - 

 
 
 
Table 9: Typical Normal Butane Specifications from Lone Star: 

Compound Minimum Maximum 

Hydrocarbons, liquid volume % 

Propane - 0.35 

Isobutane - 6.0 

Normal Butane 94.0 - 

Pentanes & Heavier - 1.5 
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4.5 Simulations 

 ProMax simulation software, a product of Bryan Research & Engineering, was used to 

simulate this process. The scenario tool in ProMax was used to run simulations for differing 

compositions of raw shale gas. Specifically, the scenario tool was used to vary the composition 

of the various components, and see if the base case design could achieve the typical specs shown 

in Tables 5-9. 

  

4.6 Base Case Design 

 

 Below follows a description of the processes used for the base case. Modifications made 

to other cases are discussed in the results section. 

 

4.6.1 Glycol Dehydration Process 
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Figure 14: Glycol Dehydration Process 
 
 
 
 The goal of the glycol dehydration process (Figure 14) is to remove water from the gas to 

permissible levels. Water can form hydrates with natural gas components such as methane, 

ethane, carbon dioxide, or others. In addition water can freeze at low temperatures found in later 

processing steps, or form dry ice. In any case these solids can plug piping, and separation units. 

Triethylene glycol (TEG) is the most commonly used solvent in industry to remove water. As 

mentioned previously, the gas coming into the process is assumed to be saturated with water, 

which is accomplished via the saturator block. This process basically contains two loops the 

contactor loop (where the gas is contacted with TEG to remove water) and the regenerator loop 

(where water is removed from the TEG so it can be recycled back to the contactor). 
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4.6.2 Turboexpander Process 

 
 
 

 
Figure 15: Turboexpander Process 
 

 
 
 The way hydrocarbon gases are separated in industry is using a 

turboexpander/refrigeration process (Figure 15). As mentioned previously these hydrocarbons 

must be removed because they can form hydrates with water, which can plug pipping. The NGLs 

are removed in the demethanizer.  

 A key feature of this unit is the turboexpander, which is used to recover some of the work 

done by the gas in stream 19 to reduce the pressure of stream 11 to the column pressure. Another 

key feature of the unit is the compact (brazed aluminum) heat exchangers. These exchangers can 

achieve much closer approach temperatures and can operate at much lower temperatures than 

can shell & tube exchangers (Polasek, Donnelly et al. 1989). 
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4.6.3 Fractionation Train 
 
 
 

 
Figure 16: Fractionation Train 
 
 
 
 After the turboexpander process to separate the predominately methane stream (sales gas) 

from the NGLs, the NGLs may be further separated into their components. This process may or 

may not be profitable depending on the price of these components. The separation of NGLs is 

referred to as the fractionation train (Figure 16).  

 

4.7 Economic Evaluation  

4.7.1 Fixed Cost and Variable Cost Estimation 

 

 To estimate the fixed costs of the different processing units (dehydration, turboexpander, 

and fractionation train) Aspen process economic analyzer was used to find the purchased 

equipment costs. The Hand Factor to was utilized to account for installation, and other costs. The 

fixed cost investment (FCI) for each processing unit was then estimated (El-Halwagi 2012).  
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!"#! = ! !!!"#$!!!"#$!!"#$
!!"#$%&!'(

!!!
 

Where FCIi = fixed capital investment for a given processing unit, !!!"#$= Hand factor for 

equipment q and !!!"#$!!"#$= the purchased cost of equipment q 

 Variable costs consist of energy utility costs, operating labor, maintenance, operating 

charges, plant overhead, general and administration costs, material utility, and raw material 

costs. Energy utility costs were estimated by multiplying by the estimated electricity, or heat 

duty from process simulations by the rate per kWh (for electricity) (Institute 2016) or per 

MMBtu (heat duty) (EIA 2017). Operating labor costs were estimated using Bureau of Labor 

statistics for wages (Statistics 2016, Statistics 2016) and the following equations for estimating 

the number of workers based on the number of processing steps: 

!!" = !"#$%&'() 

Where Nnp = the number of non-particulate processing steps 

!!" = (6.29+ 31.7 ∗ !! + 0.23 ∗ !!")!.! 

Where NOL = the number of operators per shit, P = the number of processing steps where 

particulate solids are handled 

 Maintenance was assumed to be 5% of FCI (El-Halwagi 2012), while operating charges 

were assumed to be 25% of operating labor costs, and plant overhead was assumed to be 50% of 

operating labor and maintenance costs (Aspentech 2012). General and Administrative costs were 

assumed to be 8% of the sum of the other variable costs (Aspentech 2012). 

 The only material utility cost for this process is triethylene glycol (TEG), which is used 

for water removal. The needed quantity of TEG is purchased at the beginning of the project; this 
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cost is included in the working capital investment per the methods of El-Halwagi (El-Halwagi 

2012). Over time some TEG may need to be made up with fresh TEG. This rate of lost TEG was 

determined from the Pro Max simulation, and then using price of TEG (Business 2008), and this 

flow rate, the material utility cost was determined.  

 The only raw material for this process is the extracted shale gas. The cost of extracting 

this shale gas can differ greatly depending on the reservoir characteristics, existing pipeline 

network and many other factors (EIA 2016). This makes estimating this price very difficult, 

however a report from KLR Group reported a median price for shale gas in the U.S. of 

$3.50/MSCF (Group 2016). This value was used for each incoming feed, regardless of 

composition.  

 

4.7.2 Changes in Fixed and Variable Costs 

 Additional cases were fed through the base case process design and any needed 

modifications were made to meet product specifications. Therefore fixed and variable costs were 

first estimated as before, and then only the change in each of these costs were used in the 

subsequent calculations. For fixed costs the change was only used in the cases where the costs 

were higher, since the need for smaller equipment does not result in any savings for an existing 

plant. 

 

4.7.3 Revenue 

 The revenue for the product streams (methane, ethane, propane, and n-butane) was 

calculated using pricing data from the Bloomberg terminal located on West Campus (Bloomberg 
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2017). A stream factor of 0.96 was applied to account for the fact plants are occasionally down 

for maintenance, and other shutdowns. Table 10 below shows the price of each component: 

 
 
 
Table 10: Price of Different Commodities 
Commodity Units Base Case 

Feedstock $/MSCF 3.50 

Sales gas $/MSCF 2.98 

Ethane $/gal 0.262 

Propane $/gal 0.632 

n-Butane $/gal 0.691 

 

 

 

4.7.4 Economic Calculations 

 Once the base case fixed and variable costs are estimated, the next step of the project was 

to calculate the return on investment (ROI). To find ROI first the total fixed capital investment 

(FCI) is found: 

!"# = ! !"#! 

 Next the working capital investment (WCI) and total capital investment (TCI) are found, 

where WCI is assumed to be 15% of FCI: 

!"# = !"# +!"# 

 Next the annualized fixed cost (AFC), also known as depreciation, is found: 

!"# = !"# − !"#!
! ! 
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Where FCIS = the salvage value of the FCI (assumed to be 10% of FCI), and N = plant lifetime 

(assumed to be 10 years) 

 The annualized operating cost (AOC) is found in a similar way:  

!"# = ! !"! 

Where VCi = total variable cost for each process unit 

 Finally the total annualized cost (TAC) is found from: 

!"# = !"# + !"# 

 Annual income is calculated next:  

!""#$%!!"#$%& = !""#$%!!"#$!!!"!!"#ℎ!"# + !""#$%!!"#$!!!"!!"#$ 

 Next the annual net profit is found: 

!""#$%!!"#!!"#$%&

= ! !""#$%!!"#$%& − !"#$"%&'(&)* − !"# ∗ 1− !"#!!"#$

+ !"#$"%&'(&)* 

Where the tax rate is assumed to be 30%. 

 Finally the return on investment (ROI) is calculated (El-Halwagi 2012): 

 

!"# = !!""#$%!!"#!!"#$%&!"# ∗ 100% 

 For the other cases the calculations are similar, except instead of fixed and variable costs 

only the change in these costs were determined. Also instead of ROI, Incremental ROI (IROI) is 

calculated instead: 

!"#! = !!""#$%!!"#!!"#$%&∆!"# ∗ 100% 
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Where ∆TCI = the change in total investment capital for a given additional case 

 

4.8 Safety Index Calculations 

 The Process Route Index (PRI) was used to evaluate each case in order to incorporate 

safety considerations into the design process. These calculations were done following the method 

Leong and Shariff (Leong and Shariff 2009): 

!"# = !"! !!! ! !!! ! !!! ∆!"!"# /10!! 

Where HVm = average mass heating value (kJ/kg) 

ρ  = average fluid density (kg/m3)  

P = average pressure (bar) 

∆FLmix = average explosiveness (%), where the explosiveness for each stream is UFLmix – 

LFLmix  

!"#!"# = !
1
!!
!"#!

!
!!!

 

!"!!"# = !
1
!!
!"!!

!
!!!

 

 Further, a modified version of the Process Route Index was calculated in order to 

incorporate flow rate, as the equation below shows: 

!"# = !"! !!! ! !!! ! !!! ∆!"!"# !!! ! /10!! 

Where ! = mass flow rate (kg/h) 
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5. RESULTS 

5.1 Potential Profitability Assessment!  

 If inputs are more expensive than outputs for a process there is no way for the process to 

be profitable. So before proceeding further the feedstock cost (the input) that would be needed 

for each case to be profitable (achieve an ROI > 10%) was determined. The results are shown in 

Table 11 below: 

 
 
 
Table 11: Feedstock Cost Needed to Achieve 10% ROI 

  Feed #1 Feed #2 Feed #3 Feed #4 Feed #5 Feed #6 

Feedstock cost ($/MSCF) 2.80 3.54 3.51 3.68 4.11 4.99 
 
 
 
  
 This indicates given the current assumed price of wellhead shale gas $3.50/MSCF there is 

no way Feed #1 can be profitable. 

 

5.2 Dehydration Unit 

 5.2.1 Fixed Costs 

 
 
 
Table 12: Change in Fixed Costs for Additional Cases for the Dehydration Unit 
  Feed #1 Feed #2 Feed #3 Feed #5 Feed #6 

∆Fixed cost (MM$) 0.03 0.02 0.01 0.15 0.61 

 



 

37 

 

 Slight modifications will be needed for each dehydration system because each feed 

differs slightly depending on the amount of water each feed contains (see Table 12). The amount 

of water each feedstock contains was determined by assuming each feed was saturated with 

water. In the case of feeds 1-3 and 5 there is very little difference in the change in capital cost. 

Feed 6 has a higher capital cost because the water in this feed is more difficult to separate, and 

therefore several modifications need to be made to the process. 

 
 
 

 
Figure 17: Addition of a Stripping Heat Exchanger to the Dehydration Unit for Feed #6 
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Figure 18: Addition of a Preheater to the Dehydration Unit for Feed #6  
 
 
 
Table 13: Breakdown of Change in Fixed Costs for Feed #6 for the Dehydration Unit 
Exchangers ∆Equip. Cost   Vessels ∆Equip. Cost 

Gas/Glycol Exchanger $88,200 

 

Makeup Tank $3,390 

Lean/Rich Glycol Exchanger $1,880 

 

Rich Flash Tank $1,790 

Reflux Coil $2,820 

 

Subtotal $5,170 

Stripping Exchanger $31,100 

  

  

Preheater $22,700 

  

  

Subtotal $147,000 

  

  

Pumps ∆Equip. Cost 

 

Towers ∆Equip. Cost 

Makeup Pump $1,030 

 

Glycol Contactor $14,400 

Subtotal $1,030 

 

Glycol 

Regenerator 

$2,730 

  

  

Subtotal $17,100 

Total ∆Purchased Cost $170,000 

 

∆Hand Factor $607,000 

 
 
 
 For Feed 6 removing a sufficient amount of water to achieve the necessary specification 

of 5.0 lb/MMSCF of dry gas is more difficult than for other processes. Thus modifications are 

necessary. The degree of dehydration is mostly dependent on the ability of the regenerator to 



 

39 

 

remove water from the spent glycol (ProMax 2017). In order to aid in this process part of the dry 

gas is injected directly into the reboiler (requiring an extra piece of equipment- the stripping gas 

heat exchanger- see Figure 18). The number of stages in the glycol contactor is also increased 

from 2 for the base case to 4 to help with water removal. Finally a preheater is added onto the 

front of the process in order to ensure all of the wet gas entering the glycol contactor column is 

in the vapor phase (see Figure 17).  

 The addition of these two additional heat exchangers and the increase in the number of 

stages of the glycol contactor account for 40% of the added cost to this unit (see Table 13). 

However the majority of the increase in fixed costs comes from the need to increase the size of 

existing equipment, particularly the gas/glycol exchanger. This is due to the increase in glycol 

flow rate, which is discussed in the variable cost section.  

 

 5.2.2 Variable Costs 
 
 
 

 

Figure 19: Setting the Glycol Solvent Flow for the Dehydration Unit for Feed #6 
 
 
 
Table 14: Change in Variable Costs for Additional Cases for the Dehydration Unit 
  Feed #1 Feed #2 Feed #3 Feed #5 Feed #6 

∆Variable cost (MM$/yr.) 0.00 0.00 0.00 0.00 0.53 
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 Most of the changes in operating conditions are handled using the ProMax solver and 

specifier tools. A specifier was used to set the glycol solvent flow in the dehydration system 

(stream 18 in Figure 19). The glycol flow in sgpm was set as 3 * the mass flow of water fed to 

the glycol contactor (lbm/min). This is typical value for the glycol flow, although the flow rate 

may be as high as 5 * mass flow of water fed to the glycol contactor (ProMax 2017). 

 The variable cost for the dehydration unit is the same for Feeds 1-5, however it is higher 

for Feed 6 (Table 14). As mentioned in Fixed Costs section, this case has issues achieving the 

specified water content specification. In addition to the changes made to the capital equipment, 

the glycol flow is set to the mass flow rate of water fed to the glycol contactor (lbm/min) * 5 

instead of 3 as before. Using more glycol contributes to a higher operating cost for Feed 6. 

 
 
 

 

Figure 20: Setting the Glycol Contactor Inlet Temperature for Feed #6 
 
 
 
 The outlet of the gas/glycol heat exchanger (stream 20- Figure 20) is set to 10 °F above 

the inlet wet gas stream using a specifier. This is effectively the case in the other feeds as well 
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where the inlet wet gas comes in at 100 °F and this outlet stream returns to the glycol contactor 

at 110 °F, however in Case 6 this specifier is needed instead of directly setting the temperature of 

the outlet stream. This is because a preheater is required to heat the stream entering the glycol 

contactor (stream 2) to a higher temperature (137 °F) because otherwise the gas is partly liquid. 

This additional heating adds to the operating cost for this case. 

 
 
 
Table 15: Breakdown of Change in Variable Costs for Feed #6 for the Dehydration Unit 
Energy Utility Cost $485,000 

Operating Labor $0 

Material Utility Cost $4,190 

Maintenance $3,030 

Operating Charges $0 

Plant Overhead $1,520 

Subtotal Operating Costs $494,000 

G + A $39,500 

∆Total $533,000 

 
 
 
 As is illustrated by Table 15, the major change in variable cost for Feed #6 comes from 

the energy utility cost.  
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Table 16: Breakdown of Change in Utility Costs for Feed #6 for the Dehydration Unit 
Electricity   

Makeup Pump $2,600 

Subtotal $2,600 

Heat   

Glycol Regenerator $5,610 

Stripper $1,340 

Preheater $475,000 

Subtotal $482,000 

∆Total Utilities $485,000 

 
 
 
 The vast majority of the change for energy utility costs (98%) comes from the preheater 

(Table 16).  

 

5.3 Turboexpander Unit 

 5.3.1 Fixed Costs 
 
 
 
Table 17: Change in Fixed Costs for Additional Cases for the Turboexpander Unit 

  Feed #1 Feed #2 Feed #3 Feed #5 Feed #6 
∆Fixed cost (MM$) 0.00 0.13 0.36 0.58 2.25 
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Figure 21: Phase Envelope for Feed 1 Before the Demethanizer Column: 
  
 
 
 Feed 1 has no turboexpander or fractionation unit associated with it (Table 17). There are 

so few NGLs in this feed that the gas is already pipeline quality methane except for the quantity 

of water in the gas. Therefore the turboexpander and fractionation train processes are not needed. 

NGLs are very valuable, and therefore it is worth considering keeping these separation units, 

however this is infeasible. For the given inlet pressure, 1000 psig, the stream can never be in the 

2-phase region, and thus it is not possible to remove the NGLs from the gas in a cost-effective 

way (see Figure 21). 
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Table 18: Breakdown of Change in Fixed Costs for Feed #6 for the Turboexpander Unit 

Exchangers ∆Equip. Cost 

 

Compressors ∆Equip. Cost 

Gas/Gas Exchanger $0 

 

Booster Compressor $0 

Reboiler Tubes $37,300 

 

Residue Compressor $36,400 

Side Reboiler $0 

 

Turboexpander $0 

Chiller $28,000 

 

Subtotal $36,400 

Subtotal $65,300 

  

  

Towers ∆Equip. Cost 

 

Vessels ∆Equip. Cost 

Demethanizer $162,000 

 

Low Temperature Separator $321,000 

Subtotal $162,000 

 

Subtotal $321,000 

Total ∆Purchased Cost $585,000 

 

∆Hand Factor $2,251,000 

 
 
 

 

Figure 22: The LTS for the Turboexpander Unit 
 
 
 
 The cost of the turboexpander process for the remaining feeds differs very little, except 

for Feed #6. In general the cost of this unit increases with decreasing methane, and increasing 

ethane content of the feedstock because these compositions make the methane (the light 

key)/ethane (the heavy key) split more difficult. In the case of feed #6 as Table 18 shows almost 

83% of the additional cost comes from the demethanizer and LTS.  



 

45 

 

 The LTS needs to be bigger because the density of stream 10 is much higher (0.376 

g/cm3 for feed #6 compared to 0.158 g/cm3 for the base case) (Figure 22). This is because there 

is a much lower percentage of vapor in this stream compared to the base case (5.76% for feed #6 

compared to 65.1% for the base case). This is mainly due to the fact gas entering the 

turboexpander unit for case 6 is much warmer than for the other cases (140 °F for case 6 vs. 103 

°F for the base case). This is because of the presence of the stripping heat exchanger in the 

dehydration unit for case 6. The demethanizer needs to be significantly larger because this feed 

has significantly more ethane and less methane than the other cases. 

 

 5.3.2 Variable Costs 

 
 
 
Table 19: Change in Variable Costs for Additional Cases for the Turboexpander Unit 
  Feed #1 Feed #2 Feed #3 Feed #5 Feed #6 

∆Variable cost (MM$/yr) 0.00 0.25 0.08 0.46 2.91 

 
 
 
 The Minimum Effective Approach Temperature for the heat exchangers in the 

turboexpander process (the gas/gas exchanger, reboiler tubes, and side reboiler) is set to 3 °F 

using a Promax solver. As mentioned previously these are brazed aluminum heat exchangers that 

can obtain very low approach temperatures, typically about 3 °F (Polasek, Donnelly et al. 1989). 

This results in slight increases in operating costs for Feeds 1-3 and 5 (Table 19).  
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Figure 23: How the LTS Works for the Turboexpander Unit 
 
 
 
 Feed #6 has a significantly higher operating cost for the turboexpander process. The 

outlet stream of the chiller in the turboexpander process (stream 10) is changed from a set point 

of -25 °F to one of -20 °F. This is done in order to prevent all the fluid from condensing. This 

creates an issue because of the way the turboexpander process works. The LTS (Figure 23) 

separates stream 10 into a vapor (stream 11) and liquid phase (stream 12) in order to recover the 

work associated with the pressure drop in the turboexpander unit, therefore if there is no vapor, 

there is no work to recover, and the simulation fails to converge.  
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Table 20: Breakdown of Change in Variable Costs for Feed #6 for the Turboexpander Unit 
Energy Utility Cost $2,674,000 

∆Operating Labor $0 

∆Maintenance $11,000 

∆Operating Charges $0 

∆Plant Overhead $5,600 

Subtotal Operating Costs $2,691,000 

G + A $215,000 

∆Total $2,906,000 

 
 
 
Table 21: Breakdown of Change in Utility Costs for Feed #6 for the Turboexpander Unit 
Electricity   

Residue Compressor $0 

Subtotal $0 

Refrigerant   

Chiller $2,674,000 

Subtotal $2,674,000 

∆Utilities $2,674,000 

 
 
 
 Tables 20-21 above show that almost all of the increase in the operating costs for this 

case are due to the increased chiller duty. So if the outlet temperature of the chiller has been 

reduced from -25 to -20 °F, then why has the chiller duty increased? This is mainly due to the 

fact that gas entering the turboexpander unit for case 6 is much warmer than for the other cases, 

due to the need for the stripping exchanger in the dehydration unit as discussed previously.  
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5.4 Fractionation Unit 

 5.4.1 Fixed Costs 
 
 
 
Table 22: Change in Fixed Costs for Additional Cases for the Fractionation Unit 
  Feed #1 Feed #2 Feed #3 Feed #5 Feed #6 

∆Fixed cost (MM$) 0.00 0.10 0.60 3.08 11.44 

 
 
 
 The fractionation unit is the section where the greatest difference in fixed costs are (Table 

22). This is hardly surprising because the cost correlates with the quantity of NGLs in each 

feedstock. The greater the quantity of NGL in each feedstock, the greater the flow rate coming 

into the fractionation train. Table 23 below illustrates this for each feed.  

 
 
 
Table 23: Flow Rate of Each Feed Entering Each Fractionation Train (MMSCFD) 
Feed #1 Feed #2 Feed #3 Feed #5 Feed #6 

0.0 20.8 23.2 34.9 56.9 

 
 
 
 Greater flow rate means larger process equipment (columns, reboilers, condensers, and 

pumps) are required.  

 

 5.4.2 Variable Costs 

 
 
 
  



 

49 

 

Table 24: Change in Variable Costs for Additional Cases for the Fractionation Unit 
  Feed #1 Feed #2 Feed #3 Feed #5 Feed #6 

∆Variable cost (MM$/yr.) 0.00 0.00 0.12 0.84 4.84 

 
 
 
 However, as was the case with the fixed costs, the biggest difference in operating costs 

comes from the fractionation train. This is again due to the larger flow rates for the higher NGL 

feeds as shown in Table 24. 

 

5.5 Revenue Comparison of Cases 
 
 
 
Table 25: Revenue for Each Feed (MM$/yr.) 
  Feed #1 Feed #2 Feed #3 Feed #4 Feed #5 Feed #6 

Sales gas revenue (MM$/yr.) 147.39 130.75 124.64 121.21 112.39 87.70 
NGL revenue (MM$/yr.) 0.00 68.75 73.43 89.76 120.43 197.95 

Total revenue (MM$/yr.) 147.39 199.50 198.07 210.97 232.82 285.65 

 
 
 
Table 26: NGL Composition of Feeds (mole %) 
Composition (mole %) Feed #1 Feed #2 Feed #3 Feed #4 Feed #5 Feed #6 

Ethane 2.59 7.54 11.62 9.42 11.55 16.13 
Propane 0.02 4.68 5.08 7.26 9.60 16.06 

n-Butane 0.25 2.11 1.60 2.65 3.15 4.96 

i-Butane 0.26 1.08 0.94 1.27 1.61 2.62 

n-Pentane 0.02 0.30 0.30 0.60 0.82 1.60 

i-Pentane 0.03 0.30 0.38 0.53 0.76 1.44 

Neopentane 0.00 0.00 0.00 0.00 0.02 0.04 

Total NGLs 3.17 16.01 19.92 21.73 27.51 42.85 
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 The prices for each product are listed in Table 10: Price of Different Commodities in the 

Methods section. The sales gas revenue refers to the primarily methane fraction taken off the top 

of the demethanizer column. As expected this revenue increases with an increasing amount of 

methane in the initial feed (see Tables 25-26). Similarly an increasing amount of NGLs in the 

feed results in increasing NGL revenue. In general total revenue increases with an increasing 

quantity of NGLs in the feed.  

 
 
 
Table 27: Effective Prices for Products ($/gal) 

Commodity Units Base Case 

Sales gas $/gal 0.08 

Ethane $/gal 0.262 

Propane $/gal 0.632 

n-Butane $/gal 0.691 

 
 
 
 Methane sales prices are typically reported in $/MSCF however a quick calculation can 

convert this into $/gal. For all the feeds the pressure of the sales gas is set at 900 psig. While the 

temperature of this stream is not set, the temperature does not vary much between the different 

cases. Therefore the $/gal can be calculated for the sales gas. This works out to $0.08/gal, which 

is significantly less than for the NGLs. This explains why feeds with high NGL content generate 

a higher revenue, because even though there is more methane in each feed than NGLs, the NGLs 

have much higher value (as shown in Table 27).  
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5.5.1 Return on Investment Comparison of Cases 

 As discussed previously the base case was considered the existing plant. The other feeds 

in this study were considered from a standpoint of are any needed modifications to the existing 

plant justified by amount of additional revenue made. This was assessed by calculating the 

Incremental Return on Investment (IROI). The results are displayed in Table 28 below. 

 
 
 
Table 28: Incremental Return on Investment for Additional Cases 
  Feed #1 Feed #2 Feed #3 Feed #5 Feed #6 

∆Annual net profit (MM$/yr.) -25.60 10.71 9.76 33.40 66.15 
∆Total capital investment (MM$/yr.) 0.03 0.29 1.15 4.48 16.82 

Incremental ROI (%) -76400% 3720% 850% 750% 390% 

 
 
 
 As discussed in earlier sections, the higher methane composition feeds generally require 

fewer modifications to the existing plant both in terms of fixed and variable costs. As a result the 

total capital investment change for these feeds is very low. However the additional annual net 

profit for these feeds is also low. The necessary modifications are justified economically, using 

the criteria of IROI > 10%, except for the high methane case (feed #1). This is because the 

additional revenue for feed #1 is less than is the cost of the feedstock. When inputs are worth less 

than outputs, there is no way to make money.  

 However some feeds are more likely to occur than others (Table 29). To obtain a more 

accurate picture of whether or not each stream is worth treating its IROI is multiplied by the 

probability for it to occur. The frequency of feed type was determined from the data and is 

displayed in the table below.  
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Table 29: Feed Probabilities 
Feed Feed Type Probability of Type Normalized Probability 

Feed #1 Type 1 7.50% 5.84% 
Feed #2 Type 2 28.33% 22.08% 

Feed #3 Type 3 28.33% 22.08% 

Feed #4 Type 3 28.33% 22.08% 

Feed #5 Type 4 28.33% 22.08% 

Feed #6 Type 5 7.50% 5.84% 

  Total 128.32% 100.00% 

 
 
 
 Next the IROI based on probability of occurrence was calculated (Table 30).  
 
 
 
Table 30: IROI Based on Feed Probability 

 

Feed 

#2#3#2#2

Kl#2#2#2 

Feed #3 Feed #5 Feed #6 

IROI based on probability 820% 241% 211% 23.0% 

 
 
 
 As can be seen all of the listed feeds are still worth treating based on the IROI > 10% 

criteria. 

 Based on the likelihood of each feed the total expected Return on Investment (ROI) is 

calculated. Next the total ROI calculated for these 6 feeds based on their likelihood to occur. 

This was done using the following formula (where the subscript f denotes feed):  

!"#$%!!"# = ! !! ∗ !""#$%!!"#$%&!!
!

!"#!"!#$
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 Performing this calculation the total ROI is found to be 44.90%, which is greater than the 

29.36% for treating only the based case as expected from the IROI calculations.  

 

5.6 High Acid Gas Case 

 The goal of considering this case is to determine if the additional processing needed for a 

gas with a high acid loading would significantly affect the economics of treating such a stream. 

This inlet composition of this case was chosen such that the methane and NGL content would be 

similar to that of the base case (Table 31).  

 
 
 
Table 31: High Acid (HA) Gas Feed Composition 
Composition (mole %) HA 

Feed 
Methane 74.35 
Ethane 9.00 
Propane 6.94 
n-Butane 2.54 
i-Butane 1.22 
n-Pentane 0.57 
i-Pentane 0.51 
Neopentane 0.00 
Carbon Dioxide 4.78 
Hydrogen Sulfide 0.10 
 



 

54 

 

 

Figure 24: Acid Gas Removal Unit 
 
 
 
 Figure 24 above shows the acid gas removal unit used for this process. This unit is very 

similar to the dehydration unit, in that both units consist of two loops, one where solvent is 

contacted with gas that needs to be treated, and a second where solvent is regenerated. In the 

case of acid gas removal, the solvents (MDEA and piperazine) remove acid gases, CO2 and H2S, 

from the incoming sour gas in the absorber column and the solvents are stripped of the impurities 

in the stripper.  

5.6.1 Acid Gas Removal  

5.6.1.1 Fixed Costs 
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Table 32: Fixed Costs for the High Acid Gas Case for the Acid Gas Removal Unit 
  Feed #1 

Fixed cost (MM$) 4.34 

 
 
 
5.6.1.2 Variable Costs 
 
 
 
Table 33: Variable Costs for the High Acid Gas Case for the Acid Gas Removal Unit 
  Feed #1 

∆Variable cost (MM$/yr.) 1.43 

 
 
 
The fixed and variable costs for the acid gas removal unit are shown in Tables 32-33. 

5.6.2 Dehydration 

5.6.2.2 Fixed Costs 

Table 34: Change in Fixed Costs for the High Acid Gas Case for the Dehydration Unit 
  Feed #1 

∆Fixed cost (MM$) 0.77 

 
 
 
 The additional fixed cost from the dehydration unit is more than for the other cases 

(Table 34). This is because there is a lot more water coming into this dehydration unit, than for 

other processes as seen below. 
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Table 35: Flow rate of water entering the dehydration unit (lb water/MMSCFD gas) 
Feed 

#2 

Feed 

#3 

Feed 

#4 

Feed 

#5 

Feed 

#6 

HA Feed 

56.73 56.46 56.41 55.6 49.76 197.87 

 
Table 36: Fixed Cost Breakdown for the High Acid Gas Case for the Dehydration Unit 
Exchangers ∆Equip. Cost   Vessels ∆Equip. Cost 

Gas/Glycol Exchanger $0 

 

Makeup Tank $0 

Lean/Rich Glycol Exchanger $11,800 

 

Rich Flash Tank $1,200 

Reflux Coil $5,740 

 

KO Drum $33,500 

Preheater $62,000 

 

Subtotal $34,700 

Stripping Exchanger $68,300 

  

  

Subtotal $148,000 

  

  

Pumps ∆Equip. Cost 

 

Towers ∆Equip. Cost 

Makeup Pump $2,160 

 

Glycol Contactor $21,300 

Subtotal $2,160 

 

Glycol Regenerator $4,230 

  

  

Subtotal $25,600 

Total ∆Purchased Cost $210,000 

 

∆Hand Factor $767,000 

 
 
 
 Therefore this stream needs several additional pieces of equipment (Table 36), as well as 

the increase in size of most existing equipment. Most of the additional cost (77.9%) comes from 

the extra pieces of equipment that are needed (the preheater, stripping exchanger and knockout 

drum). The preheater and stripping exchanger were also needed for Feed #6, and their functions 

are discussed that section.  
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Figure 25: Knockout Drum for the Dehydration Unit for the High Acid Gas Case 
 
 
 
 The knockout drum is used to remove any free water the gas (Figure 25). Free water is 

easy to remove, because unlike saturated water, its removal is thermodynamically favorable.   

 
 
 
4.6.2.3 Variable Costs 

 
 
 
Table 37: Change in Variable Costs for the High Acid Gas Case for the Dehydration Unit 
  Feed #1 

∆Variable cost (MM$/yr) 0.25 

 
 
 
 Although the additional fixed cost of treating this stream is high, the additional variable 

cost is not as high as might be expected (for instance it is not as high as for Feed #6) (Table 37). 

This is because, although there is a lot of water coming into the dehydration unit, most of the 

water is free water, and is therefore removed by the knockout drum (197.9 lb water/MMSCFD 
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gas comes into the dehydration unit, while only 89.7 lb/MMSCFD enters the glycol contactor). 

Therefore additional operating costs are not as high as may be expected.  

 
 
 
Table 38: Breakdown of Change in Utility Costs for Feed #6 for the Dehydration Unit 
Electricity   

Makeup Pump $1,550 

Subtotal $1,550 

Heat   

Glycol Regenerator $19,800 

Stripper $1,550 

Preheater $197,000 

Subtotal $219,000 

∆Total Utilities $224,000 

 
 
 
 The cost of the preheater for this case is not as high as for Feed #6, because the gas 

comes into the dehydration unit at a warmer temperature than it does in Feed #6 (Table 38). 

 
 
 

5.6.4 Turboexpander 

5.6.4.1 Fixed Costs 

 
 
 
Table 39: Change in Fixed Costs for the High Acid Gas Case for the Turboexpander 
  Feed #1 

∆Fixed cost (MM$) 0.12 
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5.6.4.2 Variable Costs 

Table 40: Change in Variable Costs for the High Acid Gas Case for the Turboexpander 
  Feed #1 

∆Variable cost (MM$/yr.) 0.28 

 
 
 
 The slight increase in fixed and variable costs for the turboexpander unit for this case 

come from the increase in the size of compressors, and the duty for these compressors as well as 

the duty for the chiller (Tables 39-40). This occurs because the gas comes into the turboexpander 

unit at a lower pressure and warmer temperature than for the base case (784 psig and 117.8 °F 

for the HA case compared to 992 psig and 103.3 °F for the base case). This is because of the 

additional processing needed to remove these acid gases.  

 

5.6.5 Fractionation Train 

 There is no increase in fixed or variable cost associated with the fractionation unit, which 

makes sense because there is less total flow going into this unit as compared to the base case 

(24.1 MMSCFD for the HA case compared to 27.1 MMSCFD for the base case). This is logical 

because there are fewer NGLs in the feed (20.77 mole % vs. 21.73 mole % for the base case).  

5.6.6 Revenue 
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Table 41: Revenue for the High Acid Gas Case and Base Case (MM$/yr.) 
  Base 

Case 

HA 

Feed Sales gas revenue (MM$/yr.) 121.2 116.0 
NGL revenue (MM$/yr.) 89.8 82.6 

Total revenue (MM$/yr.) 211.0 199.0 

 
 
 
 There is only a slight decrease in revenue compared to the base case for the high acid 

case. This is because only a small percentage of the incoming gas is acid, while the remainder of 

the feed composition is similar to that for the base case feed (Table 41).  

 

5.6.6.1 Return on Investment 

 
 
 
Table 42: Incremental Return on Investment for High Acid Case 
  HA Feed 

∆Annual net profit (MM$/yr.) 186.4 
∆Total capital investment (MM$/yr.) 6.15 

Incremental ROI (%) 147% 

 
 
 
 The additional total capital investment required to treat this stream is not significant 

compared to the additional revenue made, and therefore this stream is clearly worth treating as 

indicated by an incremental return on investment greater than 10% (Table 42).  
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5.7 Safety Index Results 

 The Process Route Index (PRI) is a relative comparison. The exact values from the 

calculations are not meaningful, only the relative comparison between different process routes, 

or in this case different incoming feeds. As a reminder PRI is a function of the average mass 

heating value, average fluid density, average pressure, and average explosiveness (based on 

composition) of the streams. Thus there are many streams in this project that are effectively 

duplicate streams from the standpoint of calculating PRI, because there is little change in mass 

heating value, fluid density, pressure and composition. Therefore only streams where a 

significant change in composition, pressure, or fluid density were included in the calculation.  

 
 
 
Table 43: Results from Process Route Index Calculations 
  Feed #1 Feed #2 Feed #3 Feed #4 Feed #5 Feed #6 HA 

Feed Acid Gas Removal - - - - - - 20.72 
Dehydration 19.48 24.29 25.18 27.02 30.12 17.48 7.08 

Turboexpander - 35.28 34.99 35.56 35.00 28.38 31.36 

Fractionation Train - 24.14 24.37 25.60 24.32 24.21 24.19 

Overall 19.48 29.46 29.51 30.48 29.96 25.19 24.75 

 
 
 
 The two conclusions that jump out from Table 43 are that Feed #1 is the safest feed to 

process according to PRI, and that the PRI values for the remaining feeds are not all that 

different. It makes sense that Feed #1 is the safest to process, since very little treatment is done in 

this case since the feed only goes through dehydration. Further, most of streams in the 

dehydration loop are almost completely water and the dehydrator TEG, and thus very few of 
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these streams are flammable as both compounds are non-explosive liquids at the process 

conditions.  

 One significant weakness of PRI is that is uses the overall average value of each property 

for all the streams, effectively treating every stream considered as if it has the same flow rate 

(and thus same potential risk). This leads to misleading results, for instance the low value of PRI 

for the dehydration units for Feed #6 and the HA Feed compared to the other feeds.  

 
 
 

 

Figure 26: Pressure Drop in Stream 28 for the Dehydration Unit for Feed #6 
 
 
 
 As discussed in previous sections, these streams have additional units (a preheater, 

stripping exchanger and/or knockout drum), and some these streams must be considered. 

However some of these streams have very small flow rates, for instance stream 28 (Figure 26) 

for Feed #6 is treated as if it 33.3% of the safety risk but it only has 4.97% of the flow of the 

streams considered. To give a more truthful picture, the values of each of the four properties used 

to calculate PRI (mass heating value, fluid density, pressure, and explosiveness) were normalized 

based on their flow rates.  
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Table 44: Results from Modified Process Route Index Calculations  
  Feed # 

1 

Feed # 

2 

Feed # 

3 

Feed # 

4 

Feed # 

5 

Feed # 

6 

HA Feed 

Overall 19.48 27.85 29.51 31.85 34.03 34.43 26.83 

 
 
 
 After adjusting for flow rates it becomes clear the lower methane cases are less safe to 

process (Table 44). This makes since because the flows are generally larger in these designs 

because dehydration is more difficult as discussed previously, and the fractionation process has 

higher flow rates as is expected because the inlet compositions have higher fractions of NGLs. 

 Nonetheless there is really not a great difference in these process designs from a safety 

perspective. Therefore it appears that economic criteria should be the main concern for deciding 

whether or not to treat streams. 

 

5.8 Sensitivity Analysis 

 One issue of great concern for shale gas producers is price volatility. The price of natural 

gas, and of NGLs has fluctuated significantly over the last 15 years. Price data for NGLs was 

obtained from January 2008 to October 2017, and for natural gas from January 2001 to July 2017 

(Bloomberg 2017). From this data the average and standard deviation were determined. This 

allowed the range to be bound. Also the minimum and maximum feedstock cost, or cost of 

natural gas coming from the wellhead, was estimated based on a study done by KLR group 

(Group 2016). Assuming a normal distribution the average and standard deviation for feedstock 

cost was estimated as shown in Table 45.  
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Table 45: Max, Min, Average, and Standard Deviation for Price Data 

  Max Min Average Std. Dev. 

Feedstock Cost ($/MSCF) $6.00 $3.00 $4.50 $0.50 

Sales Gas ($/MSCF) $13.06 $2.89 $5.73 $2.01 

Ethane ($/gal) $1.39 $0.14 $0.43 $0.27 

Propane  ($/gal) $1.89 $0.36 $0.97 $0.37 

n-Butane  ($/gal) $2.31 $0.49 $1.26 $0.47 
 
 
 
 A Monte Carlo simulation with 5000 iterations was performed to find the probability of 

not being profitable for the base case (when ROI < 10%). The probability of losing money was in 

the range of 8–11%, with most of the values falling in the 9-10% range. The average ROI was 

about 260%, however the standard deviation from Monte Carlo was approximately 190%. Cleary 

the shale gas processing business is potentially very profitable, but also very risky.  

 
 
 
Table 46: Max, Min, Average, and Standard Deviation for Price Data for Last 5 Years 
  Max Min Average Std. Dev. 

Feedstock Cost ($/MSCF) $6.00 $3.00 $4.50 $0.50 
Sales Gas ($/MSCF) $6.63 $2.89 $4.35 $0.83 

Ethane ($/gal) $0.35 $0.14 $0.23 $0.05 

Propane  ($/gal) $1.57 $0.36 $0.75 $0.28 

n-Butane  ($/gal) $1.77 $0.49 $0.97 $0.37 

 
 
 
 Next a second Monte Carlo simulation was performed using data from only the last 5 

years. In the last 5 years prices have been lower, and less volatile (Table 46). Although generally 

a larger sample size is better for statistical analysis, there are some outlier values in the longer 



 

65 

 

range data set that may be misleading (such as a spike in sales gas prices in the spring and 

summer of 2008). Doing this same analysis the probability of obtaining an ROI < 10% is about 

29%, while the average and standard deviation for the ROI are 65% and 102% respectively. The 

same conclusion holds, the business may be very profitable, but there is a lot of risk. 

 Next a few specific cases will be looked at more closely.  

 

Figure 27: Price of Products over Time 
 
 
 
 Figure 27 above shows the prices of the four products over time. It shows that generally 

the prices of the products are correlated. Therefore the decision was made to consider cases 

where the prices of the products fluctuated together. Tables 47 and 48 below show the cases 

considered. Since for a normal distribution 99.7% of the values lie within 3 standard deviations 

of the mean, plus or minus 3 standard deviations were chosen for the cases (prices were not 

allowed to be negative). Since the main question is whether the process will be profitable or not, 
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only the deviations in the direction that would make the process less profitable were examined. 

The longer data set was used for the averages and standard deviations. 

Table 47: Description of Cases for Sensitivity Analysis 
  Case 1 Case 2 Case 3 Case 4 Case 5 Case 6 Case 7 

Feedstock Cost Avg. +1 SD +2 SD +3 SD Avg. Avg. Avg. 
Product Prices Avg. Avg. Avg. Avg. -1 SD -2 SD -3 SD 

 
 
 
Table 48: Values and Results for Cases for Sensitivity Analysis 

 Case 1 Case 2 Case 3 Case 4 Case 5 Case 6 Case 7 
Feedstock Cost 
($/MSCF) $4.50 $5.00 $5.50 $6.00 $4.50 $4.50 $4.50 
Sales Gas 
($/MSCF) $5.73 $5.73 $5.73 $5.73 $3.72 $1.71 $0.00 

Ethane ($/gal) $0.43 $0.43 $0.43 $0.43 $0.16 $0.00 $0.00 

Propane  ($/gal) $0.97 $0.97 $0.97 $0.97 $0.59 $0.22 $0.00 

n-Butane  ($/gal) $1.26 $1.26 $1.26 $1.26 $0.79 $0.32 $0.00 

ROI (%) 258.3% 205.2% 152.1% 99.02% -34.64% -309.7% -503.2% 
 
 
 
 As can be seen, even for high feedstock costs, the process can still be profitable at 

average product prices. However, even a drop of 1 standard deviation in product prices causes 

the ROI to become negative. This occurs because the standard deviations of the product prices 

are very high.  
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Table 49: Values and Results for Cases for Sensitivity Analysis for Last 5 Years of Data 
  Case 1 Case 2 Case 3 Case 4 Case 5 Case 6 Case 7 

Feedstock Cost 
($/MSCF) $4.50 $5.00 $5.50 $6.00 $4.50 $4.50 $4.50 

Sales Gas ($/MSCF) $4.35 $4.35 $4.35 $4.35 $3.52 $2.68 $1.85 

Ethane ($/gal) $0.23 $0.23 $0.23 $0.23 $0.19 $0.14 $0.10 

Propane  ($/gal) $0.75 $0.75 $0.75 $0.75 $0.47 $0.20 $0.00 

n-Butane  ($/gal) $0.97 $0.97 $0.97 $0.97 $0.60 $0.23 $0.00 

ROI (%) 65.43 12.33 -40.78 -93.88 -75.57 -216.6 -336.8 

 
 
 
 Doing the same analysis for data from the last 5 years gives similar results (Table 49). 

The average prices for this data are not as high, and so increases in the feedstock cost affect 

profitability more (for example a 3 standard deviation drop in feedstock cost causes ROI to be 

negative- case 3). In the case of the decrease in product prices, at first (case 5) more money is 

lost, however losses are not as high for the greater drops in prices (cases 6 and 7) because the 

standard deviation for this data set is not as large.  
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6. POSSIBLE FUTURE WORK 

6.1 Retrofitting vs. Green Field Plant 

 The above analysis was done considering a base case, or an existing plant, and 

determining whether or not the modifications to the plant needed to process additional cases 

(with differing gas compositions) are justified economically (Incremental Return on Investment 

(IROI) > 10%). In other words retrofitting an existing plant was considered. It is also possible to 

use this approach when considering a new (green field) plant. This is done by knowing what 

range of compositions are possible, and designing the plant to achieve optimal flexibility (IROI > 

10%).  

 

6.2 Extension to Additional Shale Plays 

 This analysis focuses on the Barnett shale play, northwest of the Dallas-Fort Worth area 

in Texas. A similar analysis could be performed for other shale plays. Some input variables will 

not change, or not change significantly, however some variables may change significantly.  

 The compositional data, and distribution of this data, may or may not differ significantly 

depending on the geological characteristics of the wells in a given region. There is no worldwide 

price for natural gas because it is difficult to transport and so is mostly sold regionally. Typically 

natural gas is sold in hubs, such as the Mount Belvieu hub in Texas. However, generally natural 

gas price ranges do not differ significantly between regions. Natural gas liquids, which are more 

transportable, differ very little in price from region to region.  

 This analysis assumes an inlet gas price of $3.50/MMSCF. This number could differ 

significantly from region to region, particularly in the Marcellus region, located in the 
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Appalachian mountains of New York, Pennsylvania, Ohio, and West Virginia, where pipeline 

networks do not exist to the same extent as in other regions.  

 Depending on whether or not the composition and distribution of the compositional range 

differs greatly or not will affect other parameters. For instance some shale gas plays have wells 

with high N2 content, which would need to be removed (Bullin and Krouskop 2009). This adds 

an additional processing step, and changes the analysis significantly. However generally 

processing steps should be similar from region to region.  

 

6.3 Blending 

 Another possible option, besides treating or not treating an inlet gas, is blending. In the 

case of blending, a portion of a given inlet gas is blended with another portion of a different inlet 

gas. The goal of blending is to maximize Return on Investment (ROI). It may be possible in 

some cases to achieve a greater total ROI by blending certain inlet compositions than by treating 

them individually. This is an optimization problem, and an area of possible future study. 

 

6.4 LNG 

 Traditionally because methane is a gas, it can only be sold in large quantities over a short 

distance. This limits the ability of U.S. shale gas processors to sell natural gas beyond local 

regions. However, methane can also be liquefied and sold as Liquefied Natural Gas (LNG), 

allowing it to be exported as a liquid, which is more economical to ship in large quantities (LNG 

typically takes up only 1/600th the volume of natural gas). On the other hand storing natural gas 

as a liquid is quite expensive (it is typically stored at -260 °F, and 4 psig). This technology is so 
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promising that the U.S. is currently converting LNG import terminals into export terminals. It 

would be interesting to see what economies of scale are necessary for this to be profitable. 

Would a plant processing 150 MMSCFD be profitable for LNG export? 
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7. CONCLUSIONS 

 In the present work a methodology was developed for process design under uncertainty 

for a shale gas processing plant. A number of cases with varying inlet compositions were 

examined. Results were obtained, and it was determined: 

• In general revenue increases with increasing NGL content 

• Processing costs also generally increase with increasing NGL content 

• As measured by ROI all feeds (including the high acid case) are worth treating, except 

the high methane case (Feed #1) 

• From the sensitivity analysis 

o For the base case, shale gas processing is still profitable for even the highest 

feedstock prices 

o Even a one standard deviation drop in product prices makes processing highly 

unprofitable 
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APPENDIX A 

 
Table 50: Composition of Barnett Shale Gas Wells, adapted from (Hill, Jarvie et al. 2007) 
Methane NGLs CO2 Total 

Type 1 
94.11 3.18 2.71 100.00 
92.08 5.64 2.28 100.00 

Type 2 
85.77 13.91 0.32 100.00 
85.27 13.24 1.49 100.00 
83.99 15.38 0.63 100.00 
83.62 16.00 0.38 100.00 
83.61 14.90 1.49 100.00 
82.70 16.84 0.46 100.00 
82.04 17.14 0.82 100.00 
81.75 17.92 0.33 100.00 
81.28 17.44 1.28 100.00 
81.18 18.19 0.63 100.00 

Type 3 
80.87 18.35 0.78 100.00 
80.56 18.78 0.66 100.00 
80.38 19.09 0.53 100.00 
80.31 18.80 0.89 100.00 
80.17 19.26 0.57 100.00 
80.07 19.23 0.71 100.00 
79.76 19.92 0.32 100.00 
77.78 21.73 0.49 100.00 
77.69 21.60 0.71 100.00 
76.53 22.74 0.73 100.00 

Methane NGLs CO2 Total 
Type 4 

74.28 25.04 0.68 100.00 
73.48 25.94 0.58 100.00 
72.05 27.29 0.66 100.00 
71.99 27.37 0.64 100.00 
71.94 27.50 0.56 100.00 
69.94 29.34 0.72 100.00 
69.90 29.05 1.05 100.00 
69.06 30.35 0.59 100.00 
69.03 30.29 0.67 100.00 

Type 5 
56.34 42.85 0.81 100.00 
56.34 42.85 0.81 100.00 
56.34 42.85 0.81 100.00 
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APPENDIX B 

Table 51: Stream Table for the Base Case for the Dehydration Unit 

  

Std. Vapor 

Vol Flow 

(MMSCFD) 

T 

(°F) 

P 

(psig) 

C1 

(mol%) 

C2 

(mol%) 

C3 

(mol%) 

C4s 

(mol%) 

C5s 

(mol%) 

CO2 

(mol%) 

H2O 

(mol%) 

TEG 

(mol%) 

1 150.00 100 1000 77.50 9.39 7.24 3.91 1.13 0.80 0.00 0.00 

2 Water 0.18 546 1000 0.00 0.00 0.00 0.00 0.00 0.00 100.00 0.00 

3 Wet Gas 150.18 100 1000 77.40 9.38 7.23 3.91 1.13 0.80 0.12 0.00 

4 0.87 101 998 2.18 0.70 0.84 0.57 0.27 0.22 26.50 68.70 

5 0.87 107 994 2.18 0.70 0.84 0.57 0.27 0.22 26.50 68.70 

6 0.87 110 60 2.18 0.70 0.84 0.57 0.27 0.22 26.50 68.70 

7 Flash Gas 0.03 110 60 54.50 15.20 15.20 8.53 2.65 0.22 3.53 0.00 

8 0.00 N/A N/A N/A N/A N/A N/A N/A N/A N/A N/A 

9 0.83 110 60 0.13 0.13 0.27 0.26 0.18 0.09 27.50 71.40 
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Table 51 Continued 

  

Std. Vapor 

Vol Flow 

(MMSCFD) 

T 

(°F) 

P 

(psig) 

C1 

(mol%) 

C2 

(mol%) 

C3 

(mol%) 

C4s 

(mol%) 

C5s 

(mol%) 

CO2 

(mol%) 

H2O 

(mol%) 

TEG 

(mol%) 

10 0.83 300 56 0.13 0.13 0.27 0.26 0.18 0.09 27.50 71.40 

11 0.19 214 0 0.55 0.59 1.20 1.13 0.79 0.40 95.30 0.01 

12 0.02 209 0 0.00 0.00 0.00 0.00 0.00 0.00 99.90 0.06 

13 Water Gas 0.02 209 0 0.62 0.65 1.32 1.24 0.87 0.44 94.90 0.00 

14 0.84 308 4 0.00 0.00 0.00 0.00 0.00 0.00 28.20 71.80 

15 0.18 390 4 0.00 0.00 0.00 0.00 0.00 0.00 94.80 5.18 

16 Lean TEG 0.66 390 4 0.00 0.00 0.00 0.00 0.00 0.00 9.93 90.10 

17 0.66 198 0 0.00 0.00 0.00 0.00 0.00 0.00 9.93 90.10 

Makeup 8.31E-05 80 10 0.00 0.00 0.00 0.00 0.00 0.00 0.83 99.20 

Blowdown 0.00 N/A N/A N/A N/A N/A N/A N/A N/A N/A N/A 

19 0.66 200 1000 0.00 0.00 0.00 0.00 0.00 0.00 9.93 90.10 
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Table 51 Continued 

  

Std. Vapor 

Vol Flow 

(MMSCFD) 

T 

(°F) 

P 

(psig) 

C1 

(mol%) 

C2 

(mol%) 

C3 

(mol%) 

C4s 

(mol%) 

C5s 

(mol%) 

CO2 

(mol%) 

H2O 

(mol%) 

TEG 

(mol%) 

20 0.66 110 996 0.00 0.00 0.00 0.00 0.00 0.00 9.93 90.10 

21 0.66 110 996 0.00 0.00 0.00 0.00 0.00 0.00 9.93 90.10 

22 149.97 101 996 77.50 9.38 7.23 3.91 1.13 0.80 0.01 0.00 

23 Dry Gas 149.97 103 992 77.50 9.38 7.23 3.91 1.13 0.80 0.01 0.00 
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Table 52: Stream Table for the Base Case for the Turboexpander Unit 

  

Std. Vapor Vol 

Flow 

(MMSCFD) T (°F) P (psig) 

C1 

(mol%) 

C2 

(mol%) 

C3 

(mol%) 

C4s 

(mol%) 

C5s 

(mol%) 

CO2 

(mol%) 

1 150 103 992 77.50 9.38 7.23 3.91 1.13 0.80 

2 0.01 103 992 0.00 0.00 0.00 0.00 0.00 0.00 

3 Dry Gas 150.00 103 992 77.50 9.38 7.23 3.91 1.13 0.80 

4 Gas to Gas 80.20 103 992 77.50 9.38 7.23 3.91 1.13 1.80 

5 To Reboiler 69.8 103 992 77.50 9.38 7.23 3.91 1.13 2.80 

6 80.20 -33.5 987 77.50 9.38 7.23 3.91 1.13 3.80 

7 69.8 68.4 987 77.50 9.38 7.23 3.91 1.13 4.80 

8 69.8 -0.24 982 77.50 9.38 7.23 3.91 1.13 5.80 

9 150 -19 982 77.50 9.38 7.23 3.91 1.13 6.80 

10 150 -25 979 77.50 9.38 7.23 3.91 1.13 7.80 

11 97.6 -25 979 89.10 6.54 2.78 0.77 0.10 0.73 
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Table 52 Continued 

  

Std. Vapor Vol 

Flow 

(MMSCFD) T (°F) P (psig) 

C1 

(mol%) 

C2 

(mol%) 

C3 

(mol%) 

C4s 

(mol%) 

C5s 

(mol%) 

CO2 

(mol%) 

12 52.3 -25 979 56.00 14.70 15.50 9.79 3.04 0.93 

13 97.6 -117 250 89.10 6.54 2.78 0.77 0.10 0.73 

14 52.3 -80.3 255 56.00 14.70 15.50 9.79 3.04 0.93 

15 123 -111 250 94.50 4.38 0.37 0.02 0.00 0.77 

16 32.3 65.4 254 1.58 36.50 36.30 19.02 5.34 1.34 

17 5.23 82.1 254 5.82 58.90 25.40 5.68 0.65 3.53 

18 NGL 27.1 82.1 254 0.76 32.10 38.40 21.60 6.24 0.91 

19 123 100 245 94.50 4.38 0.37 0.02 0.00 0.77 

20 123 149 329 94.50 4.38 0.37 0.02 0.00 0.77 

21 Residue Gas 123 336 900 94.50 4.38 0.37 0.02 0.00 0.77 

22 27.1 85.6 500 0.76 32.10 38.40 21.60 6.24 0.91 
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Table 53: Stream Table for the Base Case for the Fractionation Train Unit 

  

Std. Vapor Vol 

Flow 

(MMSCFD) T (°F) P (psig) 

C1 

(mol%) 

C2 

(mol%) 

C3 

(mol%) 

i-C4 

(mol%) 

n-C4 

(mol%) 

C5s 

(mol%) 

CO2 

(mol%) 

1 Y Grade 

Feed 27.1 85.6 500 0.76 32.10 38.40 7.00 14.60 6.24 0.91 

2 22.60 38.8 285 1.17 87.20 9.85 0.00 0.00 0.00 1.76 

3 22.60 26.4 280 1.17 87.20 9.85 0.00 0.00 0.00 1.76 

4 C2 9.21 26.4 280 2.23 90.40 4.67 0.00 0.00 0.00 2.68 

5 13.4 26.4 280 0.45 85.00 13.40 0.02 0.01 0.00 1.13 

6 13.40 26.8 305 0.45 85.00 13.40 0.02 0.01 0.00 1.13 

7 43.2 159 292 0.00 3.86 64.00 9.13 17.20 5.88 0.00 

8 25.3 173 292 0.00 5.14 69.80 8.08 13.70 3.37 0.00 

9 17.9 173 292 0.00 2.04 55.80 10.60 22.10 9.45 0.00 

10 64.1 104 190 0.00 1.80 98.20 0.00 0.00 0.00 0.00 
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Table 53 Continued 

  

Std. Vapor Vol 

Flow 

(MMSCFD) T (°F) P (psig) 

C1 

(mol%) 

C2 

(mol%) 

C3 

(mol%) 

i-C4 

(mol%) 

n-C4 

(mol%) 

C5s 

(mol%) 

CO2 

(mol%) 

11 54.4 103 190 0.00 1.45 98.50 0.00 0.00 0.00 0.00 

12 C3 9.77 103 190 0.00 3.73 96.30 0.00 0.00 0.00 0.00 

13 59.1 187 193 0.00 0.00 12.80 27.50 47.20 12.44 0.00 

14 51 201 193 0.00 0.00 13.80 28.10 47.00 11.11 0.00 

15 8.09 201 193 0.00 0.00 6.87 23.40 48.80 20.87 0.00 

16 20.1 163 135 0.00 0.00 9.69 33.00 57.30 0.00 0.00 

17 20.1 130 130 0.00 0.00 9.69 33.00 57.30 0.00 0.00 

18 14.3 130 130 0.00 0.00 9.69 33.00 57.30 0.00 0.00 

19 14.3 130 155 0.00 0.00 9.69 33.00 57.30 0.00 0.00 

20 21.2 219 140 0.00 0.00 9.69 0.02 40.30 59.80 0.00 

21 18.8 229 140 0.00 0.00 0.00 0.02 41.70 58.30 0.00 
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Table 53 Continued 

  

Std. Vapor Vol 

Flow 

(MMSCFD) T (°F) P (psig) 

C1 

(mol%) 

C2 

(mol%) 

C3 

(mol%) 

i-C4 

(mol%) 

n-C4 

(mol%) 

C5s 

(mol%) 

CO2 

(mol%) 

22 2.35 229 140 0.00 0.00 0.00 0.01 28.30 71.70 0.00 

23 C4 5.74 130 130 0.00 0.00 0.00 33.00 57.30 0.00 0.00 

24 9.79 147 120 0.00 0.00 0.00 46.90 38.90 0.00 0.00 

25 9.79 70 120 0.00 0.00 0.00 46.90 38.90 0.00 0.00 

26 5.88 70 120 0.00 0.00 0.00 46.90 38.90 0.00 0.00 

27 IC4 3.92 70 120 0.00 0.00 0.00 46.90 38.90 0.00 0.00 

28 14.6 179 140 0.00 0.00 0.00 3.87 96.10 0.00 0.00 

29 12.7 179 140 0.00 0.00 0.00 3.97 96.00 0.00 0.00 

30 NC4 1.82 179 140 0.00 0.00 0.00 3.19 96.80 0.00 0.00 
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APPENDIX C 

Table 54: Dehydration Fixed Cost Breakdown for Feed #4 (Base Case) 
Exchangers Equip. Cost   Vessels Equip. Cost 

Gas/Glycol Exchanger $100,000 

 

Makeup Tank $24,900 

Lean/Rich Glycol Exchanger $87,000 

 

Rich Flash Tank $13,300 

Reflux Coil $13,000 

 

Subtotal $38,200 

Subtotal $200,000 

  

  

Pumps Equip. Cost 

 

Towers Equip. Cost 

Makeup Pump $7,430 

 

Glycol Contactor $171,000 

Subtotal $7,430 

 

Glycol 

Regenerator 

$147,000 

  

  

Subtotal $318,000 

Total Purchased Cost $564,000 

 

Hand Factor $2,156,000 

 

Table 55: Turboexpander Fixed Cost Breakdown for Feed #4 (Base Case) 
Exchangers Equip. Cost   Compressors Equip. Cost 

Gas/Gas Exchanger $120,000 

 

Booster Compressor $1,080,000 

Reboiler Tubes $66,600 

 

Residue Compressor $1,947,000 

Side Reboiler $125,000 

 

Turboexpander $1,167,000 

Chiller $32,000 

 

Subtotal $32,000 

Subtotal $343,000 

  

  

Towers Equip. Cost 

 

Vessels Equip. Cost 

Demethanizer $370,000 

 

Low Temperature Separator $339,000 

Subtotal $370,000 

 

Subtotal $339,000 

Total Purchased Cost $5,247,000 

 

Hand Factor $14,520,000 
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Table 56: Change in Fractionation Train Fixed Cost Breakdown for Feed #4 (Base Case) 
Pumps Equip. Cost 

Fractionation Pump $67,000 

Subtotal $67,000 

Towers Equip. Cost 

Deethanizer $831,000 

Depropanizer $1,220,000 

Debutanizer $628,000 

C4 Splitter $445,000 

Subtotal $3,124,000 

Total Purchased Cost $3,191,000 

Hand Factor $12,770,000 

 

Table 57: Change in Dehydration Variable Cost Breakdown for Feed #4 (Base Case) 
Energy Utility Cost $27,000 

Operating Labor $885,000 

Material Utility Cost $4,190 

Maintenance $10,800 

Operating Charges $221,000 

Plant Overhead $448,000 

Subtotal Operating Costs $1,597,000 

G + A $128,000 

Total $1,724,000 
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Table 58: Change in Turboexpander Variable Cost Breakdown for Feed #4 (Base Case) 
Energy Utility Cost $3,234,000 

Operating Labor $953,000 

Maintenance $72,600 

Operating Charges $238,000 

Plant Overhead $513,000 

Subtotal Operating Costs $5,011,000 

G + A $401,000 

Total $5,412,000 

 
Table 59: Change in Fractionation Train Variable Cost Breakdown for Feed #4 (Base Case) 
Energy Utility Cost $4,238,000 

Operating Labor $953,000 

Maintenance $63,800 

Operating Charges $238,000 

Plant Overhead $509,000 

Subtotal Operating Costs $6,002,000 

G + A $480,000 

∆Total $6,482,000 

 


