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ABSTRACT

Hydrodynamic data from large trickle bed columns are scarce. In this study,
pressure drop, liquid holdup, and transition from low interaction regime to high
interaction regime were investigated in a pilot-scale trickle bed column of 13 in. inner
diameter and 8 ft. bed height, using air-water system at atmospheric pressure. Data were
collected in the low gas superficial velocity range, which has not been covered
extensively in literature. Gas flow rate was varied from 0 to 400 SLPM (standard liter
per minute), i.e., 0 — 70 mm/s, and liquid flow rate was varied from 0 to 60 gpm (gallons
per minute), i.e., 0 — 45 mm/s. The system was prewetted in high interaction regime
before taking each measurement. Pressure and liquid load were measured using sensors,
while flow regime transition was observed visually and by noting the standard deviation
in pressure drop.

The aim of this study is to record and analyze hydrodynamic data that can closely
match that of industrial-scale reactors. The experiments showed hysteresis, indicating
multiplicity of hydrodynamic states. For experiments following a consistent prewetting
procedure, significant deviation was observed from the pressure drop and liquid holdup
correlations in literature. At lower liquid flow rates, flow is gravity driven, while drag
forces come into play as liquid flow is increased. In addition, at higher liquid flow rates,
liquid holdup is overestimated by correlations from studies on lab-scale trickle bed
columns. Lastly, flow regime transition agreed with existing flow maps in literature,

with the observation of local pulsing in the bed.
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NOMENCLATURE

Notation

L’ Mass Flux of liquid, kg/(m>-s)

G’ Mass Flux of gas, kg/(m?-s)

L Liquid Flow Rate, gpm

G Gas Flow Rate, SLPM

ATP Frictional pressure drop per unit length of bed, psi/ft
A% Superficial velocity, mm/s

D, Particle diameter, m

Dc Column Diameter, m

Re Reynolds Number, dimensionless

We Weber Number, dimensionless

Ga Galileo Number, dimensionless

fig Two-phase friction factor, dimensionless

ay Bed surface area per unit bed volume, m*/m?
Eo6 Eo6tvos number, dimensionless

Greek Letters

Br, Ps, Pp Total, Static and Dynamic Liquid Saturation, %
€ External porosity of catalyst bed

u Viscosity, kg/m-s

vi



X P

OR

Density, 1bm/ft®

Surface Tension, Ibs/in

Pressure drop with gravity term, psi/ft
Two-phase flow parameters, dimensionless

Relative Standard Deviation
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CHAPTER I

INTRODUCTION AND LITERATURE REVIEW

I.1. General

Trickle bed reactors are three-phase flow reactors, in which gas and liquid phases
flow through a packed bed of solid catalyst. Employing a trickle bed reactor minimizes
the energy costs associated with vaporization of the reactants [1]. Most Trickle bed
reactors in the industry are co-current down-flow reactors with both gas and liquid
flowing downwards in the direction of gravity. Co-current downflow reactors have
various advantages over co-current upflow or counter-current flow, such as lower
pressure drop, lesser catalyst attrition, and lower chances of flooding. This allows for
operations across a wider range of operating conditions, with a lower pumping load
requirement and a nearly uniform partial pressure of reactants across the length of the
catalyst bed [1-3].

Trickle-bed reactors are used extensively in the refining, petrochemical, waste-
treatment and pharmaceutical industries to produce fuels and chemicals. A few examples
of diverse three-phase reactions carried out in Trickle Bed Reactors are mentioned
below:

i.  Hydrogenation of many types of chemical compounds such as
Naphthalene [4], 1,5-cyclooctadiene [5], diols[6], alpha-methylstyrene

[7], phenylacetylene [8], olefins [9], acetophenone [10], unsaturated fats

[1]



ii.  Oxidation of Ethyl Alcohol [11], Sulfur Dioxide [12], BTX (Benzene,
Toluene, and Xylene) [13], acetic acid [14], formic acid [15]
iii.  Hydration of 2-methyl-2-butene [16], iso-butene [17]
iv.  Residuum Hydrotreating, Desulfurization and Denitrification [9]
v.  Hydrocracking of heavy gas oils to middle distillates [9]
vi.  Isomerization of cyclopropane to propylene [18]
vii.  Synthesis of compounds like calcium acid sulpfite (Jenssen tower
operation), butynediol, sorbitol, etc. [1]

The two major transport phenomena in such systems involve (1) mass transfer
between the fluids and solid phase (catalyst), which plays an important role in reaction
kinetics, and (2) solid-fluid heat transfer, which plays an important role in effectively
supplying heat to the catalyst for endothermic reactions, or removing heat for exothermic
reactions to avoid overheating of the catalyst. The ultimate goal of a trickle bed reactor
is to achieve the desired conversion of reactants, which may involve operating in
conditions that facilitate higher heat and mass transfer, while at the same time
maintaining a stable and economically viable operation. This requires a careful study of
the hydrodynamics of multi-phase flow due to the complexities associated with liquid-

solid-gas interaction in a packed bed.

1.2. Hydrodynamics
Understanding the hydrodynamics of Trickle Bed Reactors is key to their
effective design and performance prediction [19]. Dudukovic and Mills [20] summarized

the macroscale and microscale phenomena of interest occurring in Trickle Bed Reactors.
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They suggested that the hydrodynamics in such reactors should be described through a
mechanistic approach rather than a complex fundamental viewpoint. The performance of
a Trickle Bed Reactor can therefore be characterized based on a certain set of
macroscopic hydrodynamic parameters, including, but not limited to, the following:

1. Flow regime

il. Pressure drop

iii. Liquid holdup

iv. Liquid-solid contacting

The role of all these factors should be quantitatively evaluated for a successful
scale-up of pilot plant data [21]. This research focusses on the first three parameters, all
of which can be directly observed and analyzed through experiments.

Table 1 summarizes some popular experimental studies done on trickle bed
reactors and examined as a part of this thesis. This is followed by a description of
various hydrodynamic parameters studied in this research, and a closer look at some
selected publications that have proposed flow maps and correlations for pressure drop

and liquid saturation based on experimental data.



Table 1: Literature Review

Gas-Liquid Column
Reference Information System Packing Dimensions
Spheres (3/8",
Pressure Drop & Air-water, 3mm),
Larkins et al, | Liquid Holdup and other Cylinders 2" and 4" 1D,
1961 [22] Correlation fluids (1/8") 7 ft. height
Pressure Drop & 2", 4" and 6"
Turpin et al, | Liquid Holdup 0.3" tabular diameter, 71t
1967 [23] (All flow regimes) | Air-water alumina high columns
Glass Spheres
(3mm), Porous
Cylinders (3.2
Liquid Holdup mm x 3.2 mm,
Satterfield et | (Low interaction 1.6 mmx 8 28 mm ID,
al, 1972 [18] | regime) Air-water mm) 33 cm height
Pressure Drop &
Sato et al, Liquid Holdup Glass spheres
1973 [24] Correlation, Flow (2.59-16.5 122mm and
[25] map Air-water mm) 65.8 mm ID
Flow Regime
Transition Map, Sphere(3 mm),
Charpentier | Pressure Drop & Cylinder
& Favier, Liquid Holdup Air-water, (1.8x6mm, 5/10 cm ID
1975 [26] Correlation hydrocarbons | 1.4x5mm) 1.2 m length
Pressure Drop &
Midoux, Liquid Holdup Sphere(3 mm),
Favier and Correlations for Cylinder
Charpentier, | foaming and non- | Air-water, (1.8x6mm, 5/10 cm ID
1976 [27] foaming liquids hydrocarbons | 1.4x5mm) 1.2 m length
Liquid Holdup Porous 3cmID, I m
Colombo et | (Low interaction Cylinders packing
al, 1976 [21] | regime) Air-water (0.38x0.48 cm) | height
Glass Spheres
(6mm),
Liquid Holdup Cylinders (5.4 | 0.08 m
(High and Low Air-water, mmx5.4 mm, diameter,
Specchia et | Interaction and other 2.7 mmx2.7 1.05 m
al, 1977 [28] | Regimes) liquids mm) height
Air-water, 63.5 mm ID
Chou et al, Trickle-to-pulse and other 2.9 cm glass 1.78 m
1977 [29] flow transition liquids beads length
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Table 1 Continued.

Gas-Liquid Column
Reference Information System Packing Dimensions
3/8" raschig 11.4/20 cm
rings ID
Fukushima et | Flow Map, Liquid 1/2" and 1" 1.4/1.9 m
al, 1977 [30] | Holdup Air-Water spheres length
Pressure Drop &
Liquid Holdup
Clements et | Correlation 1.04 mm, 1.39 | 55 mm ID
al, 1980 [31] | (Trickle & Pulsing mm, 3.35mm |and [.5m
[32] Flow) Air-silicone | extrudates length
Liquid holdup and
Mills et al, contacting Hexane- 0.0718 cm 1.35 cm ID,
1981 [33] efficiency Helium porous alumina | 40 cm length
Correlation for
flow transition, Air-water 5,10 and 20
Blok et al, liquid holdup and | and several Raschig Rings | cm ID
1983 [34] Pressure Drop other liquids | (2.5 and 4 mm) | Im length
Pressure Drop & Glass spheres 17.2 cm ID,
Levec et al, | Liquid Holdup (0.3 and 0.6 130 cm
1986 [35] Correlation Air-water cm diameter) length
New Pressure Spheres and
Drop Correlations | Air-water, cylinders 23-100 mm
Ellman et al, | for Industrial and other (1.16-3.06 ID, 0.49 -2
1988 [36] Reactors liquids mm) m height
Liquid Holdup
Wammes et | correlation at low | Water/ethyle
al, 1990 [37] | gas velocities, flow | neglycol, Glass spheres | 51 mm ID, 1
[38] regime transition nitrogen (3 mm) m length
2.7 mm, 4 mm
Air-water and 8 mm 70mm ID,
Wang et al, Trickle-to-pulse and other spherical glass | 1000 mm
1994 [39] flow transition liquids beads height
Trickle-to-Pulse
and Trickle-to-
Honda et al, | bubbly flow 3.41 mm 2" ID and
2015 [40] transition Air-Water spherical beads | 36" height




L.2.1. Flow Regime

A trickle bed reactor can be operated in a variety of flow regimes (Figure 1),
broadly classified as ‘Low Interaction Regime’ and ‘High Interaction Regime’. The
mixing characteristics and heat and mass transfer phenomena within the reactor strongly
depend on the operating flow regime [1]. Transition from one flow regime to another
may differ for foaming and non-foaming systems, along with other hydrodynamic
parameters [29, 41].

As the name suggests, foaming systems involve liquids that begin to foam at
sufficiently high flow rates, in the presence of a gas flow rate. For example,
hydrocarbons like kerosene, desulfurized and non-desulfurized gas oils have a tendency
to foam, whereas cyclohexane, gasoline, and petroleum ether do not [26]. In industry
practice, some hydrocarbon systems may begin to foam depending on properties such as
surface tension and viscosity, and anti-foaming agents or defoamers are usually added to
inhibit foam formation [41]. Therefore, many studies in literature use non-foaming
systems in experiments. Since air and water have been as fluids in this experimental
study, the scope of this study only extends to non-foaming systems only.

Following classification of flow regimes exists in a non-foaming system:

i Low Interaction Regime:

Also known as the Trickle Flow regime, this flow behavior is observed at low
liquid and gas flow velocities. Liquid phase trickles down in the form of rivulets and thin
films over the packing, interacting minimally with the continuous gas phase. This flow

regime enables stable operation of the reactor and ensures high residence time as



required by kinetics-limited reactions. However, in some cases, trickle flow operation

may not achieve the desired reactor performance due to low heat and mass transfer

coefficients.

il. High Interaction Regime:

This is further classified into three regimes:

a.

Pulse Flow: This is characteristic of high liquid and gas flow velocities,
and results in significant interaction between the fluids and the solid
catalyst. At high liquid flow rates, the catalyst bed is substantially wetted,
leading to the formation of bridges of liquid phase between the catalyst
particles. These bridges grow in size till the time they are broken and
pushed down by the gas flowing through the bed. As a result, alternating
liquid and gas rich slugs (or “pulses”) are observed flowing through the
catalyst bed. This leads to fluctuations in liquid holdup and pressure drop
in the column, as well as in heat and mass transfer rates. Operation in
pulsing regime, albeit conducive to high heat transport coefficients, is
unfavorable owing to the instability in operation associated with the
fluctuations in the column.

Dispersed Bubble Flow: At low gas velocities and high liquid to gas flow
ratios, gas phase is broken down into small dispersed bubbles flowing
through a continuous liquid phase. This too results in a high level of
interaction and is accompanied by rapid fluctuations in the column

hydrodynamic parameters.



c. Spray Flow: Spray or mist flow is achieved at very high gas to liquid flow
ratios, wherein liquid is broken down into tiny drops entrained in the
downward continuous gas flow. This regime is not very common in the
industry because most reactions require higher liquid to gas flow ratios.
Since it is hard to discern a boundary between spray flow regime and
trickle flow regime, both are sometimes grouped together and termed as
‘gas continuous flow’ regime [24, 42].

While it is useful to operate in trickle flow regime in order to achieve high liquid
residence time and stable operation, operating the reactor in pulsing regime can be more
suitable for mass transfer limited reactions, where high heat and mass transfer
coefficients are desired [2]. A majority of industrial columns thus operate in the trickle
flow regime, or close to the boundary of trickle-to-pulse flow regime [40, 43]. Prediction
of flow regime transition is important in reactor design, as many critical parameters like
pressure drop, liquid holdup, and mass transfer coefficients are dependent on the flow
regime. Therefore, significant research has focused on identifying the transition from
trickle flow to pulse flow or bubble flow, and on quantifying the associated
hydrodynamic parameters. Many authors have proposed flow maps and correlations to
identify transition from one regime to another. For example, Figure 1 shows the first
flow map proposed by Charpentier & Favier, 1975 that is accepted widely in literature. It
is based on Baker coordinates, in which the dimensionless group LA¢/G is plotted
against G/A, where A and @ are parameters dependent on fluid properties. Each of these

parameters equals 1 when the fluids are air and water.
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Figure 1. (i) Flow regimes in a trickle bed reactor: a) trickle flow b) pulse flow c) spray
flow d) dispersed bubble flow [44] (ii) Flow map proposed by Charpentier & Favier,

1.2.2. Pressure Drop

1975 [26]

Pressure drop calculations are important for Trickle Bed Reactors for the

estimation of feed pressure for pumping cost estimation, and for predicting parameters

like liquid holdup, wetting efficiency, and transport coefficients [1, 3, 20, 45]. A large

number of correlations and theoretical models can be found in literature for prediction of

two-phase pressure drop through a packed bed. For this study, focus is on correlations

that are based on experimental work. A majority of the correlations are based on some

form of the Ergun equation [46] or a similar equation, combined with a number of two-



phase parameters. Some correlations are purely empirical in nature, while others are
semi-empirical and employ dimensionless parameters of physical significance.

The Ergun equation predicts single-phase pressure drop through a packed bed:

AP —€)? 1-€)u?
BTN Gl DL NP Gl
L €3 D €3

p

(1)

s
D

Below is a summary of a few commonly used correlations:
i Larkins et al, 1961 [22]
Energy Balance of a flow system through a packed bed gives the following

expression:

[dP Au? (2)
T+T_(AL)(_)+2F+WS_ 0

On neglecting the shaft work, density changes and kinetic energy change through

the bed, we arrive at the following expression for a fully developed flow:

3)

_ap (g> EFp _ 4

L "P\g.) T AL
Two-phase parameters ¢p and y were proposed by Lockhart and Martinelli [47] in
1949 for flow in open tubes. These were further extended to packed beds by Larkins and

White, and since then, have been extensively used as a basis for predicting two-phase

pressure drop in packed beds. Below are the aforementioned two-phase parameters:

[ra @
= 6
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(5)
o)
¢.9 = <519>

(6)
_ 619
= (E)

where, 8,4is the two phase pressure drop, while §; and §, are liquid and gas-phase
pressure drops, respectively, that would exist if they were flowing separately in a single-
phase flow with the same flow rate as in the two-phase flow.

Larkins and White used a form of Ergun equation for single-phase pressure drop

and then proposed a correlation to calculate the two-phase pressure drop:

gchp3 € 3\° _ (7)
e )(1_6) = Re(a + fRe)
. Sy \ 0.416 ®)
91005, + 6,) ~ ((logioX)% + 0.666)
where,
Re — _PVPp 9)
u(1—e)
(1-e) (10)
Dy =6

a, [ are packing-specific constants, and 0.05 < y <30
ii. Turpin and Huntington, 1967 [23]
Turpin and Huntington proposed the following empirical pressure drop
correlation that is not dependent on knowledge of single-phase pressure drop.

Inf,; =796 —-134InZ + 0.0021(InZ)% 4+ 0.0078 (In Z2)? (11)
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flg = 6lgDe/2u(23pG (12)

2 € (13)
D,==D
e 37P1-¢
1.167
€c
0.2<Z:W<500

The frictional pressure drop is correlated to the two-phase friction factor fig,
which is expressed as a function of a dimensionless two-phase parameter Z.
iii. Sato et al, 1973 [24]
Instead of the Ergun Equation, Sato et al used a non-linear formula of Tallmadge
[48]:
f, = 150 + 4.2Re>/® (14)

where, f, is the viscous flow factor, given by:

_(AP\g.D} €? (15)
fv_(T) uU (1 —€)?

The pressure drop was thus represented by the following correlation:

1.85 (16)

0.85
X

¢, = 1.30 +

where, 0.1 < y < 20

An alternate expression for pressure drop was proposed, resembling the one by

Larkins et al;

12



| NI 0.70 (17
0910 AP, + APg) - [(log10(x/1.2)]? + 1.0)

iv. Midoux, Favier and Charpentier, 1976 [27]
Midoux et al performed a similar analysis as Larkins and White, using a
modified form of Ergun equation for single-phase pressure drop. The equation employed

packing specific parameters A’ and B’.

AP o (G) i <G'2> (18)
—_— M — —
L p p

Here, G’ is the gas mass flux in kg/m>-s. A similar equation for liquid phase was
used. Parameters A’ and B’ specific to our packing were calculated based on the Ergun
equation.

The pressure drop was represented by the following correlation:

1 114 (19)
b1 = 1+)_(+X0'54

where, 0 < y < 80
V. Specchia and Baldi, 1977 [28]

This study presented new form of correlations, based on different hydrodynamic
regimes. Specchia and Baldi proposed that the correlations of pressure drop and liquid
holdup should be different for different flow regimes, because of different levels of gas-
liquid interaction. For low interaction regime, pressure drop is calculated as that due to
gas flowing in a bed restricted by the presence of liquid, thereby considering the

influence of liquid holdup in the co-current gas flow. Shown below is the correlation

13



proposed for low interaction regime, which involves an Ergun-type equation, taking into

account static and dynamic liquid holdup (Bs and PBp, respectively):

s e == pp)P o 1=el=ps—fp) (20)
N TGy Ny E R R TG ey E Rl

where, ki and k> are packing dependent coefficients evaluated experimentally.

For pressure drop estimation in high interaction regime (pulsing flow), a separate
correlation was proposed on an empirical basis, very similar to that proposed by Turpin
and Huntington, 1967 [23]:

Z Z \1? 2D
Infiy = 7.82 = 1301n () - 0.0573 in ()|

z
0.6 < 7y < 500

1
o 213

s “_L<P_W)l
oL [Uw \PL

V. Ellman et al, 1988 [36]

(22)

The authors proposed a new correlation for two-phase pressure drop, based on
experiments performed over a wide range of fluid properties and packing geometries.
The correlations developed were proposed to be applicable to industrial trickle bed
reactors. The friction factor, as specified in the correlation by Turpin & Huntington, is
given by

fig = 5lgDP/2u¢23PG (23)

The friction factor can be found by the following correlation:

fig = A(xcé)! + B(xg€)* (High Interaction Regime) (24)

14



fig = C(x6&2)™ + D(x6&2)™ (Low Interaction Regime) (25)
where,

1+ 3.17Re}%°Wej?)01

$1

~ Re? (27)
(0.001 + Rel5)

$2

A=6.96;B=5327,C=200;D=85;j=-2; k=-1.5m=-12;n=-0.5

¥G 1s a factor derived from the two-phase flow factor y, and is given by:

B (WeG)O'S (28)
X = We,

The Weber number incorporates the interfacial forces between the liquid and the
gas phase, while the Reynolds number incorporates the viscous force inside the liquid.
Therefore, the correlation for Low Interaction regime (yc < 0.8) includes only the
Reynolds number, while for High Interaction Regime (1.2<yg) it includes both the

Reynolds and Weber numbers.

1.2.3. Liquid Holdup/Saturation

Liquid holdup, defined as the amount of liquid present in the column at any given
point of time, is expressed as a fraction of the column volume. Another commonly used
term is liquid saturation, which is the fraction of available void volume in the packing
occupied by the liquid. In this thesis, the correlations mentioned will be used for the
calculation of liquid saturation, but the two terms may be used interchangeably while
theoretically referring to the parameter. Liquid saturation is an important hydrodynamic

parameter in a trickle bed reactor, because (1) it controls the residence time of the liquid
15



in the packing, which can be used to size the reactor, and which eventually controls the
overall conversion in the reactor, and (2) it gives an indication of the extent of liquid-
solid contacting and the pressure gradient in the bed, which affect the overall heat and
mass transfer rates in the bed. Liquid Saturation can be divided into two categories:
1. Static Liquid Saturation (Bs), which is the liquid that remains in the bed
after complete draining, and
ii.  Dynamic Liquid Saturation (Bp), which is the liquid that continuously
drains out and gets replenished

Both combined together constitute the total liquid holdup. For porous catalysts,
total liquid holdup comprises of liquid contained in the void volume external to the
packing (external holdup) as well as that inside the pores of the catalyst (internal
holdup). For the purpose of this study, in which non-porous packing is employed, the
external liquid holdup is equal to the total liquid holdup.

Static liquid holdup, also known as residual or capillary holdup, usually
represents only a small fraction of the total holdup, and is independent of the previous
operating conditions. Charpentier et al (1968) [49] proposed that the static holdup is a
function of the ratio between gravitational and capillary forces, represented by the
E6tvos number:

Eb = p,gD§ /o (29)

At E6 <5, value of €fs is about 0.05, while at higher values of E0, static liquid
saturation is inversely proportional to the E6tvos number. While static liquid holdup is a

function of liquid properties and packing shape size and wettability, dynamic holdup is a
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function of liquid and gas properties, reactor pressure, flow rates, and packing
characteristics [50].

Similar to pressure drop estimation, many studies have been done to predict
liquid saturation in a trickle bed reactor. Since the forces behind static and dynamic
holdup are different, many of these correlations consider them separately, and only
predict the dynamic liquid saturation, while some others predict the total liquid
saturation. The complexities associated with flow patterns, packing structure, and
particle wettability, are some of the challenges associated with accurately predicting
liquid saturation for a wide range of flow rates and a variety of packing types [37]. For
low interaction regimes, liquid holdup has usually been proposed to be a function of
Reynolds Number Rey, the Galileo Number Gar, and a packing dependent parameter.
For high interaction regime, more dimensionless parameters come into play to account
for higher pressure drop, higher energy dissipation, additional gas-liquid interaction,
and/or surface tension forces [20]. Following list presents some selected publications
that propose predictive correlations based on experimental data:

i Otake and Okada, 1953 [51]

This is one of the initial works that introduced the role of the Reynolds Number
(Re) and Galileo Number (Ga) in liquid holdup correlations. This correlation was
introduced for single phase free trickling liquid and is extended to two-phase flow with
low gas velocities:

For Spheres, 10 < Re < 2000
€Bp = 1.295(Re)°%7%(Ga)~***(a,Dp) (30)
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For Raschig Rings and Broken Solids,
eBp = 15.1(Re)*576(Ga) "4 (a,Dp) 04 (31)

10 < Re < 2000

€Bp = 21.1(Re)*>*(Ga)~***(a,Dp)~%° (32)
0.01 < Re< 10
where,
vD
Re = PV
p(1—e)
Diptg (33)
Ga = >
HE

However, these correlations were based on absorption columns packed with large
particles, and may not fit the data as particle size is reduced [52].
ii. Larkins et al, 1961 [22]
The dynamic liquid saturation is correlated by the following expression:
logBp = 0.525logy — 0.109(logy)? — 0.774 (34)
0.05< y <30
where the parameters are as defined in Section 1.2.2. (1).
iii. Turpin and Huntington, 1967 [23]
Turpin and Huntington proposed the following empirical correlation for dynamic

liquid saturation that does not contain any term for packing characteristics.

L\ (35)
Bp = —0.017 + 0.132 <E>
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1\ %24
1.0< | = <6.0
(&)
iv. Satterfield et al, 1972 [18]

Satterfield and Way proposed a correlation for total liquid saturation at low gas

flows, for free trickling liquid:
eBr = Auiﬂui“ +B (36)
where, A and B are dependent on the packing type. As can be seen from the correlation,
liquid holdup at low gas flows is proposed to be independent of the gas flow. This form
of a correlation is usually applied to small range of gas flows in lab scale experiments —
it fails for commercial operations because of higher gas flows and thus, lower holdup
values [26].
V. Sato et al, 1973 [24]
Sato et al correlated the total liquid saturation with the two-phase parameter y as

defined in Section 1.2.2. (i):

Br = 0.4x°22a}/3 (37)

where, 0.1 < y < 20
Here, ay is the specific surface area of the bed and is given by

_6(1-¢ (38)
a, = D—P
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VI Charpentier and Favier, 1975 [26]
Charpentier and Favier correlated the total liquid saturation as a function of a

modified two-phase parameter

logBr = —0.363 + 0.168logy’ — 0.043(logx")? (39)
L_’ 0.5 (40)
r_ G
)
pgc" L

0.05 < ' <100
Here, ’ is the ratio of the frictional energy flux dissipated when liquid is
trickling through the packing, to that when gas is flowing through the packing.
The corresponding pressure drop as used in the correlation is calculated by the

following expression:

(41)

AP  hpa?(1—¢€)? hga,(1 —€

L €3 €3 pu
where, hy and hg are packing dependent coefficients.
Vii. Goto and Smith, 1975 [52]
The results and the corresponding liquid saturation correlation by Goto and

Smith matched those of Satterfield et al. In this case, however, the dynamic saturation

was correlated instead of total saturation:

eBp = Aui/‘?’uz/4 (42)

where, A is a packing dependent coefficient.

viii.  Midoux, Favier and Charpentier, 1976 [27]
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Midoux et al correlated the total liquid saturation with the two-phase parameter y
as defined in Section 1.2.2. (i):

_0.66(0)°8! (43)
T'7140.66(x)081

where, 0 < y < 80
ix. Specchia and Baldi, 1977 [28]
For low interaction regime, Specchia and Baldi assumed that the mechanism of
momentum transfer between the trickling flow and the packing was not significantly
affected by the co-current gas flow. The dynamic saturation Bp for free trickling flow

with zero gas flow, was correlated as below, similar to the expression introduced by

Otake and Okada [51]:

0.65 44
Bp = 3.86(Re,)*5*5(Ga) 0% (aeﬁ) 4

0.3 < Re;, < 300
When there is a co-current gas flow, the pressure gradient and the accompanying
gas-liquid drag forces induce an additional acceleration on the liquid. Therefore, a

modified Galileo number Ga* was defined, such that:

. _ Dip.(prLg + 816) (45)

Ga
I

This gave rise to a general correlation for two-phase flow in poor interaction
regime:

0.65 46
Bp = 3.86(Re,)****(Ga") ™" (ﬂ) (46)
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3 < Re;, <470
For liquid saturation in high interaction regime (pulsing flow), a separate

correlation was proposed using the same parameter ‘Z’ as used in their pressure drop

correlation:
-0.312 0.65
avDP (47)
B, = 0.0125 [_lpl.l] ( K )
Z
1< W < 500

X. Dudukovic and Mills, 1981 [33]
Dudukovic and Mills introduced the following correlations that asymptotically

reach a value of 1 at high liquid velocities:

D 2>“’86) (48)

fp = 1.0 — exp(—0.634Re; 0333 Fr)842)y o, 0448 (av ( .

) ) Do 2 0.924 (49)
Bp = tanh(0.731Re; *333Fr) 708y o 0346 (av (? ) )
0.3 < Re;, <32
Fr,(Froude number for liquid) = a,L?/p?g (50)
30X107° < Fr; <22X1072
We,(Weber number for liquid) = L?/o,p,a, (51)

34X1077 < We, <9.1X107*
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Xi. Wammes et al, 1990 [37]

Wammes et al investigated the influence of pressure on liquid holdup in trickle
bed reactors operating at low gas velocities. Their data fit into a correlation very much
similar to that by Specchia and Baldi (1977) for liquid saturation in poor interaction
regime:

avDP>O.65 (52)
€

ﬁD — 3.8(ReL)°'545(Ga*)‘°'42 <
19cm/s <vy; <52cm/s
The pressure drop and liquid holdup correlations listed above are the most
significant ones in literature and have been widely cited. These were selected from the
experimental studies listed in Table 1 based on how well they are cited in literature, and

also on their relevance to this study with regard to applicability to non-foaming systems,

operating conditions, and packing characteristics.

I.3. Research Motivation

Although an extensive amount of research can be found in literature on the
hydrodynamics of a trickle bed reactor, there exists a historical disconnect between
academic predictions and industrial data. Moreover, there is a general level of
disagreement amongst correlations from different studies. This is because most of the
correlations and flow maps are restricted to a limited range of experimental conditions,
reactor sizes, and packing geometries specific to that used by the authors, and industrial

data are needed to confirm their validity in large towers [28, 35, 36, 39, 50].
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A majority of data in literature is taken in laboratory reactors, which are usually
less than 20 cm in diameter and a meter in length. In other words, column-to-particle
diameter (Dc/Dp) ratio encountered in literature is less than 20 in most cases, whereas
commercial columns exhibit a Dc/Dp of 1000 or higher. Consequently, wall effects can
significantly alter the two-phase flow hydrodynamics through the packed bed. For low
Dc/Dp ratios (< 5), bed porosity is much higher near walls, while the effect decreases
and becomes negligible for larger columns [3]. In addition, pressure drop measurements
in small scale experiments can be inaccurate due to reactor end effects [9], resulting in
deviation from the industrial operation. Therefore, more data are needed for columns
with larger diameters [2].

Up until the 1970s, most correlations were based on data obtained from
absorption columns that use large particles for packing [52]. Subsequently, even after the
incorporation of smaller and different particle geometries like spheres, cylinders and
multi-lobes, a noticeable difference in the data for different packing types can be
observed from literature. For example, Charpentier and Favier [26] observed that
dynamic liquid saturation is higher in case of cylindrical shaped packing as compared to
spherical shaped packing. A substantial amount of data in literature is based on either
spherical particles, or cylinders that are either equilateral or have a low aspect ratio.
Increasing the aspect ratio reduces the particle sphericity, and can increase the deviation
from the available data. Many cylindrical catalyst particles in the industry have aspect
ratios higher than 5, which can result in a unique packing arrangement/orientation of the

particles in the bed. The overall configuration of packing significantly affects the two-
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phase flow pattern through the packing and consequently the hydrodynamic parameters,
thereby impacting effective wetting, heat, and mass transfer rates [3].

This research aims to fill in the aforementioned gap in literature by publishing
data collected from a very large diameter column. In addition, the packing used in the
study consists of cylindrical extrudates of high aspect ratio (Length/Diameter > 5). The
results are expected to provide a better insight into hydrodynamics and operation of
industrial scale reactors.

This chapter covered an introduction to trickle bed reactors and the associated
hydrodynamic parameters that were experimentally observed as a part of this study.
Selected studies from literature were presented that proposed correlations based on
experimental data and dimensionless numbers of physical significance. Chapter 11
describes the experimental setup and data acquisition and control in detail. Chapter III
presents the experimental methodology employed, results obtained, and comparison of
data with the existing correlations in literature. The last chapter summarizes the findings

from this study, alongside recommendations for future research.
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CHAPTER II

EXPERIMENTAL SETUP

As noted in the previous chapter, considerable experimental research can be
found in literature on the study of hydrodynamic parameters of trickle bed reactors. In
order to bridge the gap between academic results and industrial operation, this study
aims to gather data from a large-scale column, and compare it to the existing correlations
in literature. This chapter details the experimental setup that was employed and describes

the data acquisition process.

IL.1. Experimental Apparatus

The experimental setup consists of a 10 ft. long and 13 in. ID acrylic column
filled with non-porous cylindrical shaped packing. Auxiliary equipment includes a
storage tank, centrifugal pump, and the associated piping, valves and fittings.
Instrumentation comprises of different sensors for measuring data, and the associated

software and hardware devices for data acquisition and signal conditioning.

I1.1.1. Column

The entire column is made of 0.5 in. thick acrylic and is comprised of four
sections, each 13 in. ID and 14 in. OD, connected via circular flanges of 16 in. OD.
Black rubber gasket (1/4 in. nominal thickness) material between each flange allows
compression sealing between each section. Figure 2 is a schematic diagram of the entire

structure. Following are the components of the system:
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ii.

iii.

1v.

Top Section/Inlet: This is the top 1 ft. of the 13 in. ID column, and does not
contain any packing. It has four 2 in. NPT tapped holes spaced 90° apart
approximately 72 ft. from the top, for radially uniform liquid supply to the
packed bed. The top flange allows attachment of a sealing cap (1/2 in. acrylic
plate, 18 in. diameter) containing a single, central air inlet (via 2 in. NPT
tapped hole).

Packing Zone 1: The next length of 13 in. ID column is 3 ft. long, with no
instrumentation or inlet/outlets installed.

Packing Zone 2: The next length of 13 in. ID column is 4 ft. long, with 5
evenly spaced 0-15psig pressure transducers installed flush to the inner tube
wall via ’2 in. NPT-tapped holes. This enables measurement of local pressure
vs. time as well as providing a multi-point measurement of pressure drop
along the column.

Packing Zone 3: The final length of 13 in. ID column is 2 ft. long, with an 8
in. OD (7.5 in. ID) 90° side port to facilitate loading and unloading of the
packed-bed. This side port protrudes 6 in. from the vertical column and has a
flange-sealed flat plate attached.

Outlet Zone: The outlet zone consists of 6 in. of open 13 in. ID column length
with plastic skirt to minimize liquid splashing as outlet enters liquid
collection drum. Between the bottom flange of packing zone 3 and the top
flange of the outlet zone is a %4 in. opening, 8-gauge stainless steel wire mesh

that serves as a retaining screen for the packed bed. The top flange of this
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zone rests on 6 evenly spaced load springs, with a slight (<1/4 in.) gap
between the flange and 4 evenly spaced load cells for measuring liquid

holdup.

11.1.2. Packing Material

The bottom of the column has about 2 in. height packed with 2 in. OD acrylic
spheres, followed by an additional 2 in. height of % in. OD acrylic spheres. These two
layers prevent the actual bed packing materials (1/16 in. OD extrudates of length %4 - 1%
in.) from slipping through the retaining screen/wire mesh and clogging the pump. On top
of the pre-packing layer, approximately 8-9 ft. of 1/16 in. OD extrudates are dumped to
form the final packed-bed.

The packed bed has an average porosity (¢) of 46%. Equivalent particle diameter
(Dp), which is the diameter of a sphere with the same volume/surface area ratio as the
cylindrical packing particle, is calculated to be about 0.0022 m, or 0.087 in. The column-
to-particle diameter (Dc/Dp) for the system, therefore, is about 150. This is much higher
than what is frequently encountered in literature (Dc/Dp <20), and essentially closer to

that of commercial reactors.

I1.1.3. Air Line

Dry air is supplied from house air header at a supply pressure of 110 psig,
through a 2 in. copper line containing a ball valve (yellow handle) for rapid shut-off of
air pressure to the experiment. This is let down to a delivery pressure of 10 psig by a
secondary pressure regulator, followed by a manually controlled gate valve. A 0 —400

SLPM digital mass flow controller provides computer-controlled supply of air to the
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column. An adjustable back-pressure regulator (set to 7.5 psig relief pressure) is located
downstream of the flow controller to allow venting to atmosphere of excess air to
prevent column overpressure. The gas inlet to the column has a check valve that prevents
any backflow of liquid from the distributor column. Downstream of the check valve, is a
pressure transducer to measure the bed top pressure, and a pressure safety valve that is
set at 15 psig in case all safety measures from upstream fail to protect the equipment

from overpressure.

11.1.4. Liquid Line

Water is stored in a 135-gallon steel tank, and is recirculated via a 7.5 HP
centrifugal pump (with an impeller diameter of 13 in. rotating at 3500 RPM). The liquid
line is equipped with an electronically actuated ball valve controlled by computer and a
self-powered paddle-wheel flow meter, located downstream of the ball valve. Signal
from the paddle-wheel is hardware conditioned and converted to constant-magnitude
amplified square wave, before being sent to computer, which translates approximately

one second of continuous data to a single frequency value for calculating liquid flow.

29



Air
110 psig

PV-1 PV-2

20 psig

JUaA 0]

1
I
I
I
I
I
I
l
<
I
I
I
I
I
I
I
|

e e e e e e e e e e =

Figure 2. Schematic of experimental apparatus, showing four interchangeable column
zones, liquid recirculation line and gas line; (inset) top-down illustration of 4-point
liquid inlet to inlet/distributor zone

I1.2. Data Acquisition/Control

The data from the system follow the path as shown in Figure 3. Fluid flow rates,
pressure readings, and liquid load measurement, are all measured using respective sensor
instruments. The output (analog signal) is sent to a signal collection box, which acts as a

junction between sensors and the data acquisition device. Here, a 9VDC power is
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supplied in order to amplify the signal from the sensor, and 12-guage wires carry the
signals to the separate input channels in the data acquisition device. The device is
plugged into the computer, in which the signals are processed, conditioned and

converted to readable data using LabView software.

Signal Datta
System Sensor S Acquisition Computer
Collector i
Device

Figure 3. Data acquisition

I1.2.1. Sensors

An array of sensors was employed to measure liquid and gas flow rates, and local
pressures and overall liquid holdup in the column. Raw signal from each sensor is
converted to the final value after signal conditioning and sensor calibration. Following
sensors were used to record the data from the system:

I. Load Sensors

Four load sensors have been used to measure the mass of liquid held in the
column at any given point of time. This is used for the calculation of dynamic liquid
saturation corresponding to the existing operating conditions. These sensors consist of a
metal housing containing a flexible membrane with Wheatstone bridge circuit patterned
on it. At zero load, the bridge is balanced, and application of input voltage does not give

any output signal voltage. As some load is applied, the bridge becomes unbalanced, and
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application of an input voltage creates an output voltage. The amplitude of this raw
output signal, after the required signal conditioning, is translated using manufacturer-
supplied calibration factor, to obtain the total additional load M (kg) in the column. This

is converted to dynamic liquid saturation as follows:

Mp,
(nD3H)e

Bp (%) =
ii. Pressure Transducers
Four pressure transducers are installed at different locations in the column — one
is inserted at the top, while three are inserted in the middle of the packing at some
distance from each other. These transducers too are based on Wheatstone bridge as
described in case of load sensors. The amplitude of the raw output signal, after the
required signal conditioning, is translated using manufacturer-supplied calibration factor,
to obtain the local pressure reading (psig) in the column. The pressure readings at
different portions of the column are used to arrive at the pressure drop per unit length
(psi/ft) at the existing operating conditions.
iii. Liquid Flow Meter
Liquid flow is measured using a self-powered paddlewheel type flow meter,
which is inserted into the liquid piping about 5 ft downstream of the flow control valve.
The 4-paddle free spinning wheel at the end of the flow meter (Figure 4) rotates at a
speed proportional to the flow velocity.

The flow meter output is a raw signal that is passed through a comparator/

operational amplifier circuit that converts it into a fixed magnitude (9V) square wave.
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Frequency of this conditioned signal is measured using Fourier Transform in LabView,

which is then converted to the corresponding flow rate using a calibration factor.
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Figure 4. Paddle-wheel flow meter for measuring liquid flow rate

. Gas Mass Flow Controller

Air flow is measured as well as controlled by a single Mass Flow Controller
(MFC) instrument installed in the air line upstream of the inlet to column. The maximum

capacity of the MFC is 400 SLPM of gas flow.

11.2.2. Computer Control via LabView
LabView software is used to manage all data acquisition from the pressure and

load sensors. In normal operation, it is programmed to sample 1s worth of data, at a rate
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of 100 data points per second (i.e., 100 Hz). Once steady-state is reached, it is switched
to ‘Record Mode’, where two minutes of data are recorded in an excel sheet, again at a
rate of 100 data samples per second, totaling 12000 data points spread over two minutes.
The data are averaged to obtain the single value of pressure and liquid holdup at steady
state operation, along with the standard deviation over the two minute interval.

In addition, liquid flow is controlled via an electronically actuated ball valve
controlled by LabView on computer. A closed-loop feedback control strategy is used in
which the user-input set point is compared with the operating point (liquid flow rate,
gpm). After sampling the flow rate, the computer sends a control signal ‘pulse’ of
duration 0.1s to the ball valve to adjust the flow rate till the set point matches the
operating point. The LabView software includes a manual override button, which allows
the user to disconnect the closed-loop flow control in favor of manual control of the ball
valve; each click on the ball valve controls sends a 0.1s pulse or incremental adjustment
of the ball valve. The pulse-wise control of the ball valve allows the user (or computer
control) to re-assess liquid flow before another adjustment, therefore avoiding over-
control and flooding of the column.

In summary, this chapter covered an overview of the experimental setup, with a
detailed description of each equipment and instrument that was integral to the operation,
data measurement and acquisition, and safety of the system. Chapter III presents the
methodology followed to gather data, results obtained, and comparison with existing

knowledge in literature.
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CHAPTER III

RESULTS AND DISCUSSION

Trickle bed reactors are one of the most commonly used industrial reactors for
carrying out reactions of gas and liquid phase reactants on a solid catalyst packing.
Hydrodynamics of such reactors continues to be a focus area due to the complexities
associated with multi-phase flow. The objective of this study is to bridge the gap
between laboratory and industrial scale operation by gathering data from a large scale
column, and to supplement research on hydrodynamics in the low gas superficial
velocity range. In Chapter I, key hydrodynamic parameters in trickle bed reactors are
described, along with the available knowledge that can be employed for their prediction
to aid in reactor design and performance evaluation. Chapter II describes the
experimental setup that was employed to collect data that can provide better insight into
the industrial scale of operations. This Chapter presents the hydrodynamic data collected
and analyzed with respect to existing correlations in literature. Observations made with

respect to flow regime transition at the operating conditions studied are also presented.

I1.1. Operation
Data were collected for the following operating range, analyzed for trends and
compared with the existing knowledge based on previously done experimental work on
Trickle Bed Reactors.
v" Gas Flow (G) = 5 to 400 SLPM (G’ = 0.001 to 0.1 kg/m?/s)

v" Liquid Flow (L) = 6 to 60 gpm (L’ = 4.4 to 44 kg/m?/s)
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In each case, the gas flow rate was fixed at some value, while the liquid flow rate
was increased incrementally. To visualize the operational range covered by our
experimental work, existing flow maps were used, as developed by Sato et al, 1973 [25]
and Charpentier and Favier, 1975 [26]. The region of interest is highlighted in the flow
maps shown in Figure 5 (a) and (b). The operating conditions correspond to a very low
gas to liquid ratio, quite common in the industry but rarely encountered in literature.
Here, a major part of the range lies in the low interaction regime, and touches the pulsing

flow regime and the bubble flow regime at various portions of the map.
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Figure S. Flow maps depicting the operating range in this study (a) Flow map by Sato et
al [25] (b) Flow map by Charpentier et al [26]
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At every experimental run, hydrodynamic data were extracted from the system
when there was a negligible change in the data from the previous two consecutive trials.
For most runs, steady state is achieved at an approximate interval of 10 to 15 minutes
after operating variables are changed. Liquid saturation was calculated from the load cell
readings, and pressure drop was calculated from pressure transducer readings. While
local variations in liquid load and pressure drop across the column are expected, the
hydrodynamic data taken in all experimental runs is assumed to be the average value for
the column.

Flow is relatively undeveloped in the top 20-30% of the column (as observed
visually) due to incomplete mixing of the two fluids, and pressure transducers were
inserted in the bottom half of the column (except for one installed at the top) to have
more accuracy in local pressure measurement. Pressure drop was calculated between
each of the pressure transducers, and it was observed that the resulting values did not
differ by a significant margin from each other. The final pressure drop reported in the
study is the average of all pressure drop values calculated across each transducer.

Hysteresis was exhibited by the system, as observed from the liquid holdup and
pressure drop values, mainly at the lower liquid flow values. This observation is also
reported by many authors [19, 35, 40]. Figure 6 shows the hysteresis observed at a gas
flow rate of 100 SLPM. At increasing liquid flow, liquid flows down in the form of
channeled rivulets through the relatively dry packing. As the flow is increased, it begins
spread to other portions of the packing that were previously not in contact with the

liquid. Once the liquid flow is high enough, a substantial portion of the packing now gets
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covered in a thin film of liquid with liquid bridges between the packing that need to be
broken down by the gas flow. Therefore, as the liquid flow is now decreased, the gas
encounters higher pressure drop than in the case when the liquid flow was being
increased. At the same time, a more uniformly wetted packing sees a comparatively
higher value of liquid holdup.

In order to obtain consistent readings that are more representative of the
industrial columns, the packing was subjected to a high interaction regime (high liquid
and gas flows) before bringing down the flow rates to the set points. This pre-wetting

procedure is commonly followed by many authors in literature [38, 40].

Liquid Saturation (%) Pressure Drop (psi/ft)
80 0.900
70 0.800
60 0.700
50 0.600
0.500

40
0.400
30 0.300
20 0.200
10 0.100
0 0.000
0.00 20.00 40.00 60.00 0.00 20.00 40.00 60.00
Liquid Flow Rate (gpm) Liquid Flow Rate (gpm)
—@— Increasing Flow ~ —@— Decreasing Flow —@— Increasing Flow = —@— Decreasing Flow

Figure 6. Hysteresis observed in liquid holdup and pressure drop readings

38



II1.2. Pressure Drop

As described in Section 1.2.2, pressure drop is an important parameter in design
of commercial reactors. Larger reactors can have different pressure drop behavior from
laboratory scale reactors, due to negligible wall effects and reduction in fluid density
along the bed length. Pressure drop estimation is useful in predicting feed pressure, since
many reactors operate at a constant feed pressure. In addition, it is a key parameter in
estimation of heat and mass transfer coefficients. The following subsections detail the
pressure drop trend recorded at the aforementioned operating conditions and how it

compares to the prediction by existing correlations.

1I1.2.1. Pressure Drop Data

The pressure drop data obtained for the trickle bed column are shown in Figure 7.
At most gas flow rates, the frictional pressure drop remains zero for liquid flow rates up
to around 15 gpm, and liquid flow is gravity driven. At higher liquid flows, liquid
spreads radially while flowing down through the packing, and drag forces between the
two phases come into play, which increases the pressure drop with increasing liquid
flow. At higher gas flow rates, the gravity drainage portion becomes less significant,
because of some level of gas-liquid interaction even at low liquid flow rates. Figure 7
shows plots with two sets of experimental data each, arbitrarily paired for the purpose of
comparison. As can be seen, at the low gas velocities range in which our entire
operational lies (0-70 cm/s), there is not a significant difference in pressure drop values
as the gas flow rate is increased, and the pressure drop trend is quite similar at all gas

flow rates.
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Figure 7. Experimental data representing pressure drop for a) G =10 and 100 SLPM, b)
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1I1.2.2. Comparison with Literature

Data obtained were compared with correlations listed in Chapter I to check
which set of correlations give the closest estimate. Some of those correlations have been
selected based on their wide use and citations by other authors, and are plotted below.

For the purpose of comparison, data for only two gas flow rates, 80 SLPM
(Figure 8) and 300 SLPM (Figure 9), are plotted along with the trend predicted by
various correlations. It was observed that many of the correlations do not agree with
each other, and also do not give a close prediction of the data. Figure 10 shows parity
plots of selected pressure drop correlations that give the closest estimate to the

experimental data, against more than 300 data points.
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Figure 8. Pressure drop data for G = 80 SLPM compared to existing correlations
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Figure 9. Pressure drop data for G = 300 SLPM compared to existing correlations
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a) Sato et al (1973)
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b) Midoux et al (1976)
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Figure 10. Parity plots for pressure drop correlations by (a) Sato et al (1973) (b) Midoux
et al (1976)
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Some observations that can be made from the comparison of pressure drop data

to the tested correlations, are:

ii.

These correlations do not account for gravity drainage, which is significant at
low liquid flow rates, especially in the low gas velocity regime specific to the
operating range in this study. The driving force for liquid flow comprises of
the gravitational flow and the drag force between the gas and liquid [37]. At
liquid flow rates up to 10 — 15 gpm, drag forces are negligible due to a very
low interaction between the two fluids, and the liquid flowing mostly due to
gravitational force. At this time, the recorded frictional pressure drop in the
bed is approximately zero, and the conditions resemble a single-liquid trickle
flow experiment [18, 28, 37]. As liquid flow is increased, liquid spreads over
to other regions in the packing, wetting it more uniformly. Therefore, drag
forces come become significant, increasing the frictional pressure drop
reading in the column. Most correlations in literature have been tested at
much higher gas velocities (even for ‘Low Interaction Regime’ or trickle
flow regime), and thus represent a different realm of hydrodynamics than
what is observed at low gas velocities.

Correlation proposed by Sato et al (1973), and by Midoux et al (1976), give
the closest estimate for the entire operational regime studied, again with
significant deviation at lower liquid flow rates due to strong gravity assisted
drainage. At higher liquid flows, data fall within +20% range of the

prediction.
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iii. All other correlations show a trend significantly dissimilar from the collected
data, and from each other as well.

iv. Categorizing the pressure drop correlations into High and Low Interaction
regimes (i.e., pulsing and trickling flow, respectively) may not be
representative of every range of operation, especially that of operation at low
gas velocities. The correlations by Specchia and Baldi [28] thus do not satisfy

the data.

IT1.3. Liquid Saturation
As mentioned in Section 1.2.3, static liquid holdup is represented by the E6tvos

number, which can be calculated for our system as:

_pgDi
0,

Eo

= 0.65

From Figure 11 published by Swaaij et al, 1969 [53], it can be seen that for E6 < 5, value
of €fs is about 0.05. This gives
€ s = 005

ﬁs ~ 11%
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Figure 11. Correlation of static liquid holdup with E6tvos number [53]

Therefore, static saturation for the column in our system can be taken as 11%.
The load sensors used in our system give a measurement of the dynamic saturation,
which is also predicted by a majority of correlations in literature. For the correlations
that predict the total liquid saturation [18, 24, 27], the static liquid saturation can be
deducted to arrive at the dynamic saturation. The following subsections detail the liquid
saturation trend recorded at the aforementioned operating conditions and how it

compares to the prediction by existing correlations.
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1I1.3.1. Liquid Saturation Data

The liquid saturation data for the Trickle Bed column were collected and are
represented by Figure 12. As previously reported in literature [1, 18, 37, 54], liquid

holdup at low gas velocities is not significantly affected by increasing the gas flow.

(a) Liquid Saturation (%)
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Figure 12. Experimental data representing liquid saturation for a) G =10 and 100
SLPM, b) G =40 and 180 SLPM, c) 80 and 220 SLPM, d) 120 and 300 SLPM, and ¢)
160 and 400 SLPM
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111.3.2. Comparison with literature

Liquid saturation data were compared with correlations listed in Chapter I to
check which set of correlations give the closest estimate. For the purpose of comparison,
data for only two gas flow rates, 80 SLPM and 300 SLPM, are plotted along with the
trend predicted by selected correlations (Figure 13 and Figure 14). Again, a significant
disagreement between these correlations can be observed, with a few of them giving a
close estimate. Figure 15 shows parity plots of the closest selected liquid saturation

correlations in comparison to the experimental data representing over 300 data points.

Liquid Saturation: 80 SLPM

100
90
80
70 ®
60
3 ——Otake et al
a >0 ——Midoux et al
40 — Charpentier et al
——Sato et al
30 Satterfield et al
——Larkins et al
20 ——Specchia et al (LIR)
10 ——Turpin et al
Turpin et al (Modified)
0
0.00 10.00 20.00 30.00 40.00 50.00 60.00 70.00
L (gpm)

Figure 13. Liquid saturation data for G = 80 SLPM compared to existing correlations
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Liquid Saturation: 300 SLPM
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Figure 14. Liquid saturation data for G = 300 SLPM compared to existing correlations
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Figure 15. Parity plots for correlations by (a) Satterfield et al (1972), (b) Sato et al
(1973), (c) Midoux et al (1976), and (d) Specchia et al (1977)
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Some observations made pertaining to the comparison of liquid holdup data with

the tested correlations, are mentioned below:

ii.

iii.

Correlation proposed by Turpin et al [23] is entirely empirical in nature, but
gives an accurate description of the liquid saturation trend if its constants are
modified. However, those constants need to be changed to different values
for different gas flow rates, indicating that the correlation should also contain
other factors representing the packing characteristics, fluid properties, and
drag forces that result due to a higher gas flow.

Correlations proposed by Specchia and Baldi [28] for Low Interaction
Regime, and a similar one proposed by Wammes et al [37], give the closest
estimate in the operational regime studied, with a mean deviation of only
about 6% from the experimental data, and the entire data lie in the +20%
range of the prediction. This is due to introduction of the modified Galileo
number that incorporates drag forces due to the gas flow, in addition to
gravitational force on the liquid.

Correlations proposed by Satterfield et al [18], which is based on single-
liquid phase trickling flow, appears to give an close prediction of liquid
saturation, with a mean deviation of around 7.5% from the experimental data,
with the entire data lying within +20% of the prediction. Since the expression
does not feature gas flow, it predicts the same trend for all the gas flow rates
in the low gas velocity range. This is a good approximation because for gas

flow rates from 0 to 400 SLPM, the liquid saturation values only vary by a
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1v.

maximum of 14%. However, this correlation should be used with caution for
other operating ranges lying in the low interaction regime, as well as for
different packing shapes and fluid properties.

Correlations proposed by Sato et al [24], and Midoux et al [27], both of
which use the two-phase parameter  to correlate the liquid saturation, give a
reasonably close prediction, with a mean deviation of around 14.5% and
16.5%, respectively, from the experimental data. However, the spread
increases at lower gas flow rates (Figure 15), due to which substantial data lie
outside of the +20% range from the predictions.

Other correlations studied do predict the data effectively, and are also in

considerable disagreement with each other.

I11.4. Flow Regime Transition

A majority of studies in literature are focused on trickle-to-pulse flow transition.

Characterization of a transition from low interaction to high interaction regime is done

mostly in two ways:

1) Visual Observation: A transition is noted when clear pulses can be seen moving

2)

down the column. These alternating gas and liquid rich slugs often start from the
bottom of the column and move up as the liquid flow is increased.

Standard deviation method: The onset of fluctuations can be quantified as a rise
in standard deviation of the pressure drop readings collected over an interval of
1-2 minutes [39, 40]. For example, Honda et al [40] used the relative standard

deviation (or) of pressure drop readings to characterize trickle-to-pulse and
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trickle-to-bubble flow transition. Their work shows a steep rise in or at a certain
liquid flow rate, beyond which high interaction regime is assumed to be
achieved, supported by visual observation. The authors quantified and presented
results for trickle-to-bubble flow transition at a low fixed gas superficial velocity,
and trickle-to-pulse flow transition at high fixed gas superficial velocity. The rise
in fluctuations is more in the latter case than in the former case, which is
expected due to overall higher fluid flow rates in the latter case.

The relative standard deviation is given by

o
=2 3)

where, op is the baseline standard deviation (i.e., fluctuation at no flow
condition)

Some researchers have reported a steep rise in pressure drop at the transition [25,

40], while some have observed little or no effect of flow regime transition on the

pressure drop trend [31, 55]. Since results from the present study show that pressure

drop trend is unaffected by flow regime transition, any correlation representing the data

should not depend on the prevailing flow regime.

As seen from conventionally used flow maps in Figure 5, our operation lies in

very low gas to liquid flow range. From the map, it is expected that trickle flow will be

encountered for most of the flow rates, with a trickle to bubble flow transition at the

lowest gas flow rates, while just touching the transition trickle flow to pulsing flow at

higher gas flows (closer to 400 SLPM). Although there is significant amount of literature
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on trickle-to-pulse flow regime transition, studies on trickle to dispersed bubble flow
transition are scarce, with most of them demonstrating only a visual observation of such
transition [40].

To test the applicability of the existing flow maps to our system, careful visual
observation, combined with monitoring of the pressure drop and standard deviation data,
was done in order to identify a transition, if any, from low interaction (trickle flow)
regime to a high interaction (pulsing/bubble flow) regime.

i. Lowest gas flow rates: G < 40 SLPM (vg < 7 mm/s)

Trickle flow to bubble flow transition could be observed taking place at an
intermediate liquid flow rate. Other studies in literature too report trickle to dispersed-
bubble flow transition only at very low gas flow rates (G’<0.01 kg/m?s, or vg < 7 mm/s)
[20]. The transition was observed to be gradual rather than abrupt, and did not create
substantial fluctuations in the pressure drop. At low liquid flow rates, liquid could be
observed trickling down the packing in the form of thin films and rivulets, wherein some
fraction of the packing remains unwetted. The relative standard deviation (or) remained
close to zero (see Figure 16). As the liquid flow was increased to the certain point, or
started to increase gradually, and small dispersed bubbles of gas could be seen flowing
down through the liquid phase. This point could be designated as the onset of trickle-to-
bubble flow transition. At higher liquid flow rates, size of the bubbles grew smaller as
bigger bubbles broke into smaller dispersed bubbles, and more turbulence could be

observed. At the point, or reached a value of 1 or higher.
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There was no sudden rise in the pressure drop observed at the transition. It was
also seen that at such low gas flow, the onset of bubble flow is practically independent of
the gas flow rate, an observation made by Honda et al [40] as well. As can be seen, the
trickle to bubble flow transition appears to be taking place in the range vi = 15 — 18

mm/s (L =20 - 25 gpm).
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Figure 16. Variation of or with v, for vg =1.8 mm/s (G =10 SLPM) and vg = 3.6 mm/s
(G=20 SLPM)
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ii. Intermediate gas flow rates: 40<G<300 SLPM (7 < vg < 54 mm/s)

At intermediate gas flow rates (see Figure 17), the trend was similar, but the
value of or was lesser as compared to that at lower flow rates. This can be attributed to
the fact that at higher gas flow rates, gas phase is less likely to be broken down into very
small dispersed bubbles. At higher gas flow rates in this range (200 SLPM — 300
SLPM), or did start to regain higher values. However, visual observation did not show a
bubbling behavior, but instead small local pulses near the column bottom. Therefore, this
intermediate region of operation can be assumed to be where a direct transition from
trickle to bubble flow regime disappears and an intermediate region exists where trickle
flow, bubble flow and pulsing low regions meet (see Figure 5 for more details). This
region is characterized by a turbulent rippling flow through the column at high liquid

flow rates.
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Figure 17. Results for or for the range 7 < vg < 54 mm/s (G = 40 — 300 SLPM)

61



OR

OR

0.4
0.3
0.2

0.6
0.5
0.4
0.3
0.2
0.1

-0.1

0.7
0.6
0.5
0.4
0.3
0.2
0.1

-0.1
-0.2

Vg =21.5 mm/s (G=120 SLPM)

o @
® [ ]
®
e @ ° .
5 10 13 *® ® s 30 35
LN )
L 2
vi (mm/s)
Vg =32 mm/s (G=180 SLPM)
o0
[ ] ...
[ )
@
)
@
we* o , *
5 10 15 20 25 30 35
viL (mm/s)
Vg =39 mm/s (G=220 SLPM)
@
®
PY @
[
@
*T o
5 10 ® 15 20 25
vi (mm/s)

Figure 17 Continued.

62

40

30

40

45

45

35



iii. Higher Gas Flow Rates: G > 300 SLPM (54 mm/s < vg)

At comparatively higher gas flow rates in the operational range studied, some
level of transition from trickle flow regime to pulsing regime can be observed. At lower
liquid flow rates, trickle flow prevails. At slightly higher liquid flow rates, the flow
appears to be turbulent, with many small ripples through the packing, and this can be
described as a ‘transition’ or ‘rippling flow region’ [56]. As liquid flow rate is increased,
disturbances can be seen in the column in the form of local pulses, which can be
described as small slugs of liquid flowing down arbitrarily at various locations of the
column. Local pulsing has previously been reported by some researchers [55, 57, 58].
The initial pulses did not span the entire cross section of the column due to the large
diameter of the column. At even higher diameters (as is the case in the industry), and at
practical flow rates, it is possible that the entire pulsing flow regime may be confined to
just local pulsing.

In addition, the onset of pulses was observed near the column bottom, and this
incipient point of disturbance moves to the top as liquid flow is increased. This was also
reported by other investigators [25, 34, 38, 59]. This is because of an increase in gas
velocity due to a pressure drop through the packing. This was quantitatively supported
by the standard deviation values of the pressure transducers, wherein the fluctuation
values are largest for the lowermost transducer and decrease as we move up the column
to other transducers.

At even higher liquid flows, the behavior differed slightly for 300 SLPM and 400

SLPM gas flow rates. Figure 18 shows the relative standard deviation trend for the
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lowermost pressure transducer readings. For 300 SLPM, the rise is gradual, which
indicates that while the operation has left the trickle flow regime, it never achieves a
sharp transition to the pulsing flow regime. Rather, it enters a dispersed bubble regime at
sufficiently high liquid flow rates.

For a gas flow rate of 400 SLPM (v = 72 mm/s), the rise in relative standard
deviation is steeper and much more pronounced, which was supported by the
observation of more uniform pulses across the bottom half of the packing. In addition,
the height of fluctuations was higher as compared to 300 SLPM gas flow, which verifies
the existing knowledge that the point of onset of pulsations moves up with an increase in
liquid or gas flow rates. Also, the thickness of the pulse increased with increasing liquid
flow, as reported by Christensen et al [57]. It was also observed that the pulses soon
retreated to the bottom on further increasing the liquid flow, and subsequently
disappeared. This verified the applicability of flow map regions which show pulsing
flow regime at intermediate liquid flow rates at a fixed gas flow, and bubble flow regime
at higher liquid flow rates, as the gas phase breaks into dispersed bubbles with liquid as
the continuous phase [25, 34, 59].

Figure 19 shows the region on the flow map where these flow rates lie. The
region just below the trickle-to-pulse flow transition line and above 300 SLPM,
represents the ‘transition’ or ‘rippling flow’ region [56]. In this region, turbulent ripples
can be seen in the column that cannot be clearly categorized into any particular regime.
As a gas flow rate of 400 SLPM is approached, trickle-to-pulse flow transition can be

observed clearly. If we define the point of trickle-to-pulse transition as the liquid flow
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where or becomes more than 1, then the transition for 400 SLPM gas flow occurred at
around v = 17 mm/s, or L =23 gpm (see Figure 18(b)). This corresponds to 60,000

kg/m?/h of liquid mass flux, which is where the transition can be seen in the flow map

(Figure 19).
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Figure 18. Variation of or with liquid flow rate for (a) vg = 54 mm/s (G = 300 SLPM)
and (b) vg = 72 mm/s (G = 400 SLPM)
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Figure 19. Location of gas flow rates 300 SLPM and 400 SLPM on the flow map by
Sato et al [25]

At the low gas flow range pertinent to this study, the column did not see uniform
pulses spanning the entire column, and the onset of the pulses could only reach up to the
middle of the packing. It is expected that higher gas flows will yield a sharper transition
to pulsing flow, with uniform alternating pulsations from top to bottom of the packing.

The relative standard deviation values are also expected to be higher, as demonstrated by

Honda et al, 2015 [40].
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In summary, this chapter described the experimental methodology followed to
collect the hydrodynamic data from the setup described in Chapter II, detailed the results
obtained from the experiments, and presented a comparison of data obtained with the
existing correlations covered in Chapter I. With the use of a large column with high
Dc/Dp ratio (~150), cylindrical extrudate packing of high aspect ratio (~6.3), and
operation at low gas superficial velocity range, the results are expected to provide a
better understanding of hydrodynamics of commercial reactors at low gas flow rate
operation. The last chapter summarizes the findings of this research, and suggests

recommendations for future work.
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CHAPTER IV

CONCLUSIONS

In this study, experiments were carried out on a large trickle bed column, to
collect hydrodynamic data that can closely represent industrial scale reactor
hydrodynamics. The system was set-up as described in Chapter II, with the auxiliary
equipment, layers of protection, and the required instrumentation for data acquisition and
control. Pressure drop, liquid holdup and flow regime transition were observed at low
gas superficial velocities, and the results were compared to existing correlations in
literature. The conclusions drawn from the results are summarized below:

1. The correlations in literature disagree significantly from each other. This can be
attributed to the fact that most correlations are empirical in nature, and their
applicability may be confined to the range of operating conditions, packing
shapes and sizes, column diameter, and fluid properties specific to the studies.

it.  The pressure drop trend is not correctly predicted by many existing correlations.

From comparison, it is clear that while it may be useful to segregate low

interaction and high interaction regimes to formulate different correlations, it

does not give an accurate prediction for all operating conditions.

iii.  Pressure drop at low gas superficial velocities is characterized by a region of
gravity drainage, wherein the liquid flow is assisted more by gravity than by the
drag forces of concurrently flowing gas phase. This trend is not captured in the

correlations that were analyzed in this study.
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Vi.

Liquid Saturation increases drastically at low liquid flow rates, and reaches a
saturation value at high flow rates, beyond which there is a negligible increase. A
few of the correlations in literature give a fair prediction of the data, but
overestimate the liquid saturation at higher liquid flow rates. A possible
explanation to this phenomenon could be that most of these correlations are
based on studies performed on small columns with D¢/Dp < 10, where substantial
liquid-wall interaction can result in significant capillary forces, leading to a
continuously increasing liquid holdup. For larger columns, lower liquid-wall
interaction may lead to saturation of liquid holdup values at higher liquid flow
rates.

Flow regime transition can be observed from trickle flow to dispersed bubble
flow and pulsing flow, and predicted with reasonable accuracy by the existing
flow maps for this operating region studied in this research. It can be inferred that
flow regime transition may well be independent of column to particle diameter
ratio beyond a certain value of D/Dp [60]. Applicability of flow maps at higher
gas flow rates still needs to be verified.

Trickle-to-bubble flow transition is gradual, and is clearly observed for very low
gas velocities (vg < 7 mm/s), where the transition is independent of the gas flow.
At slightly higher gas velocities (up to vg ~ 50 mm/s), the transition to bubble
flow regime appears to be affected by local pulsing in the column, due to the

operating conditions being in the vicinity of pulsing flow.
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vii. At higher gas flow rates (around vg ~ 70 mm/s) in the operating range studied,
transition from trickling to pulsing flow can be observed for intermediate liquid
flow rates, while transition from pulse-to bubble flow regime can be visually
observed for higher liquid flow rates. Trickle-to-pulse flow transition is steeper
as compared to trickle-to-bubble flow.

viii.  While this study does publish novel data with respect to large column to particle
diameter ratio and use of unconventional packing, applicability to commercial
reactors still needs to be verified owing to different loading methodologies, fluid

properties, and packing characteristics.

The experimental setup used for this study can be further employed to investigate
hydrodynamics of trickle bed reactors to emulate commercial operation. Some
recommendations for future work that can be as follows:

1. Existing correlations that predict the data closely may be modified to give a
better fit. Alternatively, new correlations may be developed that can closely

estimate the hydrodynamic data collected from larger columns.

ii. Data can be collected at higher gas flows, venturing into full-fledged pulsing
flow regime.
iii. Proper distribution of fluids in the bed is important for better reactor

performance and heat transfer efficiency [3]. More advanced studies can be

done to investigate porosity and gas-liquid distribution inside the packed bed,
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using advanced experimental tools such as Capacitance/Resistance
Tomography and Magnetic Resonance Imaging.
Existing theoretical models from literature may be verified by comparing

with the data obtained from the setup.
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