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ABSTRACT

The overall goal of this dissertation work is the development of an annular
microchannel reactor (AMR) that couples methane steam reforming and catalytic
combustion of methane to produce hydrogen and/or synthesis gas achieving
breakthroughs in heat transfer rates and methane reforming capacities. This is
accomplished through reaction engineering design analysis and CFD models, validated
by experimental data provided by our industrial collaborator, Power+Energy, Inc. The
initial goal was to produce a CFD model that could verify experimental results provided
by Power+Energy, Inc enabling the rapid design of an AMR prototype. Once the CFD
model was verified, a manufacturable design produced higher power densities than
competitive planar technology and competitive overall thermal efficiencies. The next
goal was to establish that catalytic combustion of methane is a viable means of providing
the heat duty necessary to sustain isothermal operation of the AMR and to match AMR
heat duty profiles, established previously. Catalytic combustion of methane will supply
sufficient heat flux to the AMR, but there will be axial mismatch in the heat duty profiles
resulting in temperature deviations, investigated later using a coupled geometry. The
next goal was to investigate the potential of an unconventional catalyst design space
wherein catalyst efficiency is maintained, while thermal efficiency is increased due to
the thickening of the catalyst coating. 1-D analysis show that the catalyst coating could
be thicker than the catalyst efficiency “rule of thumb,” while maintaining high thermal
efficiencies for the methane steam reforming conditions used. For the 2-D analysis, the
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AMR geometry is used and shows that the catalyst coating could be increased as much
as three fold with minimal losses to catalyst efficiency while maintaining high thermal
efficiencies. The final goal was to couple the models presented previously using isolated
geometries, while including a finite thermally conductive wall. The objective was to
show the effects of heat flux mismatch and prove that the temperature deviations seen
when comparing the AMR and combustion results, will be less severe than suggested by
the 1-D conduction model indicates due to multi-directional heat conduction within the
volume-separating wall. Temperature deviations occurring from the heat flux
mismatches still occur; however, the previous performance prediction are proven
incorrect. The separated models over predict the methane capacity needed for the
combustion chamber, subsequently under predicting thermal efficiency and combustion
heat utilization. Additionally, the temperature deviations present allow for higher
hydrogen yield than originally predicted. An asymmetric design is introduced that
attempts to better match the drastic heat flux in the begging of the steam reforming
reaction. This asymmetric design allows for high heat flux into the AMR tube, but
generates hotspots. These hotspots are then investigated with the intent of mitigation.
The objective was to add catalyst to the inner tube of the AMR, which would then act as
a reactive heat sink subsequently reducing the magnitude and size of the hotspot. Nine
different catalyst additions are investigated in a case study surrounding the lowest
flowrate indicates that any catalyst addition will reduce the hotspot to a manageable size
and temperature.
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1. INTRODUCTION*

1.1 Natural Gas as an Alternative Energy Source

Natural gas, consisting of up to 95% methane, has emerged as a promising
alternative to petroleum for the production of energy, fuels and/or commodity
petrochemicals [1-7]. Natural gas can be converted into industrial hydrogen or syngas,
depending on the needs of the consumer, via catalytic methane steam reforming (MSR).
Methane steam reforming is the reaction of CH4 and H2O to generate CO, CO2 and H2.
In order to shift the ratio of CO2 to H2 water-gas-shift (WGS) is performed; WGS
converts CO and H2O into H2 and CO2[8-10]. A simplified process diagram illustrating
the role of MSR in the production of hydrogen or syngas can be found in Figure 1.

*

Part of this section is reprinted with permission from Design of an annular microchannel reactor (AMR)
for hydrogen and/or syngas production via methane steam reforming by Butcher, H. et al.,
2014.International Journal of Hydrogen Energy, 39, 18046-18057, Copyright 2014 by Hydrogen Energy
Publications, LLC.
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Figure 1. (a) Process diagram for the production of hydrogen through the use of a steam
reformer and highly selective palladium membrane for the separation of hydrogen or
pressure swing adsorption. (b) Process diagram for the production of synthetic crudes
through the use of a steam reformer and Fischer-Tropsch synthesis.

Hydrogen fuel cells have become of great interest in recent years due to their
zero-emission capability and high efficiencies[11-15]. Hydrogen fuel cells are a mature
technology that is capable of powering a vehicle, which is why all auto manufacturers
have prototypes of vehicles using this technology[16-19]. The interest in this technology
has increased the demand for hydrogen that was already present in the petroleum
2

industry. In process (a) from Figure 1, hydrogen from methane steam reforming effluent
gas can be separated out easily through the use of a palladium membrane[20] or pressure
swing adsorption (PSA). By using a highly selective palladium membrane, hydrogen
purities up to 99.999%, may be achieved,[21] sufficient for use in PEM fuel cells to
power hydrogen vehicles. Thus, the production of hydrogen from natural gas or
biogas[22] could be especially useful in diminishing society's dependence on
gasoline[23], and reducing GHG emissions in the transportation sector. However,
hydrogen currently produced in the United States is in support of oil refining or
ammonia synthesis with the majority produced in California, Louisiana, and Texas via
the steam reforming of natural gas[21]. The lack of an infrastructure for consumer-end
distribution has limited the use of zero emission hydrogen technologies, while, the cost
of building a dedicated hydrogen distribution infrastructure remains prohibited. An
alternative solution is to leverage the existing natural gas infrastructure by developing a
low-cost portable reactor system to interface with the existing natural gas infrastructure
to produce H2 on-site and on-demand[24, 25].
The use of stranded natural gas can enhance domestic fuel production and has the
potential to reduce GHG emissions[26-29]. Currently, stranded natural gas is either
ignored[30, 31] or flared[32-34] because it would be too costly to connect these small
wells to existing pipeline or to liquefy[35-38] the products and ship to them a refinery. If
the natural gas was processed on-site[35, 39-42] and turned into an easily transportable
liquid, then this natural gas could be utilized[38]. In process (b) from Figure 1, the
syngas produced from methane steam reforming is subsequently converted to liquids
3

(i.e. diesel) via Fischer-Tropsch synthesis (FTS) for the monetization of natural gas[4348]. As before, this process requires a portable, scalable MSR reactor to convert stranded
natural gas to olefins, paraffins and/or synthetic crudes [43, 44, 46, 49-52] on-site.
Both of these processes require a compact, portable, and robust MSR reactor, in
contrast to existing conventional industrial steam reformer designs. These reactors would
need to be standalone units, with low capital cost, and be able to handle varying
capacities from day to day as well as being scalable to meet capacities of individual
wells or consumers[53]. As will be discussed in Section 1.4, microreactors provide an
excellent platform for meeting these challenges.

1.2 Methane Steam Reforming

Methane steam reforming is a highly endothermic process that is usually paired
with water gas shift (WGS) to control the ratio of hydrogen to carbon monoxide
produced. The chemical equations for MSR and WGS, along with heat of reaction, can
be found in Eqs. 1 and 2, respectively.

𝑪𝑯𝟒 + 𝑯𝟐 𝑶 ↔ 𝑪𝑶 + 𝟑𝑯𝟐

𝒌𝑱

𝚫𝑯𝑹𝒙𝒏 = 𝟐𝟎𝟔 𝒎𝒐𝒍
𝒌𝑱

𝑪𝑶 + 𝑯𝟐 𝑶 ↔ 𝑯𝟐 + 𝑪𝑶𝟐 𝚫𝑯𝑹𝒙𝒏 = −𝟒𝟏 𝒎𝒐𝒍

[1]
[2]

Both of these reactions are reversible, such that both overall methane conversion
and hydrogen yield are limited by thermodynamic equilibrium. Figure 2 presents
4

equilibrium hydrogen yield and methane conversion over a temperature range of 600°C
to 900°C at 11 atm with a S/C ratio of 3, which is the typical operating range of methane
steam reformers[21]. These calculations were performed using a Gibbs reactor in Aspen
Plus [54].

Figure 2. Temperature vs. Equilibrium Methane Conversion (dashed line) and
Equilibrium Hydrogen Yield (solid line) for 600-900°C. This reaction was operated at
the specified temperature, 11 atm, and S/C of 3.

As shown in Figure 2, H2 yields achieved by MSR are highly sensitive to
temperature, making it a critical goal to maintain a constant operating temperature
throughout the length of the reactor. In light of the high heat duty of reaction, this

5

requires high heat transfer rates. In most cases, a portion of the natural gas is burned to
supply heat for the MSR reaction[53, 55-61]. However, the challenge still remains of
evenly distributing combustion to the reforming volume[11, 62-65].

1.3 Conventional Methane Steam Reformers

Conventional multi-tube packed bed methane steam reformers are operated at
temperatures and pressures ranging from 700°C to 850°C and 3-25 atm, respectively[21,
66]. Reaction heat is provided by the combustion of a portion of the inlet natural gas
and/or waste gases. The heat is transferred to the reactants by the combustion gas
flowing over the catalyst filled pipes as shown in Figure 3. The reactors are typically
operated at a mass steam to carbon ratio of 3:1 to minimize the risk of coke formation.
After the gas passes through the reformer, it is sent to one or more shift reactors to
achieve the desired H2:CO ratio. Water-gas-shift is favorable at temperatures lower than
600°C, with H2 yields increasing at lower temperatures. In some cases a high (350475°C) and low (200-250°C) temperature shift reactor are used in series to achieve high
conversions and low fractions of CO in the exit gas.
The hydrogen purity of off-gases in a refinery can range from 70%-99% for
different processes, but generally higher hydrogen purities are needed for use in the
refinery [67]. Purification is needed to reach these higher purities. Depending on the
intended use of the hydrogen, it may be purified by PSA[68] or palladium membranes
purities of ~95- 99.999% purity, respectively. The latter is required to remove CO to a
6

level below 10 ppm, the threshold tolerance of PEM or phosphoric acid fuel cells.
Alternatively, preferential oxidation of CO (Eqs. 3 and 4) may be used to achieve
sufficiently low CO levels.

𝟏

𝑪𝑶 + 𝟐 𝑶𝟐 → 𝑪𝑶𝟐

[3]

𝑪𝑶 + 𝑯𝟐 → 𝑪𝑯𝟒 + 𝑯𝟐 𝑶

[4]

Energy conversion efficiency is an important aspect of these systems and is
typically determined as the ratio of the higher heating value (HHV) of H2 produced to
the HHV of fuel supplied to the combustor. For these reactors it ranges from 75-80%
and with waste heat recovery it can be as high as 85% [21]. The primary challenges to
designing MSR reactors are (i) catalyst effectiveness and utilizations[69, 70], (ii)
maintenance

of

uniform

reaction

temperature

and

(iii)

preventing

catalyst

deactivation[71-75]. Catalyst effectiveness factors can be as low as 10-2-10-3 for larger
sized catalyst pellets owing to high rates of catalytic reaction and the endothermic nature
of reaction[76, 77]. At moderate temperature, equilibrium conversion of methane is
low[78-80] while high temperatures pose the risk of
sintering and coking problem[72, 76, 81-87].
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catalyst deactivation through

Figure 3. Schematic of a typical industrial steam reformer [21].

1.4 Microchannel Reactors

Microtechnology promises an inherently safer, more portable and efficient
alternative to industrial scale reactors[88-91]. By reducing the hydraulic diameter
associated with reaction volume, order-of-magnitude improvements in heat and mass
transfer rates are achievable. This allows for higher chemical productivity per unit
volume at greater power densities, in turn realizing a more compact and portable
reactor[88, 89, 92].
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1.4.1 Planar Microchannel Reactors

Current microchannel reactors consist of two-dimensional patterns machined or
manufactured in individual plates providing a flat, planar reactor design[93-96]. These
planar systems can be made using a variety of materials such as Si and SiO using MEMS
fabrication techniques[91, 97, 98]; ceramics by the use of molds[99, 100]; and metals
that can be stamped or machined [94, 95, 101-103] with the necessary reaction volumes.
These planar systems start by producing the reaction volume on one plate and to scale up
the reaction volume the number of plates are increased[9, 58, 101]. Figure 4 shows this
system.

Figure 4. Manufacturing steps to produce planar microchannel reactors [101].
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These stacks offer integration of endothermic and exothermic reactions by
alternating plates of steam reforming and combustion [104-106], which allows for
energy integration via the pairing of exothermic and endothermic reactions in close
proximity. This allows for high heat transfer rates, orders of magnitude higher than
conventional steam reformers [11, 107, 108]. Being able to machine or stamp these
reactor plates allows for better paring of heat transfer profiles to achieve optimum
performance from every plate and reaction. However these reactors are not without
challenges. These reactors are built up from individual plates that have to be laminated
together. With a linear scale up in size comes a linear scale up in sealing area and cost.
With each individual plate having its own “bow,” when stacked this “bow” accumulates
until maintaining a gas-tight seal becomes impossible [90, 109-111]. Additionally,
thermal “cross-talk” can happen between the plates, resulting in non-uniform
temperature profiles which reduces reactor performance. The large external surface area
of laminated stack provides for a direct conductive pathway for heat loss to
surroundings, reducing thermal efficiency and creating significant thermal gradients
through the stack[112].

1.4.2 Radial Microchannel Reactors

Recently, a theoretical study by Besser [113] illustrated the potential of radial
microchannel reactor designs to mitigate the limitations of planar microchannel reactors.
The use of cylindrically-symmetrical reactor units possessing axisymmetric heat flux
10

allows for overcoming excessive heat losses to ambient[97]. The cylindrical design
intrinsically allows for a higher surface area of catalyst to fluid volume ratio than in a
comparably sized planar reactor, which results in higher power densities. Power &
Energy, Inc. has developed a novel manufacturing process for rapidly producing scalable
arrays of annular microchannel reactors (AMR) (19-200 per unit)[114-118] that exploit
the advantages of cylindrically symmetrical reactor units originally identified by Besser
[113]. The heart of this technology is the use of tube-in-tube assemblies to form
individual, thermally isolated AMRs (Figure 5) which may subsequently be arranged in
parallel or series to achieve scale-up. Each AMR channel is formed by the annular gap
(0.3 – 0.7mm) between a pair of co-axially aligned tubes; one end of the outer tube is
welded closed such that the open end of the inner tube supplies the inlet or exit path for
the fluid near the closed end of the outer tube. Manufacturing of an array of identical,
parallel AMRs is achieved by laser welding inner- and outer-tubes to separate inlet
manifolds (Figure 6a,b), such that individual tubes may freely expand to relieve thermal
stresses independently of each other. This is accomplished using an in-house automated
200W continuous laser-welding system capable of achieving high-quality seals (more
than 300,000 failure-free laser welds in the field since 2006) at a rate of ~3 seconds/tube.
Mechanical stabilization is provided at the sealed end of the AMR via insertion through
a “slip plate” which minimizes transverse deflection of individual tubes while allowing
axial expansion with changing temperature. The resulting AMR design offers several
unique advantages over existing planar microchannel reactors, including:
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Reduced manufacturing costs: By utilizing mass-produced tubular substrates
and conventional (automated laser-welding) sealing technologies, dramatic
reduction in cost of scale can be achieved.



Increased durability and scalability: By minimizing the packaging and sealing
contact area, device durability is increased by reducing the occurrence of gas
leaks, seal failure; likewise, placement of seals is such that each can be inspected
and repaired if necessary prior to final reactor assembly.



Minimized thermal stress: By anchoring the tubes that make up the AMR at
one end and allowing the other to “float,” individual AMRs are capable of
absorbing significant thermal gradients without the risk of failure due to thermal
strain; likewise, because individual tubes are not sealed directly to each other,
differential thermal expansion between the tubes does not compromise seals.



Improved power and system density: By minimizing substrate volumes and the
distance between the combustion heat and the reforming reactions and
eliminating the direct thermal connections to other AMR channels and the
containment vessel through the use of the tube-in-tube architecture,
breakthroughs in system density, portability, reliability and construction costs are
achieved.
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Figure 5. Schematic of a prototype radial microreactor (AMR) subsystem for syngas and
hydrogen production from methane[112].

Figure 6. Manufacturing techniques developed by Power & Energy, Inc. for creating
large arrays of AMRs: (a) laser welding of individual microtubes to the distributor plate,
(b) alignment of the inner microtube to the outer microtube to form a radial
microchannel, and (c) tube-in-tube system for hydrogen purification, consisting of 1400
individual radial microchannels capable of purifying 76 N m3 h–1 of H2 [112].
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This manufacturing technology has been demonstrated for creating massively
scaled arrays of tube-in-tube inorganic membranes for hydrogen purification, with over
250 purifiers sold by Power & Energy, Inc. since 2007, all using the AMR design. A
commercial system comprised of 1,400 parallel AMRs packaged into a 6” OD housing is
shown in Figure 6c[119]. In light of the growing demand for efficient, low-cost
hydrogen and syn-gas production in the energy and fuels sector, the AMR system is
actively being investigated for use in methane or natural gas reforming[112].
The goal of this work is to determine how well this annular microchannel reactor
works in comparison to other existing steam reforming technology, and whether this
technology can meet the demands of hydrogen production for the monetization of
natural gas. Currently, steam reforming and combustion of natural gas have been
modeled separately, so the question of whether the independent systems will act
similarly when integrated into one system still remains. In Section 2, a detailed
description of the steam reforming portion of the AMR is given along with results and
projections for a final design, including the heat duty profiles needed to be provided by
combustion. In Section 3, a detailed description of the combustion volume is given along
with the matchup of heat duty profiles from the steam reformer and combustion
volumes. The results given show a temperature gradient exists along the wall of the
reactor. However, the inclusion of a separating wall could act to stabilize the system
thermally. Section 4 investigates the potential to increase methane reforming capacity by
increasing catalyst coating thickness. A 1-D model predicts the presence of a design
space outside of convention that could be used to maintain catalyst efficiency and
14

thermal efficiency. This design space is investigated in 2-D using the AMR reactor as a
real world example. This 2-D investigation show that the optimal thickness for the AMR
is ~60 microns, a 2 fold increase over the current design. Section 5 combines the steam
reforming model (Section 2) and the combustion model (Section 3) into one geometry
and model. This integration shows that the separated models over predict the amount of
methane needed to power the steam reforming reaction and subsequently under predicts
all other performance metrics. An additional geometry design is investigated; a design
that asymmetrically pairs the steam reforming and combustion catalyst coatings in an
attempt to meet the highly endothermic demands of the steam reforming reaction
entrance. However this new geometry results in hotspot formation and is bested by the
symmetrical paring of the two catalyst coatings. Section 7 attempts to reduce the hotspot
formation produced when asymmetrically pairing the reforming and combustion catalyst
coatings. Nine thickness and length variations are tested for their ability to reduce
hotspot magnitude and size. A complete study of all nine combinations are tested for the
lowest AMR flowrate of 0.25 SLPM dry basis CH4. All combinations showed a
significant change in hotspot magnitude, but diminishing returns are seen at catalyst
thicknesses higher than 30 microns.
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2. METHANE STEAM REFORMING*

2.1 Overview

This Section details the work performed in the design of the annular microreactor
(AMR) described in Section 1.4.2. Previously, simulations have been completed to
determine the best annular gap size for heat transfer efficiency[112]. These simulations
concluded that a 300 micron gap was the best size in terms of heat transfer performance.
Following this determination, Power+Energy produced a bench scale prototype of the
device detailed in Section 2.2.1. A two-dimensional CFD model with radial symmetry
was prepared to predict the results of this reactor (Section 2.2.2-2.2.6). The resulting
data from the simulations using this CFD model predicted the experimental data (Section
2.2.9), so this model was used to predict the performance of a manufacturable device
design (Section 2.2.10). From these simulations analysis was conducted on the
possibility of coking and active metal oxidation using thermodynamic calculations. A
sensitivity study was implemented (Section 2.2.11) to determine performance with
varying steam to methane inlet compositions. The main objective of these simulations
were to determine the performance of the device at multiple flow rates and determine the
necessary heat duty to be provided by the combustion of methane in a separate volume,
along with the heat duty profile required for optimum performance of the system.
*Part

of this section is reprinted with permission from Design of an annular microchannel reactor (AMR)
for hydrogen and/or syngas production via methane steam reforming by Butcher, H. et al.,
2014.International Journal of Hydrogen Energy, 39, 18046-18057, Copyright 2014 by Hydrogen Energy
Publications, LLC.
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Analysis of the proposed 19 AMR device was initiated in Section 2.7 predicting the
potential of the final device and allowing for comparison with other devices in the
literature.

2.2 Steam Reformer

The novel annular (or radial) microreactor (AMR) design consists of an inner
open-ended tube nested within an outer close-ended tube, such that the annular space
thus formed acts as a radial (as opposed to planar) microchannel (Figure 5).[112] The
resulting microreactor effectively combines the aforementioned advantages of
microchannel reactors with those of traditional macroscale annular reactors, specifically
in-situ preheating of feed and greater control over reaction temperature uniformity,[120,
121] while providing additional advantages in operation and manufacturability over
existing planar designs.

The AMR design presents additional advantages in

manufacturability and tolerance to both pressure and thermal stresses over planar
designs, as detailed elsewhere.[112] An experimental demonstration of a 0.7 mm annular
width prototype AMR for steam reforming of methane at 1023K was presented in [112].
Reaction rates were measured indirectly using a combination of variable and fixed
power heating bands, such that the power required to maintain isothermality was used to
accurately measure heat duty of reaction; thus experimental data focused upon heat
transfer rates achievable by the AMR design.

Results confirmed high rates of heat

transfer (up to 10 W.cm-2 catalyst surface area, or 160W.cm-3 of microchannel volume)
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corresponding to competitive catalyst power densities (up to 6.7kW.cm-3 catalyst at
~48% of maximum hydrogen yield) at a space velocity of 543,000 h-1 (<7ms residence
time). A two dimensional computational fluid dynamic (CFD) model of the AMR
system was shown capable of predicting experimental results, and subsequently
employed for investigating the impact of annular spacing upon reactor performance.
New experimental data employing a second generation bench scale AMR prototype
(three 31.8mm sections of catalyst with 0.3mm annular gap width) for the steam
reforming of methane, with a revised bench scale apparatus enabling direct measurement
of hydrogen partial pressure. This bench scale system provides a basis for validating the
CFD model presented herein. Local temperature, pressure and compositional data
provided by CFD simulations are employed to assess the risk of catalyst deactivation via
coke formation and active metal oxidation. Results provide the necessary understanding
of required heating profiles to ensure stable long-term operation of the AMR. This
model is subsequently employed as a basis for a preliminary evaluation of an
autothermal 10kW, 19 AMR end user device (under development by Power & Energy,
Inc.).

2.2.1 Experimental

A bench-scale AMR prototype was constructed for assessing reactor performance
in terms of hydrogen productivity via catalytic methane steam reforming over a range of
gas flow rates (Figure 7). In order to facilitate isothermal experiments, the prototype
18

AMR was divided into three separate catalytic segments. Each segment was constructed
from a 50.8mm x 30mm OD cylindrical block of FeCrAl alloy (Kanthal, Sandvik AB).
A 13.3mm ID hole was machined in each block, and two evenly spaced wells were
machined perpendicular to the outer surface at a depth of 7.95mm to allow placement of
thermocouples at 2.37mm from the catalyst film. Introduction of a proprietary 1wt% Rh,
15wt% Ni on alumina catalyst (PN#1170) at a uniform coating thickness of 0.03mm and
31.8mm length was provided by Catacel Corp. Individual segments were connected to
each other via welding. The inner tube has a 12.7mm OD (ID = 9.40mm) and was placed
axially inside the larger bore. The inlet of the inner tube and outlet of the outer tube were
welded to separate gas manifolds to complete the assembly. The resulting annular
microchannel has a channel width of 0.303mm and is divided into three separate
catalytic regions of 31.8mm length each, such that the total annular microchannel
volume available for catalytic steam reforming of methane is 1170 mm3, the total
catalyst volume is 119 mm3 and the surface area available for heat transfer to the catalyst
is 19900 mm2. These values are employed for calculating reactor space velocities from
the total gas feed rate (methane and steam) at standard pressure and temperature.
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Figure 7. The bench scale AMR prototype employed in the present work. The AMR is
divided into three consecutive steam reforming zones of equal length to facilitate
temperature control.

Gas composition employed in all reaction studies was a 3.3:1 molar supply of
steam and methane. Steam was provided by pressure displacement pumping of DI water
using Ar (99.999%, Airgas) at 13.8 bar from a 4L reservoir. Uniform flow of DI water
into an evaporator was maintained using a liquid mass flow controller (Bronkhorst®
Liqui-FLOW® L23V12). Methane (Airgas® CP Gr 2.5) was supplied by a gas mass flow
controller (Bronkhorst® EL-FLOW® F201CV) and preheated to the evaporator outlet
temperature (400oC) prior to mixing with steam. The resulting CH4-H2O mixture was
then brought to the desired AMR operating temperature using a second preheater and
supplied to the inner tube of the AMR assembly at the desired operating temperature of
the AMR (1023K).

The system was operated at 11 bar with the pressure being

monitored by multiple pressure transducers (Omega® PX309-300AI) located
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immediately downstream of the liquid mass controller for water, mass flow controller for
methane, after the location where the steam and methane first mix, and after the final
preheating section directly before the AMR. The pressure was regulated by a back
pressure regulator located downstream of the dry hydrogen sensor which was controlled
via pressure transducer in between the final preheating section and the AMR. Preheating
of the feed gas prior to supplying the inner tube of the AMR assembly alleviates most
internal preheating of the feed gas, enabling greater control of temperature uniformity
within the reactor via three zone heating system, described below.
The AMR temperature was maintained using a combination of variable and fixed
power heating bands (Tempco® MPP50801) placed around the three catalytic segments.
Reactor wall temperature for each segment of the AMR was measured within the reactor
wall via K type thermocouples (Omega® CAIN-116U-12) connected to a National
Instruments® touch screen (TPC-2515) equipped with a programmable logic controller
(cRIO-9075).

Baseline heating rates necessary to maintain each target AMR wall

temperature were determined in the absence of methane using Ar flow rates identical to
those employed for subsequent reaction experiments. Power supplied to the catalytic
AMR segments was varied to maintain target reactor wall temperatures under steam
reforming conditions.
Effluent gas exiting the AMR bench scale prototype was cooled to 281K using a
VWR 1150S chiller with water trap to remove excess moisture prior to gas analysis.
Resulting dry effluent hydrogen partial pressure was measured using a hydrogen sensor
designed and patented by Power & Energy, Inc. The sensor consists of a free standing,
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close ended dense metallic hydrogen-permselective membrane (0.05mm thick, 23wt%
Ag-Pd) nested within an outer sealed tube equipped with permeate side pressure sensor.
Prior to use, the permeate chamber was heated to 653K and purged with hydrogen to
reduce all other species partial pressures to < 0.07 psia. The retentate volume was then
connected via mixing tee to the dry effluent stream, such that the hydrogen partial
pressure in the permeate volume may equilibrate with the retentate/effluent hydrogen
partial pressure. Once equilibrated, measurement of permeate absolute pressure via
transducer corresponds to the retentate hydrogen partial pressure. The membrane is
maintained at 380oC, which corresponds to typical equilibration times of < 1s. Resulting
dry basis effluent hydrogen partial pressure values were used to calculate the rate of
hydrogen production as well as the overall heat duty of catalytic reaction. A schematic of
the bench scale apparatus for testing the AMR prototype is presented in Figure 8.
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Figure 8. Schematic of the experimental apparatus employed for testing the bench-scale
AMR prototype.

2.3 Theoretical Section

A two dimensional, steady state model of the bench scale annular microreactor
(AMR) was developed in the COMSOL v4.2a. programming environment and
subsequently validated through comparison with experimental data. The resulting model
expressions were employed to simulate the final AMR design in order to identify
nominal operating conditions (methane flow rates and corresponding reactor heat duties)
as well as assessing the risk of catalyst deactivation via coke formation or oxidation.
Model geometries for both simulations, with all relevant dimensions shown, are
presented in Figure 9. The present CFD model differs from the model previously
employed in [112] by the introduction of additional expressions dictating the
temperature dependence of fluid and catalyst properties and the addition of the inner
23

tube solid and fluid volumes to the model geometry. Details of model expressions and
assumptions are presented below.

Figure 9. Schematic of the AMR design concept, highlighting annular microchannel
flow path for catalytic methane steam reforming with reaction heat supplied via external
combustion chamber.
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2.3.1 Fluid-Phase Model Expressions

Navier-Stokes and continuity equations (Eqs. 5, 6) are used to model the fluid
phase portion of the reactor, assuming weakly compressible flow with variable densities
and viscosities calculated from using individual species mass fractions (𝜔𝑖 ) via ideal gas
law (Eq. 7) and Wilke’s mixing rule (Eq. 8), respectively. Pure component viscosities
were calculated by Eq. 9, where T* is kT/ε with T in K and ε/k being a Lennard Jones
parameter of units K, while σi is a Lennard Jones parameter of units Angstroms and the
molecular weight is units g.mol-1 to obtain a viscosity in units gm.cm-1.s-1 [122, 123]

𝟐

𝛒(𝐮 ∙ 𝛁)𝐮 =∙ [−𝐏𝐈 + 𝛍𝐦𝐢𝐱 (𝛁𝐮 + (𝛁𝐮)𝐓 ) − 𝟑 𝛍𝐦𝐢𝐱 (𝛁 ∙ 𝐮)𝐈]

[5]

𝛁 ∙ (𝛒𝐮) = 𝟎

[6]

𝐏

𝛒 = 𝐑𝐓 ∑𝐍𝐢=𝟏 𝛚𝐢 𝐌𝐢
𝐱𝐢 𝛍𝐢

𝛍𝐦𝐢𝐱 = ∑𝐍𝐢=𝟏 ∑ 𝐱 𝛟 ,
𝐣 𝐣

𝐢𝐣

[7]

where
√𝐌 𝐓

𝛟𝐢,𝐣 =

𝛍𝐢 = 𝟐. 𝟔𝟔𝟗𝟑 × 𝟏𝟎−𝟓 𝛔 𝟐 𝛀𝐢 , 𝛀𝛍 =
𝐢

𝛍

𝟏
√𝟖

𝐌𝐢

(𝟏 + 𝐌 )
𝐣

𝟏.𝟏𝟔𝟏𝟒𝟓
𝐓 ∗ 𝟎.𝟏𝟒𝟖𝟕𝟒

−

𝟏
𝟐

𝟏

[𝟏 +

𝟎.𝟓𝟐𝟒𝟖𝟕

𝟐

𝟏

𝛍 𝟐 𝐌𝐣 𝟒
( 𝛍𝐢 ) ( 𝐌 )
𝐣
𝐢

]

𝟐.𝟏𝟔𝟏𝟕𝟖

+ 𝐞𝐱𝐩(𝟎.𝟕𝟕𝟑𝟐𝟎𝐓 ∗) + 𝐞𝐱𝐩(𝟐.𝟒𝟑𝟕𝟖𝟕𝐓∗)

[8]

[9]

Convective and conductive heat transport within the bulk fluid was described by
Eq. 10 assuming a mass averaged heat capacity (Eq. 11)[124] and using a method
analogous to Wilke’s mixing rule to calculate the thermal conductivity from individual
species thermal conductivities (Eq. 12). Pure species heat capacities were calculated
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using a five parameter Shomate expression (Eq. 13) as a function of fluid temperature,
while individual species thermal conductivities are calculated using the ChapmanEnskog formula (Eq. 14), which employs coefficients (T*, σi) of identical units to Eq. 9
to return a thermal conductivity of units cal.cm-1s-1K-1.[122]

𝛒𝐂𝐩,𝐦𝐢𝐱 𝐮 ∙ 𝛁𝐓 = 𝛁 ∙ (𝐤 𝐦𝐢𝐱 𝛁𝐓)

[10]

𝐂𝐩,𝐦𝐢𝐱 = ∑𝐍𝐢=𝟏 𝛚𝐢 𝐂𝐩,𝐢

[11]

𝐱𝐤

𝐤 𝐦𝐢𝐱 = ∑𝐍𝐢=𝟏 ∑ 𝐱𝐢 𝛟𝐢
𝐣 𝐣

[12]

𝐢𝐣

𝑪𝒑,𝒊 = 𝑨𝒊 + 𝑩𝒊 ∗ 𝒕 + 𝑪𝒊 ∗ 𝒕𝟐 + 𝑫𝒊 ∗ 𝒕𝟑 +
𝐤 𝐢 = 𝟏. 𝟗𝟖𝟗𝟏 × 𝟏𝟎−𝟒

√𝐓/𝐌𝐢
𝟐

𝛔𝐢 𝛀𝐤

𝛀𝐤 =

𝑬𝒊
𝒕

𝑻

, 𝒕 = 𝟏𝟎𝟎𝟎

𝟏.𝟏𝟔𝟏𝟒𝟓
𝐓 ∗ 𝟎.𝟏𝟒𝟖𝟕𝟒

𝟎.𝟓𝟐𝟒𝟖𝟕

[13]
𝟐.𝟏𝟔𝟏𝟕𝟖

+ 𝐞𝐱𝐩(𝟎.𝟕𝟕𝟑𝟐𝟎𝐓 ∗) + 𝐞𝐱𝐩(𝟐.𝟒𝟑𝟕𝟖𝟕𝐓∗)

[14]

Individual species (CH4, H2O, CO, CO2, H2, N2) mass transport was described
using the Maxwell-Stefan expression for combined convection and diffusion (Eq. 15),
with binary-pair diffusivities calculated using the method of Fuller et al. (Eq. 16)[125]
assuming molecular diffusion volumes for CH4, CO, CO2, H2O, H2, and N2 of 24.9, 18.9,
26.9, 2.7, 7.07, and 17.9, respectively. Lennard-Jones parameters employed in Eqs. 9
and 14 for each species are presented in Table 1.

𝛁 (𝛒𝛚𝐢 ∑𝐤 𝐃𝐢,𝐤 (𝛁𝐱 𝐤 + (𝐱 𝐤 − 𝛚𝐤 )

𝛁𝐏
𝐏

) ) = 𝛒𝐮𝛁𝛚𝐢
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[15]

𝟏

𝐃𝐢,𝐣 =

𝟏𝟎−𝟕 𝐓 𝟏.𝟕𝟓 (𝐌𝐢−𝟏 +𝐌𝐣−𝟏 )𝟐
𝟏
𝟏
𝐏(𝛎𝟑𝐢 +𝛎𝟑𝐣

[16]

𝟐

)

Table 1. Lennard-Jones parameters used in calculating individual species viscosities
(Eq. 7) and thermal conductivities (Eq. 12).
Species

𝜎𝑖 (Å)

H2

2.915

N2

3.667

CO

3.590

CO2

3.996

CH4

3.780

H2O

3.165

2.3.2 Catalyst-Phase Model Expressions

The catalyst washcoating was assumed to be a meso-macroporous (i.e., pore
diameter between 100-1000 nm) film, with a thickness of 0.030 mm, such that viscous
and Knudsen diffusion contributions may be neglected. Transport of individual
molecular species within the gas-filled catalyst pore structure was therefore described
using a pseudo-homogeneous model consisting of Maxwell-Stefan (Eq. 17) and
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Brinkman expressions (Eq. 18) to describe multicomponent convection and diffusion in
the presence of catalytic reactions and pressure driven flow in porous media,
respectively.

𝛁 (𝛒𝛚𝐢 ∑𝐤 𝐃𝐢,𝐤 (𝛁𝐱 𝐤 + (𝐱 𝐤 − 𝛚𝐤 )
𝛒
𝛜𝐩

(𝐮 ∙ 𝛁)

𝐮
𝛜𝐩

= 𝛁 ∙ [−𝐏𝐈 +

𝛍𝐦𝐢𝐱
𝛜𝐩

𝛁𝐏
𝐏

) ) = ∑𝐣=𝟏 𝐑 𝐢,𝐣 + 𝛒𝐮𝛁𝛚𝐢

(𝛁𝐮 + (𝛁𝐮)𝐓 ) −

𝟐 𝛍𝐦𝐢𝐱
𝟑 𝛜𝐩

[17]

(𝛁 ∙ 𝐮)𝐈]

[18]

The fluid permeability of the catalyst film and the effective diffusivities for each
binary pair within the catalyst pore structure are calculated as follows (Eq. 19),
assuming values for pore diameter, porosity and tortuosity of 150 nm, 45%, and 2,
respectively.

𝛋=

𝐝𝟐𝐩 𝛜𝐩
𝟑𝟐 𝛕

𝐃𝐞𝐟𝐟
𝐢,𝐣 =

𝛜𝐩
𝛕

𝐃𝐢,𝐣

[19]

Heat transport via combination of fluid-phase convection (using velocity vector
obtained from Brinkman’s equations, above) and both fluid and solid phase conduction,
with local heat generation via catalytic reaction, is described by Eq. 20:

𝛁(−𝐤 𝐜𝐚𝐭 𝛁𝐓) = (−𝚫𝐇𝐌𝐒𝐑 )𝐑 𝐌𝐒𝐑 + (−𝚫𝐇𝐖𝐆𝐒 )𝐑 𝐖𝐆𝐒 − 𝛒𝐂𝐩
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𝐜𝐚𝐭

𝐮𝛁𝐓

[20]

The effective heat capacity within the catalyst layer (Eq. 21) is assumed to be an
average of the local fluid mixture heat capacity (Eq. 11) and that of the solid catalyst
assuming a constant value of 774.9 J kg-1K-1 as weighted by the void fraction of the
catalyst film, 𝜖𝑝 . The effective thermal conductivity of the fluid phase (Eq. 14) within
the catalyst film is obtained in similar fashion, assuming a thermal conductivity of the
porous catalyst of 0.15 W m-1 K-1 as obtained using the correlations of Butt[126].

𝑪𝒑,𝒄𝒂𝒕 = 𝐂𝐩,𝐦𝐢𝐱 ∙ 𝝐𝒑 + (𝟏 − 𝝐𝒑 ) ∙ 𝟕𝟕𝟒. 𝟗𝟎

[21]

The present model employs Langmuir-Hinshelwood-Hougen-Watson (LHHW)
rate expressions, originally developed by Xu and Froment,[127] to describe catalytic
methane steam reforming (MSR, Eq. 22) and water-gas shift (WGS, Eq. 23)
reactions in the catalyst film:

CH4 + H2O  CO + 3H2

[22]

CO + H2O  CO2 + H2

[23]
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[25]

where temperature dependent values for rate coefficients (kj), individual species
adsorption coefficients (Ki), and reaction equilibrium coefficients (Kej) are described by

𝑬𝑨𝒋

𝜟𝑯

𝒌𝒋 = 𝒌𝒋,𝒐 𝐞𝐱𝐩 [− 𝑹𝑻 ] , 𝑲𝒊 = 𝑲𝒊,𝒐 𝐞𝐱𝐩 [ 𝑹𝑻𝒊 ],
𝑲𝒆,𝑴𝑺𝑹 = 𝐞𝐱𝐩 [

𝟐𝟔𝟖𝟑𝟎
𝑻

[26]

+ 𝟑𝟎. 𝟏𝟏𝟒] , 𝒂𝒏𝒅 𝑲𝒆,𝑾𝑺𝑹 = 𝐞𝐱𝐩 [

𝟒𝟒𝟎𝟎
𝑻

− 𝟒. 𝟎𝟑𝟔]

[27]

As previously demonstrated by the authors, the coefficients originally provided
by Xu and Froment [127] are suitable for describing MSR and WGS reactions over the
presently employed Ni-based catalyst [112], with a slight increase in pre-exponential
values for rate coefficients accounting for the improved activity of the proprietary
catalyst supplied by Catacel. Pre-exponential values employed in the present work are
summarized in Table 2.
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Table 2. Kinetic Parameters implemented to obtain rates of MSR and WGS reactions
based on values reported by Xu and Froment[127]
pre-exponential

exponential

k MSR,o

2.7 x 1019 mol bar0.5 m-3 cat s-1

E A,MSR

240.1 kJ mol-1

k WGS,o

1.25 x 1010 mol bar-1m-3 cat s-1

E A,WGS

67.13 kJ mol-1

K CO

8.23 x 10-5 bar-1

ΔH CO

-70.7 kJ mol-1

K CH4

6.65 x 10-4 bar-1

ΔH CH4

-38.3 kJ mol-1

K H2 O

1.77 x 105 bar-1

ΔH H2 O

88.7 kJ mol-1

K H2

6.12 x 10-9 bar-1

ΔH H2

-82.9 kJ mol-1

The above kinetic model represents a simplification of the triangular reaction
network reported by Xu and Froment[127] in that the reverse methanation reaction (CH4
+ 2H2O  CO2 + 4H2) was neglected, following similar studies of microchannel
reformers reported in the literature.[112, 128] A comparison of relative reaction rates at
the conditions simulated indicate that the rate of this third reaction is negligible in
comparison to the MSR and WGS reactions at methane conversions in excess of 10%,
which corresponds to the majority of the AMR length. As will be shown in the results
and discussion section, this simplification had a negligible impact on the accuracy of
CFD simulations in predicting experimental trends over the range of space velocities
studied.
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2.3.3 Reactor Wall (Solid-Phase) Expressions

Conductive heat transfer within the wall separating inlet and annular volumes of
the AMR is modeled using Eq. 28, below.

𝟎 = 𝛁 ∙ (𝒌𝒄𝒂𝒕 𝛁𝑻)

[28]

Constant temperature values for solid phase heat capacity, density, and thermal
conductivity of 0.71 kJ kg-1 K-1, 7100 kg m-3, and 22 W m-1 K-1 , respectively, were
provided by the supplier, AB Sandvik, for use in the model.

2.3.4 Boundary Conditions

Boundary conditions for the gas phase expressions governing momentum, mass
and heat transport were defined as follows. No-slip (𝒖 = 0) and zero-flux (−𝒏 ∙ 𝑵𝑖 =
0) conditions were assumed for all uncoated wall surfaces (Boundary I, Figure 10).
Continuity of temperature and heat flux was assumed for the inner uncoated wall surface
(Boundary II, Figure 10), while constant temperature conditions equal to the inlet
temperature (1023K) were assumed for the uncoated outer wall surface (Boundary III,
Figure 10). Constant temperature (1023K), composition (3.3:1 H2O:CH4 molar ratio)
and normal fluid velocity (variable) conditions were applied at the fluid inlet (Boundary
IV, Figure 10), with the latter value reflecting the total gas flow rate supplied to the
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AMR volume. Continuity is assumed across the boundary separating the homogenous
gas phase volume and the pseudo-homogeneous catalyst region. No slip and zero flux
conditions were applied to the catalyst coated outer wall surface (Boundary V, Figure
10) along with fixed temperature (1023K); the latter condition enables solution for a
target heating profile along the AMR’s external surface to ensure isothermal operation.
Lastly, the outlet (Boundary VI, Figure 10) was set to an open boundary for convective
heat and mass flow with a uniform pressure.
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Figure 10. Geometries for 2-D COMSOL simulations, showing all relevant dimensions
and boundary conditions. (a) bench scale prototype AMR (b) final AMR design.
Boundary conditions are labeled as follows: (I, red) axial symmetry where r=0, (II,
orange) no slip and no mass flux, (III, green) no slip, no mass flux, and fixed
temperature (IV, blue) uniform velocity and constant mole fractions, (V, yellow) no slip,
no mass flux, fixed temperature, (VI, purple) open boundary for convective heat and
mass transport with uniform pressure.

2.4 Numerical Methods

The model described above was implemented using the commercial software
COMSOL Multiphysics v4.2a equipped with the chemical engineering module. The
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fluid phase and catalyst phase domains were modeled using the free and porous media,
heat transfer in fluids and transport of concentrated species physics packages. The
tubing domain was modeled using heat transfer in fluids physics package. The model
was solved using 2D geometries as summarized in Figure 10, applied to radial symmetry
space. The finite-element meshes employed were similar for both models and consisted
of ~ 260,000 individual elements which corresponded to ~4,300,000 degrees of freedom.
The error associated with numerical solutions was calculated from individual atomic
mass balances and was found to be <1% for all simulations. Solutions were obtained
using the Direct MUMPS (MUltifrontal Massively Parallel sparse direct Solver) solver,
which is a multifrontal gaussian elimination method algorithm recommended for sparse
matrixes[129]. All solutions were performed on a Dell PowerEdge R820 with eight (8)
Intel Xeon CPU E5-4650 at 2.7 GHz and equipped with 256 GB of RAM. The typical
solution times for both systems ranged from 400-8000 s.

2.5 Analysis of Simulation Results

Results of each simulation were analyzed by integrating individual mass species
fluxes at the inlet and the outlet of the AMR and the heat flux into the catalyst film from
the underlying support wall. The first model geometry (Figure 10a) was used to predict
the total heat duty to the experimental AMR system, and in turn validate the accuracy of
the model expressions. The second model geometry (Figure 10b) was used to predict
the axial heat duty profile, local temperature, pressure and composition within the
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catalyst film, and outlet composition for the proposed final design. The total power
input was calculated using a surface integral of the total energy flux over the outer wall
of the catalyst (Boundary V shown in Figure 10). Molar outflows of each species were
calculated from individual species’ molar fluxes integrated across the inlet and outlet
surface.
The efficiency of the AMR was determined by normalizing the predicted
hydrogen yield by the theoretical maximum hydrogen yield, assuming reaction proceeds
to thermodynamic equilibrium at 1023K. A maximum hydrogen yield of 66.7%
(corresponding to 75.6% methane conversion and 32.2% carbon monoxide yield) was
calculated using a Gibb’s reactor model [54] implemented in Aspen Plus v8.2 equipped
with the NIST Standard Reference Database 103b: NIST Thermodata Engine Version
7.1. These values likewise correspond to a theoretical maximum reaction heat duty of
154 kJ.mol-1 methane fed.

2.5.1 Experiments and Comparison with CFD Simulations

Experiments were performed using a bench scale, three zone AMR prototype to
confirm previous model predictions[112] and to demonstrate the validity of the CFD
model presented above. Steady state outlet dry basis hydrogen mole fractions were
measured at reaction temperatures of 1023K for dry basis methane feeds ranging from
0.333 to 1.75 SLPM, corresponding to reactor space velocities of 73,400 to 330,700 h-1.
Steam to methane molar composition was maintained at 3.3:1 for all experiments.
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Figure 11 presents a comparison of measured outlet dry basis hydrogen mole fraction
with CFD predictions (using reactor geometry shown in Figure 10a). For all
experiments, hydrogen outlet composition remained relatively constant and within +/1.6% of calculated equilibrium dry basis composition (72.5%). This in turn allowed
estimation of the reaction heat duty from ASPEN Gibbs reactor analysis (discussed
above) for comparison with CFD predictions of overall heat duty of the bench scale
AMR prototype.

Experimental data is found to be in good agreement with CFD

predictions, and is in agreement with predicted trends reported in our earlier study.[112]
For example, at a space velocity of 330,700 h-1 (corresponding to a methane feed rate of
1.5 SLPM), a total reaction heat duty of 165W was calculated from an observed
hydrogen production of 2.36 x10-3 mol.s-1, which compares favorably with predicted heat
duty of 162W. These values correspond to an observed volumetric heat flux of 141
W.cm-3 of annular reaction volume, or 1380W.cm-3 catalyst. The validated CFD model
was subsequently employed to predict the performance of a final AMR design (geometry
shown in Figure 10b).
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Figure 11. Comparison of experimental results and design simulation for outlet drybasis hydrogen mole fraction and reaction heat duty vs. space velocity (SV).
Experimental data is denoted by symbol while the CFD simulated results denoted by
solid line.

The experimentally observed power density of 1380W.cm-3 catalyst, reported for
a space velocity of 330,700 hr-1, compares favorably with literature values obtained with
laboratory-scale packed beds of fine catalyst powders operated at equivalent space
velocities.[130, 131] . Zhai et al.,[130] reported methane conversions corresponding to
estimated power densities of 60 – 470 W/cm3 over Ni/La-Ca/Al2O3 and Ni0.5Mg2.5AlO9
catalysts operated at 1173K with 3:1 steam:methane feed, corresponding to space
velocities of 120,000 – 1,200,000 hr-1. Takehira et al.[131] reported reforming rates at
space velocities of 110,000 – 580,000 hr-1 over a Ni-based Mg-Al clay catalyst using 2:1
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H2O:CH4 feed at 1073K which correspond to an estimated power density of ~560W.cm-3
catalyst. The higher catalyst-basis power densities observed for the AMR can be
attributed to our use of undiluted methane feeds, in contrast to 50% diluted feeds
employed in laboratory-scale packed bed studies. The AMR system employs catalyst
length scales (.03mm catalyst coatings) which are comparable to these laboratory
packed-bed experiments ( < 0.1mm powders), which in both cases removes fluid-phase
heat and mass transport limitations to enable operation at space velocities in excess of
100,000 hr-1.

2.5.2 Simulations of Final AMR Design

The above CFD model expressions were employed using the final AMR design
geometry (Figure 10b) in order to predict the overall reactor heat duty, hydrogen yield,
hydrogen production and effluent dry-basis compositions vs. space velocity for this
proposed manufacturing design. Results (presented in Figure 12) enable identification of
a suitable operating window of methane capacities for the AMR as follows. A minimum
practical space velocity of 195,000 h-1 (corresponding to a dry basis methane supply of
0.5 SLPM) is identified, corresponding to a methane capacity below which hydrogen
yield remains > 99% of the theoretical maximum. A maximum space velocity of 782,000
h-1 is identified based upon a desired 4:1 turn down ratio; at space velocities beyond this
value, predicted hydrogen yields drop significantly to values < 75%. Between these two
limits, a nominal space velocity of 391,000h-1 (dry basis methane supply of 1 SLPM) is
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identified, which corresponds to hydrogen yields and molar production rates of 62.8%
and 1.89x10-3 mol.s-1 with a total heat duty of 108.6W. Given an annular reaction
volume of 0.66cm3, heat transfer surface area of 24.4cm2 and total catalyst volume of
72.4mm3, this nominal space velocity corresponds to predicted heat fluxes of 165 W.cm3

, 4.45 W.cm-2 and 1500 W.cm-3 on a fluid volumetric, heat transfer surface area and

catalyst volumetric basis, respectively. Hydrogen yields, heat duties, heat flux values and
effluent compositions predicted for the final AMR device design operating at these three
space velocities (195,000, 391,000 and 782,000hr-1) are summarized in Table 3.
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Figure 12. Results for final design simulations for flow rates ranging from 0.333 to 5
SLPM. The nominal flowrate window of 0.5 to 2 SLPM is highlighted on each plot: (a)
reaction heat duty and hydrogen yield/maximum hydrogen yield, (b) hydrogen
production and outlet hydrogen mole fraction dry basis, and (c) outlet mole fractions for
CO (line), CO2 (dashed line) and CH4 (dot dashed line).
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Table 3. Mole fractions at the outlet of the reactor for minimum, maximum and nominal
space velocities. The inlet mole fractions for all flowrates were 0.001, 0.764, 0.001,
0.001, 0.232, and 0.001 for CO, H2O, H2, CO2, CH4, and N2, respectively.
Space Velocity
Methane Capacity
(dry basis)
𝑥𝐶𝑂
𝑥𝐻2 𝑂
𝑥𝐻2
𝑥𝐶𝑂2
𝑥𝐶𝐻4
𝑥𝑁2
Reaction Heat Duty
(W)
Hydrogen Yield /Max
Hydrogen Yield (%)
Heat Flux (fluid
volume basis) (W/cm3)
Heat Flux (heat
transfer surface area
basis) (kW/m2)
Heat Flux (catalyst
volume basis)
(kW/cm3)

195000 h-1

391000 h-1

782000 h-1

0.5 SLPM

1 SLPM

2 SLPM

0.0638
0.3698
0.4565
0.0674
0.0419
0.0007

0.0581
0.3847
0.4388
0.0672
0.0504
0.0007

0.0402
0.4397
0.3741
0.0646
0.0807
0.0008

55.8

108.6

176.1

99.8

85.2

76.0

84.5

164.5

266.8

22.9

44.5

72.2

0.771

1F.500

2.432

Catalyst-basis energy densities predicted from simulations and experiments are
competitive with literature values for ceramic and metallic planar microreactor systems.
Murphy et al.[100] recently reported a ceramic-plate heat-exchanger microreactor for
MSR with 0.025mm thick catalyst coating of Rh-Al2O3/CeO2; their experimental device
contained 20 parallel reforming channels of dimensions 3.144mm x 0.740mm x 70mm
and was operated at a nominal temperature of 1023K with a 2.5:1 H2O:CH4 feed diluted
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in 50% N2. For a space time of 45,000 hr-1, CH4 conversions of > 99% equilibrium value
were reported, from which a catalyst power density of ~1.6kW/cm3 catalyst may be
estimated (assuming a catalyst density of ~1.5 g.cm-3). Lerou et al.[28] reported results
obtained for a prototype metal-plate heat-exchanger microchannel for combustion-driven
methane steam reforming developed by Velocys, Inc. For a methane supply rate of 9.96
SLPM at a 2.5:1 CH4:H2O feed ratio at an overall gas flow rate of 25.1 SLPM, a
methane conversion of 88.5% and CO selectivity of 72% was reported, corresponding to
approximately 580kW of reforming heat duty; given a reported surface heat flux for the
SMR of 14 W/cm2, the total reforming catalyst surface area may be estimated at
42,000cm2. While the catalyst wash-coat thickness was not reported, an assumed
thickness of .030mm (consistent with values reported in similar microchannel
reformers[100, 112]) would correspond to an estimated catalyst power density of 4.6
kW/cm3 catalyst at the reported residence time of 9ms, or space velocity of 400,000hr-1.
Thus, a comparison of the presently reported catalyst power densities and corresponding
space velocities for the experimental AMR apparatus and simulations of the AMR
prototype (1380W/cm3 at 330,700hr-1 and 1500W/cm3 at 391,000hr-1, respectively) are
comparable to estimated values from literature reports for metallic and ceramic planar
heat-exchanger microreactors (4600W/cm3 at 400,000hr-1 and 1600W/cm3 at 45,000hr1

). As noted in the Introduction, the AMR system is expected to provide additional

advantages in ease of manufacture and durability over planar microreactor architectures;
the present discussion confirms that these benefits come at equivalent reactor space
times and catalyst power densities.
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Local temperature, pressure and compositional data predicted for the minimum,
maximum and nominal space velocities discussed above were further analyzed to assess
the potential risk of catalyst deactivation owing to coke formation and/or oxidation of
the active Ni metal species. Local atomic ratios of O:C and H:C were calculated at all
mesh points (approx. 12,250) calculated within the catalyst domain for each of the three
space velocities of interest, with all values consistently found to be > 3.2:1 and 9.2:1,
respectively. Previous analysis by Probstien[132] for the methane steam reforming
system indicates that under these conditions, coke formation is not thermodynamically
favorable. The risk of catalyst deactivation via Ni oxidation was also assessed using
CFD results obtained at the minimum, maximum and nominal space velocities
identified. Local temperature, pressure and composition within the catalyst were
employed to calculate the Gibbs free energy associated with the Ni oxidation by steam
and carbon monoxide.

𝑵𝒊 + 𝑪𝑶𝟐 ⇌ 𝑵𝒊𝑶 + 𝑪𝑶

[29]

𝑵𝒊 + 𝑯𝟐 𝑶 ⇌ 𝑵𝒊𝑶 + 𝑯𝟐

[30]

Substitution into the corresponding equilibrium conditions (below) allows
calculation of the local H2O:H2 and CO2:CO ratios necessary for Ni oxidation to become
thermodynamically favorable; on average, minimum ratios of 545:1 and 710:1 were
calculated from simulation results.
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𝑷 𝑯𝟐

𝑮(𝑻, 𝑷) = 𝑹𝑻 𝐥𝐧(𝑷

)

[31]

𝑮(𝑻, 𝑷) = 𝑹𝑻 𝐥𝐧(𝑷 𝑪𝑶 )

[32]

𝑯𝟐 𝑶

𝑷

𝑪𝑶𝟐

A comparison of all local minimum compositional values with predicted local
H2O:H2 and CO2:CO ratios indicates that oxidation of the active catalyst metal is not
favorable under the range of proposed operating conditions. Thus, simulations suggest
that long-term catalyst deactivation due to oxidation and/or coke formation should be
negligible under nominal operating conditions. Lastly, axial heat duty profiles for all
three cases are presented in Figure 13. Heat duty profiles were found to follow a simple
exponential decay style profile, with overall heat duties of 55.8, 108.6 and 176.1 W,
respectively. This information allows identification of optimal combustor designs,
including catalyst loading profiles and materials selection for proper manipulation of
axial heat conduction within the combustion chamber, which is presently underway.
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Figure 13. Axial heat duty profiles required by final AMR design for maintaining
isothermal operation for minimum, nominal and maximum recommended capacities
(0.5, 1, 2 SLPM).

Simulation results allow estimation of the AMR steam reformer thermal
efficiency, based upon the lower heating values (LHV) of methane and hydrogen (Table
4). For a single-AMR feed of 0.5 SLPM dry-basis methane (0.000370 mol.s-1 methane,
with latent heat of 297W), the AMR produces 1.32 SLPM of hydrogen (.00098 mol.s-1
with a latent heat of 237W) at a heat duty of 55.8W, corresponding to a latent heat of
280.2W for a thermal efficiency of 67.2%. Operation at a feed of 1 SLPM dry-basis
methane, the AMR produces 2.54 SLPM hydrogen (0.00189 mol.s-1) at a heat duty of
108.6W for a thermal efficiency of 64.1%. Lastly, for a maximum recommended feed of
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2 SLPM dry-basis methane, the AMR produces 4.27SLPM of hydrogen at a heat duty of
176.1W for a minimum thermal efficiency of 45.6%.

Table 4 Flowrates of methane in and hydrogen out with thermodynamic efficiency
calculations for one AMR tube inside the nominal operation window.
Space Velocity

195000 h-1

391000 h-1

782000 h-1

0.5 SLPM

1 SLPM

2 SLPM

1.32 SLPM

2.54 SLPM

4.27 SLPM

0.000370 mol s-1

0.000753 mol s-1

0.001590 mol s-1

0.000985 mol s-1

0.00189 mol s-1

0.00274 mol s-1

Flowrates
Methane in
(dry basis)
Hydrogen out
(dry basis)
Methane Molar
Flowrate in
Hydrogen Molar
Flowrate out

Thermodynamic Calculations
Latent heat in
(methane)
Reaction Heat Duty
Latent heat out
(hydrogen)
Thermal Efficiency

297W

605W

1277 W

55.8 W

108.6 W

176.1W

237 W

457 W

663 W

67.2 %

64.1 %

45.6 %

2.6 Inlet Steam to Methane Ratio Sensitivity

When temperature is held constant (750°C), different molar ratios of steam to
carbon give different thermodynamic equilibrium methane conversions as shown in
Figure 14. Under different circumstances, the availability of water may vary, so an
evaluation of a range of molar steam to carbon ratios gives a guideline of how the
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reactor would perform under various possible conditions. This study also allows for
optimization of the system either globally or locally with different constraints.

Figure 14. Equilibrium conversion of methane vs. inlet steam to carbon ratio at 11 atm
and 750°C.

All of the conditions are the same as in the prototyped device, except for the inlet
mole fractions. The inlet mole fractions were changed according to the target molar
ratio. Each ratio was tested for a set of residence times. The percent of equilibrium
conversion reached decreased with increasing space velocity as seen in Figure 15
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Figure 15. Percent equilibrium conversion reached vs. space velocity for different inlet
S/C where 1.5 S/C (stars), 2.4 S/C (triangles), 3.3 S/C (circles), 4.65 S/C (squares), and 6
S/C (diamonds).

The rapid decrease in percent equilibrium conversion with increase in S/C is
thought to be due to the methane competing with steam for active sites on the catalyst
resulting in a negative order in water [133]. It is common to use a S/C ratio around 3 to
reduce the risk of coking which become greater with decreasing S/C ratio [21, 76] This
sensitivity shows that there would be an optimum steam to carbon ratio and flow rate to
get the maximum performance out of the reactor.

2.7 Initial Assessment of 10kW, 19-AMR Reformer Concept

Based upon the above experimental and simulation results, an end-user 10kW
reformer design containing 19 parallel AMRs (geometry equal to that shown in Figure
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10b) was assembled to obtain initial estimates of system size. Simulation results were
employed to provide estimates of final design performance and to identify design targets
for the combustion chamber. The resulting reformer design (presented in Figure 16)
consists of separate distribution chambers for reformer inlet (L1, Figure 16) and outlet
(L2, Figure 16) as well as separate air (L6, Figure 16) and methane (L7, Figure 16)
inlets for achieving stable diffusion flame (L5, Figure 16), with subsequent heat
exchange between hot combustion gas and the array of 19 parallel AMRs (L4, Figure
16). Insertion of a thermally conductive porous matrix within the heat-transfer chamber
(L4, Figure 16) allows for even axial distribution of combustion heat between individual
AMRs. The resulting device has a total volume of 360cm3, assuming a center-to-center
AMR spacing of 5.71mm (based upon existing manufacturing processes at Power &
Energy, Inc.) and a combustion chamber height of 15.3mm distance between air inlets
and AMRs. Given a nominal rate of hydrogen production per AMR of 2.54 SLPM (at
methane feed rate of 1 SLPM per AMR), an energy density of 28.5W.cm.-3 is estimated.
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Figure 16. Schematic of 19-AMR autothermal reformer design, highlighting seven
unique functional zones. (L1) Reformer inlet chamber, including distribution manifold
for affixing individual outer AMR tubes; (L2) Reformer outlet chamber, including
second distribution manifold for affixing individual inner, or nested, AMR tubes; (L3)
Collection chamber and outlet for spent combustion gas; (L4) chamber containing AMR
array, with open space allowing heat exchange between individual AMRs and
combustion gas; (L5) homogeneous combustion chamber equipped with spark ignitor;
(L6) combustion air inlet chamber with distributor plate; (L7) combustion methane inlet
chamber with distributor plate.

Previously reported heat-exchanger microreactor designs have demonstrated
combustion heat utilization efficiencies ranging from 40% to 75%;[11, 134] based upon
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these literature values, a conservative estimate of 50% combustion heat utilization was
assumed for the purpose of providing an initial appraisal of the envisioned 10kW (19
AMR) autothermal reformer shown in Figure 16. Thus, for the target nominal methane
feed rate of 1 SLPM per AMR, the total reforming methane capacity of 19 SLPM
requires 2,063W of heat provided by 6.24 SLPM of methane supplied to the combustion
chamber for an overall thermal efficiency of 61.5%, or a hydrogen yield of 95.6% (on a
per-methane basis). Work is currently underway to assess the achievable heat utilization
for multiple combustor volume designs, as is process flowsheet analyses to optimize
overall system efficiency accounting for balance-of-plant components.

2.8 Conclusions

The present experimental work demonstrated a second-generation bench-scale
AMR prototype with an annular microchannel width of 0.3mm and a total catalyst length
of 85.8mm capable of catalyst utilizations upwards of 1540W reaction heat per cm 3 of
catalyst at >98% of equilibrium hydrogen yields at 11bar and 1023K. Experimental data
validated the accuracy of a two-dimensional steady-state computational fluid dynamic
model of the AMR prototype, implemented in the COMSOL v4.2a programming
environment. CFD simulations of a final AMR manufacturing design identified a
nominal methane capacity of 1 SLPM methane per microchannel, with an upper
recommended capacity of 2 SLPM (corresponding 75% of maximum theoretical
hydrogen yield) and a lower recommended capacity of 0.5 SLPM (corresponding to
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>99% of maximum theoretical hydrogen yield). Thermal efficiencies, defined using
methane and product hydrogen lower heating values (LHVs), of 67.2-45.6% were
obtained from simulations over this range of methane capacities. Analysis of local
composition, temperature and pressure indicate that for all flowrates, catalyst
deactivation via coke formation or Nickel oxidation is not thermodynamically favored.
The inlet S/C ratio sensitivity study concluded that there would be an optimum inlet
steam to methane ratio depending on available water sources. Based upon these single
AMR simulations, a 10kW autothermal reformer design was developed for combining
19 parallel AMRs within a single methane-air combustion chamber. An initial analysis
of this reformer concept suggested achievable energy densities of >28kW.cm-3,
corresponding to overall methane capacities of 12.7 – 48.1 SLPM and hydrogen
production rates of 25.1 – 81.1 SLPM. In addition to demonstrating the potential of the
AMR technology for modular, small-scale hydrogen production from natural gas, this
preliminary analysis provides the necessary basis for subsequent detailed design of
combustion chamber discussed in Section 3.

53

3. COMBUSTION

In order to provide the heat duties shown in Figure 13 for MSR, the catalytic
combustion of methane will be performed around each AMR tube, so CFD simulations
were carried out to find the necessary flow rates corresponding to the heat duties of the
nominal operating window for the AMR. CFD simulations of methane-air catalytic
combustion over the outer surface of a washcoated AMR were performed in order to
confirm the potential for catalytic combustion to (i) provide required reforming heat
duties via catalytic reaction, and (ii) match ideal isothermal reforming heat duty axial
profiles such that near-isothermal AMR axial temperature profiles may be expected. Our
findings confirm that AMR designs are capable of providing overall autothermal
hydrogen production from methane via coupled steam reforming and catalytic
combustion over a single-AMR methane capacity of 0.25 – 1.0 SLPM on dry-gas basis.
This section details efforts to construct, validate and employ 2-D CFD models of
the AMR combustion chamber for assessing the viability of catalytic combustion for
driving endothermic methane steam reforming. Two-dimensional CFD models
describing catalytic combustion and fluid-phase transport in the AMR combustor
volume were developed and employed to facilitate rapid simulations and to facilitate
subsequent integration with 2-D CFD models describing the interior (reforming volume)
of the AMR. The use of 2-D CFD models to approximate the close hexagonal packing
structure of the actual AMR network was validated through comparison of non-reacting
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heat transfer models employing the actual 3-D architecture and a 2-D approximation
thereof.

3.1 Model Development

A steady state two dimensional model of the combustion volume was developed
using COMSOL Multiphysics v4.2a to identify the correct volumetric flowrates
necessary to produce the previously identified heat duty profiles to facilitate methane
steam reforming in the annular microchannel reactor (AMR) system. The combustion
volume consists of the outer volume surrounding individual AMR tubes, assumed to be
ordered into a close-packed hexagonal pattern with an actual center-to-center spacing of
individual AMR tubes of 4.85 mm (Figure 17a).

For the purpose of reducing

computational costs, this three-dimensional combustion volume is described using a
two-dimensional approximate volume (Figure 17b) with tube center-to-center spacing
chosen to ensure identical ratios of flow volume to heat transfer surface area
(characteristic transport length) between the two models. Details of governing equations
and model geometries are provided below.

3.1.1 Fluid Volume Expressions

The fluid volume was modeled using Navier Stokes for weakly compressible
fluids and the continuity equation (Eqs. 33,34). Density was calculated using the local
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individual species mass fractions using the ideal gas law (Eq. 35). The mixture viscosity
is approximated using the pure component viscosity of Nitrogen using the Lennard Jones
parameters fit model (Eq. 36).

𝟐

𝛒(𝐮 ∙ 𝛁)𝐮 =∙ [−𝐏𝐈 + 𝛍𝐦𝐢𝐱 (𝛁𝐮 + (𝛁𝐮)𝐓 ) − 𝟑 𝛍𝐦𝐢𝐱 (𝛁 ∙ 𝐮)𝐈]

[33]

𝛁 ∙ (𝛒𝐮) = 𝟎

[34]

𝛒=

𝐏
𝐑𝐓

∑𝐍𝐢=𝟏 𝛚𝐢 𝐌𝐢

[35]
√𝐌 𝐓

𝛍𝐢 = 𝟐. 𝟔𝟔𝟗𝟑 × 𝟏𝟎−𝟓 𝛔 𝟐 𝛀𝐢 , 𝛀𝛍 =
𝐢

𝛍

𝟏.𝟏𝟔𝟏𝟒𝟓
𝐓 ∗ 𝟎.𝟏𝟒𝟖𝟕𝟒

𝟎.𝟓𝟐𝟒𝟖𝟕

𝟐.𝟏𝟔𝟏𝟕𝟖

+ 𝐞𝐱𝐩(𝟎.𝟕𝟕𝟑𝟐𝟎𝐓 ∗) + 𝐞𝐱𝐩(𝟐.𝟒𝟑𝟕𝟖𝟕𝐓∗)

[36]

Heat transfer within the bulk fluid was modeled using convection and conduction
described by Eq. 37. The mixture heat capacity was modeled using a mass fraction
weighted sum of the individual species heat capacities (Eq. 38), which was calculated
using the five parameter Shomate equation (Eq. 39). The thermal conductivity for the
mixture was calculated using Wilke's mixing rule (Eq. 40), and the individual species
thermal conductivities were calculated using the Chapman-Enskog formula. LennardJones parameters for Eqs 36 and 41 can be found in Table 5.

𝛒𝐂𝐩,𝐦𝐢𝐱 𝐮 ∙ 𝛁𝐓 = 𝛁 ∙ (𝐤 𝐦𝐢𝐱 𝛁𝐓)

[37]

𝐂𝐩,𝐦𝐢𝐱 = ∑𝐍𝐢=𝟏 𝛚𝐢 𝐂𝐩,𝐢

[38]

𝐱𝐤

𝐤 𝐦𝐢𝐱 = ∑𝐍𝐢=𝟏 ∑ 𝐱𝐢 𝛟𝐢
𝐣 𝐣

[39]

𝐢𝐣
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𝑪𝒑,𝒊 = 𝑨𝒊 + 𝑩𝒊 ∗ 𝒕 + 𝑪𝒊 ∗ 𝒕𝟐 + 𝑫𝒊 ∗ 𝒕𝟑 +
𝐤 𝐢 = 𝟏. 𝟗𝟖𝟗𝟏 × 𝟏𝟎−𝟒

√𝐓/𝐌𝐢
𝟐

𝛔𝐢 𝛀𝐤

𝛀𝐤 =

𝑬𝒊
𝒕

𝑻

, 𝒕 = 𝟏𝟎𝟎𝟎

𝟏.𝟏𝟔𝟏𝟒𝟓
𝐓 ∗ 𝟎.𝟏𝟒𝟖𝟕𝟒

[40]

𝟎.𝟓𝟐𝟒𝟖𝟕

𝟐.𝟏𝟔𝟏𝟕𝟖

+ 𝐞𝐱𝐩(𝟎.𝟕𝟕𝟑𝟐𝟎𝐓 ∗) + 𝐞𝐱𝐩(𝟐.𝟒𝟑𝟕𝟖𝟕𝐓∗)

[41]

Table 5. Lennard-Jones parameters used in calculating individual species viscosities
(Eq. 36) and thermal conductivities (Eq.41).
Species
O2
N2
CO2
CH4
H2O

𝜎𝑖 (Å)
3.433
3.667
3.996
3.780
3.165

Mass transport was modeled using a combination of convection and diffusion as
defined by Maxwell-Stefan expression (Eq. 42).

The binary diffusivities were

calculated using the method given by Fuller et al. (Eq.43) assuming molecular diffusion
volumes for CH4, CO2,O2, H2O, and N2 of 24.42, 12.7, 16.6, 26.9, and 17.9, respectively.

𝛁 (𝛒𝛚𝐢 ∑𝐤 𝐃𝐢,𝐤 (𝛁𝐱 𝐤 + (𝐱 𝐤 − 𝛚𝐤 )

𝛁𝐏
𝐏

) ) = 𝛒𝐮𝛁𝛚𝐢

[42]

𝟏

𝑫𝒊,𝒋 =

−𝟏 𝟐
𝟏𝟎−𝟕 𝑻𝟏.𝟕𝟓 (𝑴−𝟏
𝒊 +𝑴𝒋 )
𝟏
𝟏
𝑷(𝝂𝟑𝒊 +𝝂𝟑𝒋

[43]

𝟐

)
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3.1.2 Catalyst-Phase Model Expressions

The catalyst coating is assumed to have a thickness of 0.03 mm in all simulations
describing catalytic combustion in the combustion chamber.

Individual molecular

species transport within the catalyst pores are described by Maxwell-Stefan (Eq. 44) and
Brinkkman expressions (Eq. 45) in order to describe multipcomponent convection and
diffusion in the presence of a catalytic reaction and pressure driven flow in porous
media, respectively.

𝛁 (𝛒𝛚𝐢 ∑𝐤 𝐃𝐢,𝐤 (𝛁𝐱 𝐤 + (𝐱 𝐤 − 𝛚𝐤 )
𝛒
𝛜𝐩

(𝐮 ∙ 𝛁)

𝐮
𝛜𝐩

= 𝛁 ∙ [−𝐏𝐈 +

𝛍𝐦𝐢𝐱
𝛜𝐩

𝛁𝐏
𝐏

) ) = ∑𝐣=𝟏 𝐑 𝐢,𝐣 + 𝛒𝐮𝛁𝛚𝐢

(𝛁𝐮 + (𝛁𝐮)𝐓 ) −

𝟐 𝛍𝐦𝐢𝐱
𝟑 𝛜𝐩

(𝛁 ∙ 𝐮)𝐈]

[44]
[45]

The permeability of fluid into the catalyst film and effective diffusivities for each
binary pair within the catalyst pore structure (Eq. 46) are calculated assuming values for
pore diameter, porosity, and tortuosity of 10 nm, 45%, and 2, respectively.

𝛋=

𝐝𝟐𝐩 𝛜𝐩
𝟑𝟐 𝛕

𝐃𝐞𝐟𝐟
𝐢,𝐣 =

𝛜𝐩
𝛕

𝐃𝐢,𝐣

[46]

Heat transport was characterized using a combination of fluid-phase convection,
fluid phase conduction, and heat generation due to catalyst reaction is described in
Eq.47.
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𝛁(−𝐤 𝐜𝐚𝐭 𝛁𝐓) = (−𝚫𝐇𝐂𝐂𝐌 )𝐑 𝐂𝐂𝐌 − 𝛒𝐂𝐩

𝐜𝐚𝐭

𝐮𝛁𝐓

[47]

The heat capacity and thermal conductivity of the catalyst was approximated by
that of the fluid phase at local conditions. The present model employs a rate expression
developed by Deshmukh and Vlachos[135] to describe catalytic combustion of methane
(CCM).

𝐫𝐂𝐂𝐌 =

𝚪 𝟐 ∙𝐤 𝐚𝐝𝐬
𝐂𝐇 ∙[𝐂𝐇𝟒 ]
𝟒

[48]

𝟐
𝐤𝐚𝐝𝐬
𝐎 ∙[𝐎𝟐 ]
(𝟏+√ 𝟐𝐝𝐞𝐬 )
𝐤𝐎
𝟐

where temperature dependent modified Arrhenius rate constants can be described by
Eqs. 49 and 50.

𝐤 𝐝𝐞𝐬
= 𝐀𝐞
𝐢

𝐝𝐞𝐬
−𝐄𝐚
𝐑𝐓

=

[49]

𝐫𝐞𝐟

𝐚𝐝𝐬
−𝐄𝐚

𝐤 𝐚𝐝𝐬
𝐢

𝛃𝐝𝐞𝐬

𝐓

(𝐓 )

𝐬∙𝐏𝐭𝐨𝐭 𝐞 𝐑𝐓

𝚪√𝟐𝛑𝐌𝐑𝐓

𝐓

𝛃𝐚𝐝𝐬

(𝐓 )

[50]

𝐫𝐞𝐟

where the oxygen surface coverage, 𝜃𝑂 , can be described by Eq. 51. The activation
energy of desorption of oxygen and the activation energy of methane can be found in
Eqs. 52 and 53, respectively.
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𝛉𝐎 =

𝐝𝐞𝐬
√𝐤 𝐚𝐝𝐬
𝐎𝟐 𝐗 𝐎𝟐 /𝐤 𝐎𝟐

[51]

𝐝𝐞𝐬
𝟏+√𝐤 𝐚𝐝𝐬
𝐎 𝐗 𝐎𝟐 /𝐤 𝐎
𝟐

𝟐

𝐓

𝐄𝐚𝐝𝐞𝐬 = 𝟓𝟐. 𝟖 − 𝟐. 𝟑 ∙ (𝟑𝟎𝟎) − 𝟑𝟐. 𝟎 ∗ 𝛉𝐎

[52]

𝐓

𝐄𝐚𝐚𝐝𝐬 = 𝟕. 𝟑 + 𝟏. 𝟗 ∗ (𝟑𝟎𝟎)

[53]

All other variables for Eqs. 51-53 can be found in Table 6. In the above
equations, s, represents a sticking coefficient (dimensionless) describing chemisorption
of species, Ptot is the total pressure, β is a temperature exponent obtained from reduction
of the microkinetic model, Ea is the activation energy for desorption or adsorption, and Γ
is the number of catalytic metal sites per cm2 of catalytic metal surface area.

Table 6. Kinetic parameters used for kinetic model.
Parameter
𝛽𝑂𝑑𝑒𝑠
2
𝛽𝑂𝑎𝑑𝑠
2
𝑎𝑑𝑠
𝛽𝐶𝐻
4
Γ
𝑠𝑂2
𝑠𝐶𝐻4
𝐴𝑑𝑒𝑠
𝑂2

Value
-0.796
0.766
0.154
2E-5
0.0542
0.116
8.41E12 (1/s)
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(a)

(b)

Figure 17. CFD geometries employed for combustion and heat transfer simulations; (a)
3-D geometry of AMR system; (b) 2-D approximate geometry of AMR system.

3.2 Geometry Verification

2D Model Geometry. The 2D axisymmetric geometry was constructed as
follows: 1.91mm tube radius, 254mm cylinder depth, and 50.8mm free-flow area
beneath the tubes. Total heat flow, q [W], for a given inlet velocity, Vin [m/s], was
determined by taking the line integral of the radial heat flux [W/m2] along the tube
boundary (red, Figure 17b).
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𝒒 = 𝒒′ ∗ 𝟐𝒓𝝅

[54]

The tube-to-tube length for the 2-D model is calculated such that characteristic
transport length (defined as the total fluid volume divided by the available heat transfer
surface area) is identical to that of the 3-D model. By equating this ratio for the actual 3D architecture (Figure 17a) and for the 2-D approximation (Figure 17b), the following
expression is obtained for calculating the tube-to-tube spacing in mm:

𝐋𝐂 =

√𝟑𝐚𝟐 𝐡−𝟐𝐫 𝟐 𝛑
−
𝟐𝐫𝛑𝐡

𝟐𝐫 = 𝟓. 𝟑𝟎𝟒 𝐦𝐦

[55]

where a is the actual center-to-center tube spacing in the hexagonal packing (4.85mm), r
is the radius of the outer tube comprising a single AMR (1.91mm), h is the height of the
AMR (254mm) and LC is the characteristic transport length (or center-to-center tube
spacing) for the 2-D approximation.
The 3D model’s geometry was based on AMR specifications and includes a
hexagonal pattern, 4.85mm tube-to-tube length, 1.91mm tube radius, 254mm cylinder
depth, and 50.8mm free-flow area beneath the tubes. Total heat flow, q [W], for a given
inlet velocity, Vin [m/s], was determined by taking the surface integral of the normalized
heat flux [W/m2] around the tube boundary (purple, Figure 17a).
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3.2.1 Comparison of 3D and 2D Geometries Under Non-reacting Flow

Prior to reactive-flow simulations of the catalytic combustion volume, the
accuracy of employing a 2D approximate geometry was validated by comparing heat
transfer rates between a hot gas and cold AMR outer wall using both geometries over an
appropriate range of gas superficial velocities. For both non-reacting flow heat transfer
models, the AMR wall temperature was fixed at 800K while the inlet gas temperature
was fixed at 1023K. Constant-pressure heat capacity and density for air, increased by a
factor of five to magnify any differences between results obtained from each geometry,
were used. The heat flows for both models were calculated, and their results compared
for inlet velocities ranging from 1-4.5 m/s in 0.5 m/s increments. The previously
determined 5.3mm tube-to-tube length was used in the simulations for the 2D model.
The average percent error is 2.13%. Results are summarized in Table 7, below.

Table 7. Heat flow comparison of 2-D and 3-D model for different velocities.
vin [m/s]
1.0
1.5
2.0
2.5
3.0
3.5
4.0
4.5

q 2D [W]
73.5
93.6
108.1
119.5
129.0
137.2
144.5
151.1

q 3D [W]
70.4
92.8
109.5
122.3
132.5
140.3
147.2
153.2
63

% Difference
4.5
1.0
1.2
2.2
2.6
2.2
1.8
1.4

3.2.2 2D Simulations of AMR Combustion Volume

Simulations of methane and air mixtures undergoing catalytic combustion by a
30 micron-thick catalyst coating covering the outer surface of the AMR were performed
using the 2D geometry described above with a uniform AMR center-to-center spacing of
5.304 mm, AMR length of 254mm and an initial inlet height of 48.9 mm between
combustion volume inlet and the rounded tip of the AMR. This schematic of the model
can be found in Figure 18. This model was used to find the methane capacity needed to
match the heat duties from the previously done steam reforming analysis.

Figure 18. 2-D geometry used to model combustion.
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Previous simulations of the reforming volume[136] identified the reforming heat
duty required from the combustion volume for each AMR reforming capacity (given in
terms of dry-basis methane flowrate, SLPM). For each required heat duty, 2D
combustion volume simulations were performed to identify the corresponding
combustion dry-basis methane feed rate capable of providing the requisite heat to the
reformer volume. Results of separate reforming and combustion volumes at matched
heat duties are summarized in Table 8, below.

Table 8 Results for combustion velocities that matched AMR heat duties at different
flow rates.

Reforming
Capacity
(SLPM CH4)
0.25
0.33
0.50
0.75
1.00

Combustion
Capacity
(SLPM CH4)
0.052
0.082
0.126
0.235
0.251

heat duty
(W)

Combustion
Heat Utilization

28.8
38.4
57.8
85.7
110.9

90.8%
76.5%
74.3%
58.5%
70.7%

Table 8, shows the heat duties associated with the AMR flowrates and flowrates
to the combustion chamber. All of the heat productions were matched within 2% of the
necessary heat duty for the AMR flowrates. This resulted in a ratio of around one fourth
of the methane needed for combustion as used in the AMR. This is the result of the high
combustion heat utilization, which was calculated from the heat flux from combustion to
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reforming volume divided by the maximum possible heat generation by catalytic
combustion (i.e., at 100% conversion):

∯(𝐪∙𝐧)𝐝𝐬
𝐂𝐇𝟒 ,𝐢𝐂𝐌 ∗𝚫𝐇𝐂𝐌

𝐇𝐞𝐚𝐭 𝐔𝐭𝐢𝐥𝐢𝐳𝐚𝐭𝐢𝐨𝐧𝐜𝐨𝐦𝐛𝐮𝐬𝐭𝐢𝐨𝐧 = 𝐅

[56]

In addition to the above combustion heat utilization, the overall thermal efficiency of the
combined reforming and combustion AMR volumes is calculated following Eq. 57:

𝛈𝐓 = (𝐅

𝐅𝐇𝟐 ,𝐞𝐌𝐒𝐑 ∗𝐋𝐇𝐕𝐇𝟐

𝐂𝐇𝟒 ,𝐢𝐌𝐒𝐑 +𝐅𝐂𝐇𝟒 ,𝐢𝐂𝐌 )∗𝐋𝐇𝐕𝐂𝐇𝟒

𝐱 𝟏𝟎𝟎%

[57]

Values employed for determining the thermal efficiency of the combined reforming and
combustion AMR volumes are summarized in Table 9 for each reformer dry-basis
methane feed rate investigated. The local (axial) heat duty profiles for each pair of
reforming and combustion flowrates summarized in Tables 9 are compared in Figures
19-23.

66

Table 9. Flowrates of methane to the combustor and AMR and flowrates of hydrogen
out of the AMR.

Reformer
Capacity
(SLPM
CH4)

Reforming
Capacity
(CH4
mmol/s)

Combustion
Capacity
(CH4
mmol/s)

0.25

0.185

0.040

0.33
0.50
0.75
1.00

0.247
0.373
0.563
0.756

0.063
0.097
0.183
0.199

mol H2
Reforming
Overall
generated
Outlet
Thermal
, per mol
(H2 mmol/s) Efficiency
CH4
supplied
66.5%
0.495
2.21
0.661
0.994
1.48
1.92

64.3%
63.8%
59.9%
60.8%

2.14
2.12
1.99
2.02

Figure 19. Heat duty profiles for total heat duty of 28.8 W corresponding to combustion
capacity of 0.052 SLPM CH4 (black) and reforming capacity of 0.25 SLPM CH4 (red)
and overall thermal efficiency of 66.5%.
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Figure 20. Heat duty profiles for total heat duty of 38.4 W, corresponding to combustion
capacity of 0.082 SLPM CH4 (black) and reforming capacity of 0.333 SLPM CH4 (red)
and overall thermal efficiency of 64.3%.

Figure 21. Heat duty profiles for total heat duty of 57.8 W, corresponding to combustion
capacity of 0.126 SLPM CH4 (black) and reforming capacity of 0.5 SLPM CH4 (red) and
overall thermal efficiency of 64%.
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Figure 22. Heat duty profiles for total heat duty of 85.7 W, corresponding to combustion
capacity of 0.235 CH4 (green) and reforming capacity of 0.75 SLPM CH4 (red) and
overall thermal efficiency of 60 %.

Figure 23. Heat duty profiles for total heat duty of 111 W, corresponding to combustion
capacity of 0.251 CH4 (green) and reforming capacity of 0.75 SLPM CH4 (red) and
overall thermal efficiency of 61%.
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3.3 Conclusions

Our previous research effort provided net reforming heat duty and axial heat duty
profiles required for maintaining an AMR outer wall temperature of 1023K and
identified a viable reformer operating range between 0.5 and 2.0 SLPM dry-basis CH4
supplied to each individual AMR reforming volume with a nominal operating condition
of 1 SLPM dry-basis CH4 per AMR. The present analysis employed separate stand-alone
CFD simulations of the AMR combustion volume, assuming a fixed AMR outer wall
temperature of 1023K while varying combustion inlet flowrate to match the net
reforming heat duties identified previously. Simulation results thus predict the required
dry-basis methane feed rate to the combustion chamber (on a per-AMR basis) required
to meet the reformer net heat duty while maintaining the target outer AMR wall
temperature. These flow rates were employed to predict combustion heat utilizations of
67 – 61% over the range of 0.25 – 1.0 SLPM dry-basis CH4 feed rate to each AMR
reforming volume. Comparison of axial heat duties predicted for matched combustion
and reforming flowrates indicate acceptable agreement in local heat duties at all
flowrates. Thus, it is expected that catalytic combustion is a viable means of providing
heat to the AMR.
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4. CATALYST DESIGN IN MICROREACTORS*

Unlike conventional packed-beds, wherein catalyst particles are symmetrically
exposed to reaction fluid, microreactors employ thin films of catalyst supported by the
heat transfer media (wall). One-D non-isothermal reaction-diffusion analysis was used to
determine the possibility of gaining higher effectiveness factors for conventionallydetermined film thicknesses, or conversely achieving comparable effectiveness at higher
than conventional film thicknesses, through exploiting internal heat addition to the
catalyst present in the AMR design. Using dimensional proportions corresponding to
methane steam reforming, analysis predicted high thermal efficiencies and higher
effectiveness factors may be achieved at higher catalyst thickness than conventionally
used. This hypothesis was tested using an experimentally validated computational fluid
dynamics model of an Annular Microreactor (AMR) device, currently under
development by Power+Energy, Inc. The effectiveness factor for each catalyst thickness
was compared with an isothermal reference case at flow rates corresponding to 95% of
equilibrium conversion of methane, and a flow rate much greater than equilibrium
conversion. The thermal efficiency was calculated for the non-isotheral system for each
case. In all cases the non-isothermal catalyst with external heating had a higher relative
average effectiveness with a thermal efficiency greater than 100%. This investigation

*

Reprinted with permission from Enhancing catalyst effectiveness by increasing catalyst film thickness in
coated-wall microreactors: Exploiting heat effects in catalytic methane steam micro-reformers by
Butcher, H. and B.A. Wilhite, 2016. Chemical Engineering Science, 143, 47-54, Copyright 2016 by
Elsevier Ltd.
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proves that a thicker catalyst can be used to increase hydrogen production with little loss
in effectiveness, thus improving the reforming capacity in existing microreactors.

4.1 Theory

In this section, a one dimensional study using first order irreversible kinetics is
employed to verify the feasibility of enhancing catalyst effectiveness by exploiting
internal heat addition. The study is conducted over a range of conditions to show widescale feasibility and tested for parameters that would occur in the steam reforming of
methane. Once the feasibility was proven for this reaction, a two dimensional
computational fluid dynamics model of the AMR system developed by Power & Energy
was constructed.
Over the past decade, several heat-exchanger micro-reactor designs have been
reported for hydrogen production via methane steam reforming coupled with combustion
and/or partial oxidation[58, 94, 95, 101, 104-106]. To-date, research has aimed at
optimizing the methane conversion and hydrogen yield through the variation of design
parameters such as temperature, steam to carbon ratio, and residence time [57, 137] or
design parameters such as the thermal conductivity of the supporting wall [58, 104] or
catalyst loading [137, 138]. Additionally, several optimization studies have been
conducted in the interest of maximizing methane conversions by investigating the
potential of countercurrent flow and the offsetting of reactions zones [139], the use of
stripe combustion catalyst patterning [140], and the use of phase-change media [63, 64],
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in order to minimize hotspots. Common to the majority of studies to-date is the
assumption of isothermal and/or unity effectiveness catalyst justified by the use of thin
catalyst washcoatings. In contrast to this practice, the present study aims to identify new
catalyst design rules for maximizing production capacity through exploiting the presence
of direct internal heat addition to the catalyst film at the wall-catalyst interface in
sufficiently thick washcoatings.
Traditional catalyst design rules are based upon the mathematical treatment of a
symmetrical catalyst particle suspended in a fluid supplying both heat and mass to the
catalyst, such that heat and mass source conditions (either in form of Direchlet or Robintype boundary expressions) are located at the outer boundary of the reaction-transport
domain while zero net flux of heat and mass is assumed at an inner boundary
corresponding to the center of the symmetry [141-146]. By exploiting shape-, kineticsand reaction reversibility normalizations [142-144, 147], a robust rule-of-thumb
expression relating expected catalyst effectiveness (𝜂) in terms of the Thiele modulus
(ratio of reaction to diffusion rates within the catalyst body) in the absence of external
mass or heat transfer resistances is obtained which in turn indicates a maximum value
for ϕ of 0.4 to ensure an effectiveness of greater than 95%:

𝛈𝐜𝐚𝐭 =

𝐭𝐚𝐧𝐡(𝛟)
𝛟

= 𝟎. 𝟗𝟓 → 𝛟 = 𝟎. 𝟒

[58]

where ϕ is the normalized Thiele modulus relating catalyst particle size or washcoating
thickness to reaction and diffusion rates as follows:
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𝛟𝟐 =

𝐋𝟐 𝐫(𝐂𝐟 ,𝐓𝐟 )

[59]

𝐂𝐟 𝐃𝐞𝐟𝐟

This results in a sufficiently thin catalyst layer as to prevent significant reduction
in internal reaction concentration arising from internal diffusion resistances. However, in
the presence of internal heating of the catalyst (such that a finite heat flux condition
occurs at the inner boundary), reduction in local reaction rates due to species depletion
via diffusional resistances may be countered by local elevation of temperature. In the
case of heat-exchanger microreactors, this elevation arises from a combination of heat
addition at the inner boundary (catalyst-wall interface) and conductive heat resistances
within the catalyst film arising with the use of unconventionally-thick (ϕ > 0.4) catalyst
films. Given that defect-free and smooth catalyst washcoatings of 30-100 µm have been
readily achieved in meso-to microscale channels, the use of thicker catalyst coatings is a
viable means to exploit heat effects at the catalyst-scale in microreactors[148, 149].
This section provides a demonstration of this new design approach as follows.
First, a representative non-isothermal one-dimensional reaction-diffusion model with
first order irreversible kinetics is employed to verify the feasibility of enhancing catalyst
effectiveness by exploiting internal heat addition and identify parametric design rules.
These design rules are validated using a two dimensional computational fluid dynamic
(CFD) model, previously described and experimentally validated by the authors [112,
150], of an industrial annular microreactor (AMR). The CFD model is employed to
predict local and overall catalyst effectiveness factors alongside overall thermal
efficiencies at reformer flow rates corresponding to 95% of equilibrium conversion of
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methane via MSR over a range of catalyst thicknesses corresponding to ϕ= 0.27 – 2.4
(10 – 90 micron).

4.1.1. One Dimensional Analysis of Internally-Heated Slab Catalyst

A one-dimensional reaction-conduction-diffusion model assuming negligible
fluid-catalyst transport resistances is employed for parametric analysis of the impact of
internal heating of a slab-catalyst upon both local heat utilization and catalyst efficiency
for the case of an endothermic unimolecular first-order irreversible reaction. Within the
catalyst slab, mass, conduction, and reaction are described by:

𝐝𝟐 𝐮
𝐝𝐬 𝟐
𝐝𝟐 𝐯
𝐝𝐬 𝟐

= 𝛟𝟐 𝐟(𝐮, 𝐯)

[60]

= −𝛃 𝛟𝟐 𝐟(𝐮, 𝐯)

[61]

with dimensionless boundary conditions

at 𝐬 = 𝟎

𝐝𝐮

=𝟎;
𝐝𝐬

𝐝𝐯
𝐝𝐬

=𝛘

[62]

at 𝐬 = 𝟏 𝐮 = 𝟏, 𝐯 = 𝟏

[63]

where the Thiele modulus (ϕ), Prater number (β), dimensionless activation energy (γ)
and ratio of internal heat addition to conduction (χ) are defined as follows:
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𝛟𝟐 =

𝐋𝟐 𝐫(𝐂𝐟 ,𝐓𝐟 )
𝐂𝐟 𝐃𝐞𝐟𝐟

;

𝛃=

−𝚫𝐇 𝐂𝐟 𝐃𝐞𝐟𝐟
𝐤 𝐞𝐟𝐟 𝐓𝐟

;

𝐄

𝐀
𝛄 = 𝐑∗𝐓
;
𝐟

𝐪

𝛘=𝐓 ∙𝐤
𝐟

𝐋
𝐞𝐟𝐟

[64]

And the dimensionless rate of reaction is

𝐟(𝐮, 𝐯) =

−𝐄𝐀
]
𝐑𝐓
−𝐄𝐀
𝐤 𝐨 ∙𝐂𝐟 ∙𝐞𝐱𝐩[
]
𝐑𝐓𝐟

𝐤 𝐨 ∙𝐂∙𝐞𝐱𝐩[

𝟏

= 𝐮 ∙ 𝐞𝐱𝐩 [𝛄 (𝟏 − 𝐯)]

[65]

Numerical solution to the above pair of differential equations were obtained using the
BVP4C package in the Matlab programing environment and employed to calculate
catalyst effectiveness and internal heat utilization. The former, defined as the net
volumetric rate of catalytic reaction normalized by the expected rate in the absence of
heat and mass transport limitations, may be obtained from derivative analysis of the
numerical solution as follows:

𝛈𝐜𝐚𝐭 =

∫𝐕 𝐫(𝐓,𝐂)𝐝𝐯
𝐫(𝐓𝐟 ,𝐂𝐟 ) ∫𝐕 𝐝𝐯

𝟏 𝐝𝐮

= 𝛟𝟐 𝐝𝐬

[66]

𝐬=𝟏

The internal heat utilization is defined as the net heat consumption by endothermic
reaction within the catalyst slab normalized by the rate of internal heat addition,

𝟏

𝛈𝐓 =

∫𝟎 𝛃𝛟𝟐 𝐟(𝐮,𝐯) 𝐝𝐬
𝐝𝐯
𝐝𝐬 𝐬=𝟎

=

𝐝𝐯
𝐝𝐯
−
𝐝𝐬 𝐬=𝟎 𝐝𝐬 𝐬=𝟏
𝐝𝐯
𝐝𝐬 𝐬=𝟎

[67]
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The above model allows identification of design conditions necessary for
complete local utilization of internally supplied heat (i.e. 𝜂𝑇 = 1) while achieving local
catalyst effectiveness in excess of unity (𝜂𝑐𝑎𝑡 ≥ 1). These design conditions in turn
enable identification of a suitable set of dimensional operating conditions for simulating
the performance of an industrial microreactor design previously reported by the authors
[112, 150].

4.1.2. Two Dimensional Analysis

A previously developed two-dimensional computational fluid dynamic (CFD)
model, implemented in COMSOL v4.2a and describing an annular microchannel reactor
(AMR) for the endothermic methane steam reforming of a 3.3:1 H2O:CH4 mixture at 11
bar and 750 ºC, is employed in the present study to predict overall and local heat
utilization and catalyst effectiveness over an appropriate span of axially-uniform film
thicknesses [136]. The AMR design consists of a 2.46 mm x 228.6 mm open ended inner
tube of wall-thickness 0.25 mm, suspended within a 3.82 mm x 247.65 mm closed-ended
outer tube of wall thickness 0.38 mm. The catalyst film is uniformly coated over the
inner surface of the outer-tube, such that the 0.3 mm-wide annular volume acts as a
catalytic-wall annular microreactor with internal heating of the catalyst provided by
external heating of the AMR by resistive heating, appropriate heat-transfer fluid or
thermally-balanced exothermic chemical reaction. For these simulations a 25.4 mm (1
inch) relaxation zone was added before and after the catalyst coating resulting in a
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catalyst coating of 177.8 mm long (7 inches) with the thickness being changed for each
case.
The CFD model employs a combination of laminar flow, (Navier-Stokes and
continuity of mass) heat conduction and convection, and Maxwell-Stefan convectionconduction physics with appropriate correlations for fluid density, viscosity, heat
capacity, thermal conductivity, and individual binary-pair diffusivities to describe the
gas or fluid phase. A combination of Darcy’s law (for convection in porous media), heat
convection-conduction and Maxwell-Stefan convection-conduction physics with
methane steam reforming and water-gas-shift kinetics from Xu and Froment [127]
describe the catalyst film. A catalyst temperature boundary condition imposed on the
outer wall of the microreactor (Figure 24) allows solution with an axially-varying rate of
heat addition necessary to satisfy the isothermal boundary condition, experimentally
provided through multi-stage resistive heating [136]. A complete description of
expressions, model of the methane steam reforming AMR, and its validation with
experimental data are provided elsewhere [112, 150].
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Figure 24. (a)Schematic of AMR configuration and (b) one dimensional porous catalyst
slab with boundary conditions.

Simulation results are employed to calculate local internal heat utilization and
catalyst effectiveness for comparison with expected local catalyst effectiveness assuming
an isothermal catalyst. Following Aris [151], inspection of the catalyst volume to surface
area ratio for the case of a thin catalyst washcoating on the inside of a cylindrical wall
indicates that for tc << r1, where tc is the thickness of the catalyst washcoating and r1 is
the inner radius of the washcoating, the appropriate shape normalization corresponds to a
Cartesian slab (i.e., n=1).
The actual local catalyst effectiveness is thus obtained from the interfacial (fluidcatalyst) mass flux and local Thiele modulus by the formula,

𝛈𝐜𝐚𝐭 =

𝟏

𝐝𝐮
𝟐

𝛟𝐨𝐛𝐬 𝐝𝐬 𝐬=𝟏

𝐂

𝐫(𝐂𝐟 ,𝐓𝐟 )

𝐳

, 𝐰𝐡𝐞𝐫𝐞 𝐮 = 𝐂 , 𝐬 = 𝐋 , 𝛟 = 𝐋√ 𝐂
𝐟

𝐟

𝐃𝐞𝐟𝐟

[68]

The overall thermal efficiency (Eq. 12) was calculated using the energy input at
the outer wall boundary via a surface integral of the total energy flux normal to heat
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transfer surface area and individual species inlet and outlet enthalpies (𝐇𝐢 ) multiplied by
their respective molar flow rates (𝐧̇ 𝐢 ). Individual species enthalpies were obtained from
the six-parameter Shomate equation with parameter values for each species obtained
from the NIST Chemistry Webbook.

𝐇𝐨𝐮𝐭

𝛈𝐓 = 𝟏 − 𝐇

𝐢𝐧 +𝐐𝐫𝐱𝐧

= 𝟏 − ∑ (𝐇
𝐢

∑𝐢(𝐇𝐢 𝐧̇ )𝐨𝐮𝐭

𝐢

[69]

𝐧̇ )𝐢𝐧 +∯(𝐪∙𝐧)𝐝𝐒

It may be readily shown that for an endothermic catalytic reaction with finite
internal diffusion resistance, assumption of an isothermal catalyst film always yields
higher catalyst effectiveness than when true heat effects are considered; thus we select as
an appropriate reference case an isothermal catalyst with finite internal mass transfer
resistance. The isothermal catalyst effectiveness is obtained using the shape and kineticsnormalized correlation [151],

𝐭𝐚𝐧𝐡[

𝛈𝐢𝐬𝐨 =
[

𝛟
√𝟐
𝟑

𝛟
√𝟐
𝟑

]

[70]

]
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4.2. Results and Discussion

4.2.1. 1-D Results

The one dimensional model was used to investigate the possible improvement in catalyst
effectiveness due to internal heating of the catalyst. Operating conditions for the AMR
system (discussed in a previous manuscript [136]) are used to obtain a baseline
parameter set [ϕ,β,χ,γ] for one-dimensional analysis (Table 10). In brief, feed
compositions correspond to a 3.3:1 molar supply of steam to methane, pre-heated to a
feed temperature of 750oC, in the absence of inert species while a variable heat duty
(achieved experimentally via multi-stage electrical heating) along the microchannel
length is employed to maintain a uniform wall temperature of 750oC. Flow through the
inner tube and tube cap have been accounted for including all heat transfer implications
due to heat transfer through the wall, using material properties for Kanthal. These values
provide a point of comparison between one-dimensional analysis and subsequent
simulations of the AMR system.
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Table 10. Parameter values for operating conditions present in AMR system for MSR
Parameter AMR values

Operating conditions

β

-0.22

T=1023 K

γ

28.2

P=11 atm

χ

>0

S/C=3.3

ϕ

0.76

Catalyst thickness= 30µm

Figure 25 presents internal heat utilization (ηT) and catalyst effectiveness (ηCat)
as a function of catalyst thickness (via varying ϕ) for the case of γ=28.2 and β=-0.22
with internal heating matched to the local catalyst heat duty (β=χ). Three critical values
of ϕ are identified from Figure 25, the first being a minimum value for ϕ above which
the local heat utilization is unity (ϕ**) and the second being a maximum value of ϕ below
which the catalyst effectiveness is greater than unity (ϕ*), and a third is the minimum
value of ϕ at which the catalyst effectiveness for the internal heating case becomes equal
to the isothermal case where above this value the internal heating case would be less
effective than the isothermal case (ϕ†).
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Figure 25. ηCat (dashed) and ηT(solid) vs. ϕ for γ=28.2 and β=χ=-0.22. Inset illustrates
the operating window corresponding to ϕ*=1.065 and ϕ**=0.91, wherein complete
internal heat utilization corresponds to greater-than-unity catalyst effectiveness. ϕ† is
labeled at ϕ=1.571 to show the intersection of ηCat and ηiso.

The range of values ϕ ϵ (ϕ**,ϕ*) thus represent a favorable design window in
which catalyst film thickness is sufficient to trap locally supplied heat such that complete
internal heat utilization may be achieved without loss in catalyst effectiveness arising
from internal diffusion and/or conduction resistance. Furthermore, values of ϕ below ϕ†,
inside or outside the ϕ ϵ (ϕ**,ϕ*) range, achieve greater catalyst utilization than expected
by conventional design.
The dependence of ϕ* and ϕ**, and thus the above described operating window,
upon γ, β and χ was investigated as follows. For the case of matched internal heating to
catalyst heat duty (χ=β), catalyst heat duty was varied from 0 to -0.3 at fixed
dimensionless activation energy (γ=28.2) and values for ϕ* and ϕ** were obtained at
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each parameter set (Figure 26). A minimum absolute value of β (β*=-0.105) is
identified, below which the aforementioned design window ϕ ϵ (ϕ**,ϕ*) does not exist
as ϕ** > ϕ* for β < β*. Likewise, varying dimensionless activation energy (γ) from 5-30
while maintaining matched values of β=χ=-0.22 (Figure 26b) identifies a minimum
activation energy (γ*=14.08) below which ϕ** > ϕ*, corresponding to the non-existence
of the design window ϕ ϵ (ϕ**,ϕ*). It is worth noting from Figure 3a,b that the
conventional design rule (ϕ = 0.4) also corresponds to greater-than-unity catalyst
efficiency, but at the cost of negligible local heat utilization internal to the catalyst slab;
this corresponds to a direct heating of the bulk fluid via internal heating of the catalyst
which results in non-trivial fluid-phase axial temperature profiles.

Lastly, varying

dimensionless internal heating parameter (χ) at fixed values for activation energy
(γ=28.23) and catalyst heat duty (β=-0.22) sufficient to ensure existence of the catalyst
design window ϕ ϵ (ϕ**,ϕ*), confirming the existence of this operating window for all
non-zero values of χ (Figure 26c). The effects of internal heating, χ, on β* can be seen
in Figure 26d, where β* was found for the cases of χ=β (solid), χ=-0.1 (dashed), and χ=0.2 (dot).
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Figure 26. Window of ϕ*>ϕ**, corresponding to enhanced effectiveness at complete
local heat utilization. ϕ*,ϕ**, and ϕ† as a function of (a) β, indicating minimum value (β*)
for existence of ϕ*>ϕ**, (b) γ, indicating the minimum value (γ*) for existence of ϕ*>ϕ**,
(c) χ, indicating all nonzero value of χ result in ϕ*>ϕ**; and β* as a function of γ.

Thus, the present parametric study indicates the existence of a loci in β-γ-χ space
delineating conditions wherein internally-heated catalyst designs may be realized with
complete local utilization of both catalyst and internally-supplied heat. This boundary
corresponding to the condition that ϕ*=ϕ** or (ηT=ηcat=1 at ϕ*=ϕ**) is presented in
Figure 26d for the cases of χ=β (solid), χ=-0.1 (dashed), and χ=-0.2 (dot).

Previous experimental and simulation reports of the industrial AMR system for
performing the endothermic methane steam reforming process employed a catalyst
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thickness of 30 microns, corresponding to a value of ϕ = 0.76 (as noted in Table 10).
The above analysis using dimensionless parameters corresponding to the operating
conditions employed for the industrial AMR suggest an optimal catalyst design window
of ϕ ϵ (0.91..1.065) or thicknesses of 34-40 microns based on reference conditions.
Moreover, an enhancement over conventional design can be seen when ϕ<1.571 or a
thickness up to 59 microns based on reference conditions. In the following section, a
previously developed and experimentally validated CFD model of the AMR system is
employed to investigate whether an improvement in overall catalyst effectiveness, and
thus overall reactor productivity may be achieved through implementation of the above
design rules.

4.2.2 2-D Results

Fourteen different catalyst thicknesses, ranging from 10 - 90 microns and
corresponding to 33% - 300% of the thickness previously reported for the AMR system
[112, 150] were investigated via CFD simulation. For each catalyst thickness, a flow rate
corresponding to 95% of equilibrium methane conversion was identified (Table 11 and
Figure 27) in order illustrate the impact of catalyst thickness upon overall reactor
productivity while providing a uniform basis for subsequent comparison of catalyst
performance as a function of thickness. An equilibrium conversion of 75.6% was
obtained via separate Gibb’s reactor calculations in Aspen Plus at the operating
conditions present in the AMR system (P = 11bar, T = 750 oC). Simulation results were
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analyzed to determine catalyst effectiveness predicted from classical theory, actual
catalyst effectiveness, and thermal efficiency as a function of axial position at each
catalyst thickness.

Table 11. Flowrate corresponding to 95% equilibrium methane conversion (64%
hydrogen yield) for each catalyst thickness

Thickness

Vin m/s

flowrate m3/s

10
15
20
25
30
35
40
45
50
55
60
70
80
90

2.17
3.12
3.98
4.74
5.41
6.00
6.50
6.94
7.30
7.61
7.85
8.20
8.38
8.46

6.60E-6
9.48E-6
1.21E-5
1.44E-5
1.64E-5
1.82E-5
1.98E-5
2.11E-5
2.22E-5
2.31E-5
2.38E-5
2.49E-5
2.55E-5
2.57E-5
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Hydrogen
outlet flowrate
(mol/s)
5.03E-4
7.25E-4
9.27E-4
1.11E-3
1.27E-3
1.41E-3
1.54E-3
1.64E-3
1.73E-3
1.81E-3
1.88E-3
1.97E-3
2.03E-3
2.07E-3

Figure 27. Reformer capacity corresponding to 95% of equilibrium methane conversion
as a function catalyst thickness. Dashed lines correspond to expected relationship
assuming unity catalyst efficiency (i.e., absence of mass transfer limitations) and
estimating catalyst efficiency via Eq. 1. (i.e., isothermal catalyst efficiency, or in absence
of internal heating effects).

Figure 27 shows that at catalyst film thicknesses greater than 15 microns ( >
0.4), internal mass transfer resistances begin to reduce the achievable reforming capacity
at the target methane conversion of 95% of equilibrium (corresponding to an overall H2
yield of 65%). However, when compared to the traditionally expected reduction in
reforming capacity (assuming overall effectiveness may be estimated using Eq.49, it is
seen that the presence of internal heat addition to the catalyst inner-boundary mitigates
these mass transfer resistances.
.
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Table 12. Results for two-dimensional simulations of the AMR system

Catalyst
Outlet
Thickness Temperature
[microns]
[K]
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10
15
20
25
30
35
40
45
50
55
60
70
80
90

1023
1023
1023
1023
1023
1023
1023
1022
1022
1022
1022
1022
1021
1021

Hin

Hout

Qrxn
[W]

-0.147
-0.212
-0.271
-0.325
-0.373
-0.414
-0.450
-0.481
-0.509
-0.531
-0.551
-0.579
-0.597
-0.605

-0.118
-0.170
-0.218
-0.260
-0.298
-0.331
-0.361
-0.386
-0.407
-0.426
-0.440
-0.465
-0.476
-0.484

-28.9
-41.7
-53.1
-63.3
-72.2
-80.2
-87.0
-92.8
-97.6
-101.6
-105.1
-109.9
-112.7
-113.4

Thermal
Efficiency

0.996
0.996
0.996
0.996
0.996
0.996
0.996
0.996
0.996
0.996
0.996
0.996
0.996
0.996

VolumeMaximum
Average
Local
Inlet Outlet
Relative
Relative
Thiele Thiele
Improvement Improvement
(%)
(%)
0.27
0.07
0.43
0.71
0.40
0.10
0.81
1.76
0.53
0.13
1.20
2.90
0.65
0.16
1.66
4.06
0.77
0.19
2.08
5.64
0.90
0.22
2.46
7.34
1.02
0.25
2.89
8.88
1.14
0.28
3.05
9.68
1.26
0.31
3.49
11.47
1.37
0.34
3.63
13.33
1.48
0.36
3.68
14.17
1.71
0.41
3.95
19.44
1.94
0.46
4.10
19.37
2.18
0.51
3.19
25.07

Table 12 presents CFD simulation results used to determine thermal efficiency
(Eq. 60), which indicates an overall thermal efficiency of approximately 99.6% is
maintained for all film thicknesses when flowrate is selected such that 95% of
equilibrium methane conversion is achieved. Table 12 also quantifies the reduction in
Thiele modulus from the reactant-rich inlet region of the reactor to that of the reactantpoor outlet; thus, local enhancements in catalyst effectiveness over the reference case of
an isothermal film are expected to occur primarily within the inlet region of the
microreactor. For this reason, volume-averaged relative improvements, which balance
significant local improvements near the reformer inlet against negligible improvements
or reduction in performance near the outlet, are also provided in Table 12. Results
indicate that there is a significant improvement in both volume-averaged relative
improvement and maximum local relative improvement in catalyst effectiveness, as
compared against an isothermal catalyst of identical thickness, for the case of an internal
heated catalyst.
Axial heat duty and gas-phase composition profiles for the case of a 90-micron
thick catalyst washcoating are presented in Figure 28a in terms of the dimensionless
Prater temperature, activation energy, local catalyst effectiveness and estimated
isothermal catalyst effectiveness under identical conditions. Figure 28b shows the three
critical values of Thiele modulus at the local conditions presented in Figure 28a and the
corresponding local Thiele modulus. Figure 28b shows that while the Thiele modulus is
outside of the ϕ*, ϕ** range, it is still lower than the critical value φ† (with the exception
of the first 10mm of the catalyst region), indicating that even outside of the ϕ*, ϕ**
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range internal heating allows for higher than classically predicted catalyst effectiveness.
At axial positions > 110mm, depletion of methane reactant is sufficient for the actual
catalyst effectiveness to drop below that of the ideal case, indicating that further
advances in performance may be achieved via appropriate step-profiling of catalyst film
thickness to maintain local ϕ within ϕ*, ϕ** range. This may be achieved via
optimization of a multi-step catalyst thickness profile corresponding to a single, target
reforming capacity, which will be the subject of subsequent study. A similar approach is
used by Pattison et al.[63], where the use of catalytically active and inactive zones are
optimized for both the methane steam reforming and the paired exothermic reaction of
combustion of methane [65].
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Figure 28. Ninety micron thickness properties vs. axial length (a) Local catalyst
effectiveness and local normalized variables (normalized by reference conditions: -0.22,
28.23 and -0.22 for β, γ and χ, respectively) (b) Thiele modulus comparison down axial
length

Catalyst deactivation is detrimental to reactor performance and in many cases
cause a domino effect of deactivation by sintering due to thermal interactions between
channels. However in the case of the AMR, each tube is thermally isolated, catalyst
deactivation in a single AMR tube would have little effect on operation of the other
tubes due to sufficiently high thermal conductivity media that exists between each tube.
Recently, the companies Velocys and Mourik have set out to solve the problem of
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replacing catalyst in microreactors [152]. They report using a technique of delamination
that dissolves adhesion of the film from the reactor walls. In the future, this technique
could be utilized to replace the catalyst.

4.3 Conclusions

The above analysis confirms that the use of unconventionally-thick catalyst
washcoatings in the endothermic reforming chambers of a heat-exchanger microreactor
is a viable and promising means to increase reforming capacity at a minimum reduction
in catalyst effectiveness. One-dimensional analysis identified design rules for
implementing sufficiently thick catalyst films such that accumulation of heat supplied at
the internal boundary of the catalyst film (i.e., catalyst-wall interface) is exploited to
maintain high rates of reaction throughout the catalyst film in the presence of moderate
diffusional resistances. CFD simulations of an industrial catalytic-wall micro-channel
reformer design for methane steam reforming, operated with variable axial heating rates
such that the catalyst-supporting wall remains isothermal at 750oC, confirm the validity
and promise of this approach to increase microchannel reformer capacity. Comparison of
local catalyst effectiveness against predicted isothermal effectiveness along the entire
axial length of an AMR with a 90-micron (ϕ= 2.18 at inlet) catalyst washcoating
operated at a flowrate corresponding to an outlet methane conversion of 95%
equilibrium value at 750oC confirm up to a 25.1% improvement in local catalyst
efficiency near the inlet, owing to the internal accumulation of supplied heat within the
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catalyst film itself. These conditions correspond to a volume-averaged 3.2%
improvement over isothermal case, indicating the potential to further improve overall
catalyst effectiveness via step-wise patterning of washcoating thickness over the length
of the microchannel.
Along with these potential improvements, it should be mentioned that the use of
a thicker catalyst film would be associated with additional capital costs and a reduction
in the flow channel area. However, the increase in production capacity per AMR tube
would reduce the number of parallel tubes, potentially saving more capital overall
depending on the consumer’s needs. Additionally, when using the 90 micron thickness
(32.3% of the annular area), the reduction in flow area is a 9 fold the reduction when
compared to the 10 micron case (3.7% of the annular area) and a 3 fold reduction in area
when compared to the 30 micron case (11.0% of the annular area), resulting in only a
mild increase in pressure across the reactor of 6% and 4%, respectively.
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5. COUPLED METHANE STEAM REFORMING AND COMBUSTION

In this section, modeling analysis of an individual AMR unit combining methane
steam reforming within the annular reaction zone and catalytic combustion of methane
on the outer AMR surface is presented. The uncoupled model provides an initial
estimate of required combustion flowrates to drive the MSR process at reduced
computational cost. Coupled (or simultaneous) modeling of both MSR and combustion
volumes provides accurate prediction of local temperature profiles and thus more precise
prediction of overall system performance. Two coupled models are reported; the first has
symmetric axial placement of combustion and reforming catalyst on either surface of the
AMR outer wall; the second has off-set combustion catalyst in an attempt to match the
steep and abrupt heat duty requirements of the first few axial inches of the steam
reforming volume, following techniques previously employed in analogous planar
reactors [139].

5.1 Model Description

Two-dimensional, steady-state models of the AMR were developed to identify a
heat-integrated AMR design for directly coupling endothermic methane reforming with
exothermic catalytic combustion of methane. Three specific modeling cases are
explored; (I) separate modeling of the reforming chamber and combustion chamber
assuming a shared isothermal dividing wall; (II) simulates modeling of the coupled
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reforming-combustion chambers with symmetric coating of combustion and reforming
catalyst, and (III) simulates modeling of the coupled reforming combustion chambers
with asymmetric coating of combustion and reforming catalyst where the combustion
catalyst is coated on the AMR tube tip. Model geometries for the three cases are
presented in Figure 29. All models were developed in the COMSOL Multiphysics v4.2a
platform. A detailed description of the steam reforming model is provided in section 2
and the combustion model is provided in section 3. The model description remains
identical for the three cases with the exception that homogeneous combustion of
methane (shown in section 5.1.2) is included for case II and case III and only minor
changes in model geometry. The operating window over which these models were
implemented over was previously determined by the authors [136]. The three cases are
compared using performance metrics such as overall thermal efficiency, hydrogen yield,
reforming methane conversion, and heat utilization.
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Figure 29. Geometries for 2-D COMSOL simulations with relevant boundary conditions
(a) Methane steam reforming with isothermal wall (b.c. 1), (b) Combustion of methane
with isothermal wall (b.c. 1), (c) case II- coupled reactor with symmetric catalyst
coatings and (d) case III- coupled reactor with asymmetric catalyst coatings. Table 13
details subdomain and boundary condition information.
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Table 13. Subdomain and boundary condition details corresponding to Figure 29.

Subdomain

Associated Volume

I
II
III
IV
V
Boundary Condition

Fluid volume for methane steam reforming
AMR wall volume
Methane steam reforming catalyst volume
Catalytic combustion of methane catalyst volume
Fluid volume for combustion
Steam Reforming
Combustion
Constant temperature
Constant temperature
(T=1023.15 K). No slip, no (T=1023.15 K). No slip,
mass flux.
no mass flux.
Constant inlet mole
Constant inlet mole
fractions of 0.76438,
fractions of 0.19, 0.08,
0.23163, 0.001, 0.001,
1e-20 and 1e-20 for O2,
0.001 for H2O, CH4, CO,
CH4, H2O, CO2,
CO2, and H2, respectively, respectively, with balance
with balance N2; constant
nitrogen; constant
temperature (T=1023.15 K)
temperature (T=623.15
and constant uniform
K) and constant uniform
velocity.
velocity.
Open boundary, constant
Open boundary, constant
pressure (P= 11 atm).
pressure (P=1 atm).
Symmetry

b.c. 1

b.c. 2

b.c. 3
b.c. 4

For case I, the reforming and combustion volumes are modeled separately,
assuming an isothermal boundary condition of 1023.15 K at the shared outer AMR wall.
Stand-alone simulation of each volume allows for rapid investigation of the efficacy of
pairing methane steam reforming with combustion of methane in the AMR geometry.
Cases II and III pair these separate volumes in a single model by removing the
isothermal dividing-wall boundary condition, thus accounting for heat conduction across
the shared outer AMR tube wall. Case II employs symmetric patterning of both
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reforming and combustion catalyst on either side of the outer AMR tube wall. Case III
introduces combustion catalyst to the tip of the AMR tube, off-setting the combustion
reaction zone from the beginning of the steam reforming reaction zone, in an attempt to
balance the significant endotherm at the reforming zone inlet.
In previous, models detailed in sections 2 and 3 the wall separating the annular
AMR volume from external combustion volume were assumed to be infinitely thermally
conductive. However in this section for cases 2 and 3 they were included with the same
physics as the wall separating the inlet from the annular volume. The heat transfer for
the wall is included this section to reiterate the equation used and the wall material
properties.

5.1.1 Reactor Wall (Solid-Phase) Expressions

Conductive heat transport within the outer and inner AMR walls (separating inlet
from annular volumes of the AMR, and annular AMR volume from external combustion
volume, respectively) are modeled using Eq. 71, below.

𝟎 = 𝛁 ∙ (𝐤 𝐰𝐚𝐥𝐥 𝛁𝐓)

[71]

Constant temperature values for solid phase heat capacity, density, and thermal
conductivity of 0.71 kJ kg-1 K-1, 7100 kg m-3, and 22 W m-1 K-1 , respectively, were
provided by the supplier, AB Sandvik, for use in the model.
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5.1.2 Homogenous Combustion of Methane

A one-step simplified reaction mechanism is used to describe homogenous
combustion of methane (HCM) (Eq. 72). This mechanism is validated in the literature
72under a range of fuel-lean to fuel-rich conditions and reactor pressures (1 to 25 atm)
[153]. Current simulated conditions fall between these limits (P ≥ 1 atm and 14% excess
air). Homogenous combustion is not included in the case I combustion model (Figure
29b) as that model served solely as a proof-of-concept study.

−𝐄

𝐤𝐜𝐚𝐥

−𝟎.𝟑 𝟏.𝟑
𝐑 𝐇𝐂𝐌 = 𝟖. 𝟑𝐞𝟓 ∗ 𝐞𝐱𝐩 ( 𝐑𝐓𝐀) ∗ 𝐂𝐂𝐇
𝐂𝐂𝐎𝟐 , 𝐄𝐀 = 𝟑𝟎 𝐦𝐨𝐥
𝟒

[72]

5.1.3 Numerical Methods

The models described above were implemented using the commercial software
COMSOL Multiphysics v4.2a equipped with the chemical engineering module. The
fluid phase and catalyst phase domains were modeled using the free and porous media,
heat transfer in fluids and transport of concentrated species physics packages. The
tubing domain was modeled using heat transfer in fluids physics package. The model
was solved using 2D geometries as summarized in Figure 2, applied to radial symmetry
space. For case I, the finite-element meshes employed consisted of ~2.6 x 105 and 6.2 x
105 individual elements which corresponded to ~1.3 x 106 and 2.5 x 106 degrees of
freedom for MSR and CM models, respectively. For case II and III, fully coupled
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models, the finite-element meshes consisted of ~4.1 x 105 individual elements which
corresponded to ~5.4 x 106 degrees of freedom. The error associated with numerical
solutions was calculated from individual atomic mass balances and was found to be <1%
for all reactive species (C, O, H) and <5% for the inert balance species (N2), so uniform
error bars of 1% will be used in the figures contained in the results section. Solutions
were obtained using the Direct MUMPS (MUltifrontal Massively Parallel sparse direct
Solver) solver, which is a multifrontal gaussian elimination method algorithm
recommended for sparse matrixes[129]. All solutions were performed on a Dell
PowerEdge R820 with eight (8) Intel Xeon CPU E5-4650 at 2.7 GHz and equipped with
256 GB of RAM. The typical solution times for both systems ranged from 400-8000 s.

5.2 Analysis of Simulation Results

Results of each simulation were analyzed by integrating individual species mass
fluxes at the inlet and the outlet of the AMR and the heat flux into the catalyst film from
the underlying support wall. Case I, the separate model geometries (Figure 29 a and b),
was used to predict the performance of the AMR system, and prove the efficacy of
pairing methane steam reforming with catalytic combustion of methane in the AMR
configuration. Case I results were analyzed by pairing steam reforming capacities with
matching combustion capacities via matching of overall heat duties across the dividing
wall calculated using a surface integral of the total energy flux over the boundary
marked by b.c. 1 (Figure 29 a and b). Cases II and III, (Figure 29c and d) combustion
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capacities were chosen such that the outlet methane conversion of the steam reforming
volume matched values obtained under identical reforming flowrates from case I. Molar
outflows of each species were calculated from individual species’ molar fluxes
integrated across the outlet surface. Hydrogen yield was calculated based on the
theoretical yield of hydrogen produced from the methane supplied (Eq. 73). Heat
utilization (Eq. 74) was calculated by dividing the heat flux through the AMR wall
separating reforming and combustion volumes by the maximum possible heat duty
produced by the combustion volume at that flow rate. Thermal efficiency (Eq. 75) was
defined as the outlet molar flowrate of hydrogen divided by the total inlet methane (both
combustion and reforming) multiplied by their respective lower heating values.

𝟏 𝐅𝐇𝟐 ,𝐞

𝐘𝐇𝟐 = 𝟒 𝐅

𝐂𝐇𝟒 ,𝐢

𝐱 𝟏𝟎𝟎%

[73]
∯(𝐪∙𝐧)𝐝𝐬
𝐂𝐇𝟒 ,𝐢𝐂𝐌 ∗𝚫𝐇𝐂𝐌

𝐇𝐞𝐚𝐭 𝐔𝐭𝐢𝐥𝐢𝐳𝐚𝐭𝐢𝐨𝐧𝐜𝐨𝐦𝐛𝐮𝐬𝐭𝐢𝐨𝐧 = 𝐅
𝛈𝐓 = (𝐅

𝐅𝐇𝟐 ,𝐞𝐌𝐒𝐑 ∗𝐋𝐇𝐕𝐇𝟐

𝐂𝐇𝟒 ,𝐢𝐌𝐒𝐑 +𝐅𝐂𝐇𝟒 ,𝐢𝐂𝐌 )∗𝐋𝐇𝐕𝐂𝐇𝟒

𝐱 𝟏𝟎𝟎%

[74]
[75]

5.3 Results and Discussion

Three cases were investigated: (I) separate MSR and CM volumes were modeled
assuming a constant operating temperature boundary condition at the separating wall (II)
symmetrically coupled MSR and CM volumes including a finite-thermal conductivity
wall and (III) an asymmetrically coupled MSR and CM volumes. Five different
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reforming capacities are investigated for each case. In all three cases, the five predefined
steam reforming capacities (0.25, 0.33, 0.50, 0.75 and 1.00 SLPM CH4, dry basis) were
simulated, with combustion capacity varied to match heat duties of the two separate
models (case I), or the overall methane conversion predicted by the MSR model in case I
(case II,III). Figure 30 summarizes the predicted hydrogen yield, heat utilization,
required combustion flowrate and overall thermal efficiency for all three cases. Case 1
overpredicts combustion methane flow, which results in under prediction of heat
utilization and thermal efficiency. This is owing to the simplifying assumption of an
isothermal outer AMR wall that enables separate modeling of CM and MSR volumes.
While overall heat duties are matched for case I, local differences in axial heat profiles
are substantial. These heat duties were employed in a single 1-D conduction model (Eq.
76) of the outer AMR wall which predicted a local temperature deviation in excess of
500 K, in the absence of direct interaction between endothermic and exothermic
reactions.

𝛅𝟐 𝐓

𝟎 = −𝐤 𝐰𝐚𝐥𝐥 𝛅𝐭 𝟐 + 𝐚̂(𝐪+ + 𝐪− ) ∙ 𝐧

[76]

Additional analysis was conducted on the simulation results from cases II and III,
concentrating on the temperature profiles across the outer AMR wall and supported
reforming catalyst. The temperature profiles are compared in Figure 31a and
temperature surface maps of a portion of the reactor are shown in Figure 31b and c for
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case II and III, respectively.

Furthermore, three critical temperature values and

corresponding positions are summarized in Table 14.

Figure 30. Simulation results for all three cases. (a) Hydrogen yield, (b) overall thermal
efficiency, (c) heat utilization, (d) combustion methane capacity.
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Table 14. Critical Temperature and Positions for Cases II and III.

Thigh
Tlow
X(T=1023K)

Thigh
Tlow
X(T=1023K)

Thigh
Tlow
X(T=1023K)

Thigh
Tlow
X(T=1023K)

Thigh
Tlow
X(T=1023K)

Case II
0.25 SLPM CH4
1164.80
1023.14
1023.15
Case II
0.33 SLPM CH4
1169.72
1023.08
1023.15
Case II
0.50 SLPM CH4
1173.62
1022.21
1023.15
Case II
0.75 SLPM CH4
1167.50
1017.56
1023.15
Case II
1.00 SLPM CH4
1160.35
1007.93
1023.15

Axial Position
X, mm
0
254
253
Axial Position
X, mm
0
254
221
Axial Position
X, mm
0
245
152
Axial Position
X, mm
0
180
108
Axial Position
X, mm
6
192
111
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Case III
0.25 SLPM CH4
1271.67
1023.07
1023.15
Case III
0.33 SLPM CH4
1281.83
1022.84
1023.15
Case III
0.50 SLPM CH4
1286.73
1022.26
1023.15
Case III
0.75 SLPM CH4
1281.00
1017.54
1023.15
Case III
1.00 SLPM CH4
1267.70
1009.11
1023.15

Axial Position
X, mm
0
254
232
Axial Position
X, mm
0
254
223
Axial Position
X, mm
0
234
126
Axial Position
X, mm
0
181
109
Axial Position
X, mm
0
202
109

Figure 31. (a) Temperature profiles for cases II and III at MSR catalyst-fluid boundary
for first 50 mm axially down the reactor for 0.25 SLPM CH4 AMR flowrate, (b)
temperature surface map of the AMR tube tip for case II, (c) temperature surface map of
the AMR tube tip for case III.

Table 14 summarizes the critical temperatures and positions down the outer
boundary of the reforming catalyst layer. The maximum temperature is important for
considering catalyst stability and lifetime; in Case III this maximum temperature
approaches 1300 K, which is ~70% of the melting point for the alumina catalyst support.
In comparison, Case II maximum temperatures are consistently ~110K less than Case
III. Thus, symmetric patterning of combustion and reforming zones is favorable for
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minimizing catalyst degradation arising from local hot-spot formation. In contrast, Case
II and Case III result in similar values for local minimum wall temperature, occurring at
the reactor outlet. Figure 31a presents a comparison of axial wall temperature profiles
between Case II and Case III at a reforming flowrate of 0.25 SLPM CH4. For Case III,
wall temperatures are >100K greater than the corresponding Case II at and near the
reactor inlet zone; this difference in wall temperature between the two catalyst
configurations becomes negligible by the 50mm mark (~20% of total reactor length).
Complete thermal maps of the AMR corresponding to the Case II and Case III wall
profiles presented in Figure 31a are presented in Figure 31b and c. The spike in wall
temperature at the inlet for Case III arises owing to the offsetting of combustion catalyst,
which allows combustion to generate heat upstream of the reforming endotherm.
However, as shown in Figure 30, off-setting of the combustion catalyst does not result
in any significant improvement in overall hydrogen yield or thermal efficiency, despite
~110K increase in local hot-spot magnitude.

5.4 Conclusions

Computational fluid-dynamic modeling of a thermally-integrated annular
microreactor (AMR) coupling endothermic methane steam reforming and catalytic
combustion of methane in separate process volumes, separated by a common wall (outer
AMR tube wall) was investigated for three unique cases. The first case study assumed a
uniform, isothermal outer AMR wall boundary, such that reforming and combustion
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volumes may be modeled separately at minimum computational cost. Conduction
analysis of the dividing wall using resulting axial heat duty profiles suggested deviations
in wall temperature of >500oC even at a thermal conductivity of 100 W/m/K;
nevertheless, this first case study demonstrated a means for rapidly estimating thermal
efficiency and required combustion flowrates to drive a target methane steam reforming
capacity. Cases II and III simultaneously modeled both process volumes in tandem with
solid-phase axial and radial heat conduction within the separating wall, assuming
symmetric application of reforming and combustion coatings (case II) and off-set
combustion coating (case III). Both case II and III predict significant hot-spot formation
at the AMR inlet; the latter case results in >100K increase in hot spot magnitude, as
compared to case II. However, this increase in hot-spot magnitude did not result in any
substantial improvement in hydrogen yield or overall thermal efficiency. Thus,
symmetric pairing of combustion and reforming catalytic zones is recommended for
minimizing hot-spot magnitude and thus potential catalyst degradation.
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5.5. Additional Hot-Spot Mitigation via Coating Inner Wall of AMR

In the previous chapter, simulations of coupled methane steam reforming and
catalytic combustion of methane predicted significant exotherms at the inlet to the
reforming zone for the asymmetrical AMR design (case III). This asymmetric design
was implemented in an attempts to meet the abrupt heat duty required by the inlet of the
steam reforming reaction zone. In at least one simulated case, hotspot temperature near
the AMR tip approached 70% of the catalyst support’s melting point of 1400 K, which
raises significant concerns regarding long-term catalyst stability. In this chapter,
simulations are used to investigate hot-spot mitigation via inclusion of addition
reforming catalyst within the AMR. Specifically, the addition of reforming catalyst to
the outer wall of the inner AMR tube is explored as a means of countering this entrancezone exotherm (Figure 32). This catalyst addition servers as a reactive heat sink that not
only reduces temperature in this region but takes advantage of the excess energy in the
fluid to increase the overall performance of the reactor. The model for this study is
identical to the model used for case III and the additional catalyst volume follows the
same modeling used for the other reforming catalyst present.

5.5.1 Model Description

In this study, three different catalyst thicknesses and lengths are investigated in
order to determine the best use of catalyst volume. The thicknesses include 30, 45, and
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60 microns and the lengths include 10, 20 and 30 millimeters. Table 15 shows the
different resulting volume addition for the length and thickness combinations.

Figure 32. Schematic with dimensions, subdomains and boundary conditions marked.
Table 13 includes the description of the boundary conditions and subdomains.

Table 15. Volume addition of different thickness and length combinations with
percentage volume increases.
Thickness
(µm)/ Length
(mm)
10
20
30

30

45

60

2.34 mm3 (3.2%)
4.69 mm3 (6.5%)
7.03 mm3 (9.7%)

3.54 mm3 (4.9%)
7.07 mm3 (9.8%)
10.6 mm3 (14.6%)

4.74 mm3 (6.5%)
9.49 mm3 (13.1%)
14.2 mm3 (19.6%)

The original volume of catalyst is 72.4 mm3, so even the largest volume addition
of 14.2 mm3 only results in less than a 20 % volume increase. The range of flowrates
investigated for this study were 0.25, 0.5. 0.75, and 1.0 SLPM CH4 AMR flow but with
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combustion methane flows similar to the previous results shown for case III. To further
depict the hotspot issue present in case III, Figure 33 illustrates the maximum
temperature at the reforming catalyst-wall boundary and the outer wall of the inner AMR
tube (where the catalyst addition occurs in this study) for the range of flowrates studied
for case III.

Figure 33. Maximum temperature present at reforming volume annulus wall boundaries
for 0.25 to 1 SLPM CH4 for case III.

The maximum temperature peaks at 0.5 SLPM CH4 AMR flow rate for the outer
wall and at 0.333 SLPM CH4. However, for all flowrates the temperature is over 100
degrees higher than the ideal operating temperature of 1023.15 K at both wall
boundaries. These temperature values will be revisited in the results section in order to
highlight the difference that the catalyst additions made to the maximum temperatures.
111

In addition to the value of the maximum temperatures the location of occurrence is
investigated.

5.5.2 Results

The study was conducted over multiple flow rates however all thicknesses and
length combinations were not completed for all flowrates. The only flowrate that
contains all thickness/length combinations is the lowest flowrate of 0.25 SLPM CH4
AMR flow. Table 16 shows the thickness/length combinations completed for each AMR
flowrate and the corresponding hydrogen production and methane conversion for the
reforming volume.
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Table 16. List of simulations completed with corresponding inlet methane flows, outlet
hydrogen flow and methane conversion for the reforming volume.

Width
(microns)

Length
(mm)

None
30
45
60
30
45
60
30
45
60
none
30
45
60
30
30
None
30
None
30

none
10
10
10
20
20
20
30
30
30
none
10
10
10
20
30
none
10
none
10

AMR flow
SLPM CH4,
dry basis
0.25
0.25
0.25
0.25
0.25
0.25
0.25
0.25
0.25
0.25
0.50
0.50
0.50
0.50
0.50
0.50
0.75
0.75
1.00
1.00

CH4,in
(CM),
mol/s
3.65E-05
3.65E-05
3.65E-05
3.65E-05
3.65E-05
3.65E-05
3.65E-05
3.65E-05
3.65E-05
3.65E-05
7.25E-05
7.25E-05
7.25E-05
7.25E-05
7.25E-05
7.25E-05
1.06E-04
1.06E-04
1.36E-04
1.36E-04
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CH4,in
(MSR),
mol/s
1.86E-04
1.86E-04
1.86E-04
1.86E-04
1.85E-04
1.87E-04
1.86E-04
1.85E-04
1.89E-04
1.86E-04
3.74E-04
3.74E-04
3.74E-04
3.74E-04
3.74E-04
3.74E-04
5.63E-04
5.64E-04
7.58E-04
7.58E-04

H2,out
(MSR),
mol/s
4.97E-04
4.97E-04
5.02E-04
5.02E-04
4.99E-04
5.03E-04
5.01E-04
4.99E-04
5.05E-04
5.01E-04
9.98E-04
1.00E-03
1.00E-03
1.00E-03
1.00E-03
9.98E-04
1.48E-03
1.48E-03
1.94E-03
1.94E-03

CH4
conversion
(MSR)
0.759
0.760
0.767
0.768
0.765
0.765
0.767
0.765
0.760
0.766
0.757
0.761
0.760
0.760
0.761
0.758
0.744
0.741
0.719
0.719

Table 17. Performance metrics and critical temperatures/positions.

Width
Length
(microns) (mm)
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None
30
45
60
30
45
60
30
45
60
none
30
45
60
30
30
none
30
None
30

none
10
10
10
20
20
20
30
30
30
none
10
10
10
20
30
none
10
none
10

AMR flow
SLPM
CH4,
dry basis
0.25
0.25
0.25
0.25
0.25
0.25
0.25
0.25
0.25
0.25
0.50
0.50
0.50
0.50
0.50
0.50
0.75
0.75
1.00
1.00

Overall
Thermal
Efficiency

H2 Yield

Heat
Utilization

0.671
0.671
0.677
0.677
0.675
0.676
0.677
0.676
0.673
0.675
0.671
0.674
0.674
0.673
0.674
0.671
0.665
0.663
0.650
0.650

0.669
0.669
0.675
0.675
0.673
0.673
0.674
0.674
0.669
0.673
0.667
0.670
0.670
0.670
0.670
0.668
0.658
0.656
0.639
0.639

0.784
0.783
0.744
0.780
0.780
0.775
0.789
0.785
0.789
0.789
0.820
0.827
0.829
0.831
0.827
0.821
0.843
0.848
0.855
0.860

z*
outer
wall,
mm
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0

T*
outer
wall,
K
1310
1255
1244
1234
1248
1234
1229
1248
1234
1228
1330
1286
1277
1269
1275
1268
1326
1292
1314
1290

z*
inner
wall,
mm
1.43
12.8
13.7
14.5
8.34
23.9
25.1
8.22
36.9
38.3
4.00
17.2
18.2
19.0
25.2
34.3
6.65
21.3
9.58
25.3

T*
inner
wall,
K
1177
1065
1058
1054
1041
1033
1033
1040
1025
1029
1175
1096
1090
1087
1066
1045
1162
1103
1147
1102

An increase in methane conversion can be seen for all thickness/length
combinations over the results for case III for all flowrates even if the difference is
negligible and not seen in Table 16 due to significant digits. The performance metrics of
hydrogen yield (Eq. 62), overall thermal efficiency (Eq. 63), and combustion heat
utilization (Eq 64) are shown in Table 17. Additionally, the critical positions, z*, at
which the maximum temperatures at annular wall boundaries occur are shown in Table
17.
The critical positions for the outer annulus wall boundary all occurred at the 0
mm position at the beginning of the reforming catalyst zone (the first data point
included). However, the position of the maximum temperature on the inner annulus wall
boundary varied and showed a trend of increasing when compared to the uncoated case
III results for each flowrate. More data points would be needed to confirm a definitive
correlation with ascending position with increased catalyst volume. The maximum
temperatures shown in Table 17 are illustrated in a graphical format in Figure 34 for the
0.25 SLPM CH4 AMR flow data. Additionally, hydrogen yield, overall thermal
efficiency, and heat utilization for the 0.25 SLPM CH4 AMR flow data is shown in
Figure 35.
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Figure 34. Maximum temperature at annular boundaries for 0.25 SLPM CH4 AMR
flowrate. (a) Outer annulus wall maximum temperature for all thickness/length
combinations. (b) Inner annulus wall maximum temperature for all thickness/length
combinations. The uncoated results (case III) are shown on the y-axis (0, y) at the
corresponding temperature.
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Figure 35. Performance metrics for 0.25 SLPM CH4 AMR flow for all thickness/length
combinations. (a) Overall thermal efficiency, (b) Hydrogen yield, (c) heat utilization.
The uncoated results (case III) are shown on the y-axis (0, y) at the corresponding metric
result.

As seen in Figure 35, the maximum temperature for inner wall is reduced by up
to 148 K and by up to 82 K for the outer wall both occurring for the 60 micron/ 30 mm
addition. However, any additional coating reduced the temperature at both boundaries
significantly. Although there is some temperature reduction with increasing thickness at
each length the bulk of the reduction is had by the 30 micron thickness. The same is to
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be said about the addition of catalyst length because most of the reduction is seen with
the 10mm catalyst length. However, a side effect not depicted by the maximum
temperatures are the low temperature seen in the reactor which in some cases drops
below the ideal operating temperature of 1023.15 K for a short axial distance. The
minimum temperature drops as catalyst addition increase, which is to be expected. When
considering the three performance metrics, there are no clear trends seen among the
groupings provided. However a trend may exist with more data points or for additional
flow rates where methane conversion is further away from equilibrium.

Without

concern for trends, overall thermal efficiency and hydrogen yield are equal to or
increased for all catalyst addition combinations when compared to the uncoated case
(case III). Conversely, heat utilization is less for all thicknesses in the 10 and 20 mm
length cases when compared to the uncoated case, but for all thicknesses in the 30 mm
length had a higher heat utilization. This heat utilization increase is most probably due to
the drastic drop in overall temperature surrounding the catalyst addition allowing for
higher heat flux rates to occur in this area from the combustion volume.

5.5.3 Conclusions

The addition of catalyst to the inner wall of the annulus boundary are
investigated including nine catalyst thickness and length combinations. Multiple flow
rates are tested and compared to their uncoated equivalents (case III) on the basis of
maximum temperature at annular boundaries (including positions at which these
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maximums occur), hydrogen yield, overall thermal efficiency, and heat utilization.
Overall the addition of catalyst to this inner annular boundary in any of the combinations
tested resulted in far more stable operation. The maximum temperatures in the annular
region can be decreased by more than 40 degrees for the smallest catalyst addition and
up to over 80 degrees for the largest catalyst addition (for 0.25 SLPM CH4 flow).
Overall thermal efficiency and hydrogen yields are greater than or equal to the uncoated
case for all combinations and most heat unitizations are less than the uncoated case
except for the 30 mm length combinations which are great or equal to for the 0.25 SLPM
CH4 AMR flow data. Additionally for the 0.25 SLPM CH4 AMR flow data, the methane
conversion is higher for the reforming reaction for all catalyst addition cases. In
conclusion for the 0.25 SLPM CH4 AMR flowrate, catalyst addition mitigates the
hotspot with little to no detriment to the performance metrics considered and
considerably increases the catalyst stability. The other flow rates are investigated as
thoroughly, restricting the conclusions that can be made without heavy speculation.
Further data points would need to be collected for further trends and conclusions to be
determined.
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6. CONCLUSIONS

The overall goal was to produce an AMR geometry that coupled methane steam
reforming and catalytic combustion of methane to produce hydrogen and/or synthesis
gas efficiently and with higher power densities than the planar competitors. In Section 2,
a CFD model was developed and experimentally verified, providing a computational
tool for exploring the AMR design in later sections. This design was used to determine a
nominal operating window bounded by 75% of maximum theoretical hydrogen yield at
the operating temperature of 1023.15 K. Once this nominal operating window was
established the axial heat duty profiles were extracted from the simulation results to use
in subsequent modeling work. These heat duty profiles would need to be matched
exactly in order to maintain isothermal operation.
The goal for Section 3 was to match the AMR heat duty profiles using catalytic
combustion of methane. After testing many methane capacities it was determined that
the heat duty profiles produced would not matched the shape of the AMR heat duty
profiles, so overall heat duty was chosen as the new metric for successful matching.
Once the corresponding methane capacities were established, the heat duty profiles were
compared. Despite mismatch between the two profile sets, it was concluded that
catalytic combustion of methane was a viable option in powering the AMR, however,
with the understanding that temperature deviations would occur.
The goal of Section 4 was to identify if an unconventional catalyst design space
exists that allows for a thicker catalyst coating to be used to trap heat in turn raising
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thermal efficiency with minimal loses in catalyst efficiency. In spite of going against
rules of thumb when concerning catalyst efficiency, taking advantage of the already high
thermal efficiency of the AMR’s micro-scale design could allow for a strategic tradeoff
between costs of catalyst addition and increased reforming capacity. A 1-D study was
conducted using parameters associated with the current operating conditions of the
AMR. This 1-D study showed the potential for increasing the catalyst thickness, while
also increasing thermal efficiency. This design space was then investigated in the 2-D
space using the AMR model to corroborate the 1-D results. The results show that the
ideal catalyst thickness is around twice the current catalyst coating thickness and that
even as much as a three-fold increase in thickness would result in increased capacity
with an acceptable loss in catalyst effectiveness.
The goal of Section 5 was to prove that actual results from pairing the models
from Sections 2 and 3 were similar to the separated model results, further proving the
efficacy of this design. The first objective for this section was to prove that the
temperature deviations produced from this combined modeling would be less drastic
than predicted by comparing the axial heat duty profiles because the models in Sections
2 and 3 do not account for the dividing wall between the two volumes. Therefore, these
models do not account for the actual thermal conductivity present within the wall with a
finite thermal conductivity. Another objective was to show that an asymmetric catalyst
design could meet the abrupt, initial heat duty needs of the steam reforming reaction,
which accounts for the highest mismatch in combustion and steam reforming heat duties.
Overall, the inclusion of the dividing wall does lessen the temperature deviations axially
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and shows that the predicted methane capacity needed for combustion was an over
prediction. This over prediction lead to the under predicting of metrics including overall
thermal efficiency and combustion heat utilization. Additionally the temperature
deviations resulted in higher hydrogen yields than expected due to the shifting of
equilibrium in those areas. The asymmetric design was able to over compensate for the
needed heat flux in the first few mm of the reforming reaction zone resulting in hotspot
formation. This hotspot formation was a catalyst stability concern and is investigated in
Section 5.5.
The goal for Section 5.5 was to mitigate the hotspots produced earlier in Section
5 by the addition of reforming catalyst to the inner tube of the AMR. The objective was
to show that catalyst addition to the inner tube of the AMR would maintain the
performance of the asymmetrical design, proposed in Section 5.1, while reducing the
magnitude and size of the hotspot produced subsequently increasing catalyst stability.
This was done by introducing nine different catalyst thickness and length combinations
to the outer wall of the inner tube of the AMR. The results showed that the temperature
in the hotspot region could be reduced back to a reasonably stable temperature, while
increasing reactor performance. Overall the catalyst addition in any of the variations
tested decreased the hotspot and increased the reactor performance suggesting that
catalyst addition is a way to mitigate the hotspots produced and increase catalyst
stability.
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NOMENCLATURE

𝐴𝑖 = Shomate parameter A of species i
𝑎 = actual center to center tube spacing [mm]
𝐵𝑖 = Shomate parameter B of species i
𝐶 = local concentration [g m-3]
𝐶𝑖 = Shomate parameter C of species i
𝐶𝑝,𝑖 = heat capacity of species i [J mol-1 K-1]
𝐶𝑝,𝑚𝑖𝑥 = average heat capacity of mixture [J mol-1 K-1]
𝐶𝑝,𝑐𝑎𝑡 = effective heat capacity within the porous catalyst [J mol-1 K-1]
𝐷𝑖 = Shomate parameter D of species i
𝑒𝑓𝑓

𝐷𝑖,𝑗 =Effective Fick's diffusivity of solute i in solvent j inside the catalyst, m2 s-1
𝐷𝑖,𝑗 = Fick’s diffusivity of solute i in solvent j, m2 s-1
𝑑𝑝 = nominal pore diameter of catalyst layer, m
𝐸𝐴,𝑗 = Activation energy of reaction j, J mol-1
𝐸𝑎,𝑗 = Activation energy of reaction j, J mol-1
𝐸𝑖 = Shomate parameter E of species i
𝐹 𝑖 = molar flowrate of species i, mol s-1
𝐺 = molar Gibbs free energy [J.mol-1]
ℎ = height of AMR tube [mm]
𝐈= Identity matrix, dimensionless
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𝑘𝑚𝑖𝑥 = thermal conductivity of the mixture [W m-1 K-1]
𝑘𝑖 = thermal conductivity of species i [W m-1 K-1]
𝑘𝑐𝑎𝑡 = effective thermal conductivity of species i inside the catalyst [W m-1 K-1]
𝐾𝑒,𝑗 = reaction equilibrium coefficient, jth reaction
𝐾𝑗 = individual species adsorption coefficients [bar-1]
𝑘𝑗 = individual reaction rate coefficients, jth reaction [mol bar0.5 m-3 cat s-1]
𝑘𝑘 = Arrhenius rate coefficients, kth reaction
𝐿𝑐 = estimated center to center tube spacing [mm]
𝑀𝑖 = Molecular weight of species i, g mol-1
𝒏 = vector normal to the surface
𝑵𝑖 = individual species flux [mol m-2 s-1]
𝑃= absolute pressure, Pa
𝑝𝑖 = partial pressure of species i, Pa
𝑞 = total heat flow [W]
𝑞′ = line integral of radial heat flux [W m-1]
𝑅= ideal gas constant [ =8.314 J mol-1 K-1 or m3 Pa mol-1 K-1]
𝑅𝑖 =catalytic reaction rate of reaction i [mol.s-1.m3 catalyst]
𝑟 = outer radius of AMR tube [mm]
𝑠 = sticking coefficient, dimensionless
𝑇= Temperature, Kelvin
𝑇 ∗ =Lennard-Jones corrected temperature, dimensionless
𝑡=Temperature used in Shomate equations (T/1000), [K]
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𝐮= velocity vector, [m s-1]
𝑉𝑖𝑛 = uniform inlet velocity [m s-1]
𝑥𝑖 = mole fraction of species i, dimensionless
𝑌𝑖 = yield of species i, dimensionless
[𝑖]=concentration of species i, [mol/m3]
Symbol
𝛽= Temperature exponent, dimensionless
𝛽= Prater number, dimensionless
Γ= number of catalytic metal sites [cm-2]
𝛾= activation energy, dimensionless
𝜖p = porosity of catalyst layer, dimensionless
𝜂𝑇 = Thermal effectiveness, dimensionless
𝜂𝐶 = Catalyst Effectiveness Factor, dimensionless
𝜃𝑜 =Oxygen Surface Coverage, dimensionless
𝜅 = Permeability of catalyst layer, m2
𝜌 = density, kg m-3
𝜏= tortuosity of catalyst pores, dimensionless
𝜙= Thiele modulus, dimensionless
𝜔𝑖 = mass fraction of species i, dimensionless
ν𝑖 = molecular diffusion volume of species i, dimensionless
ϕi,j = binary pair mixture coefficient, from Wilke’s mixing rule, dimensionless
Ωμ = collision integral for predicting pure component viscosities
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Ωk = collision integral from predicting pure component thermal conductivity
Δ𝐻𝑖 = enthalpy of reaction for reaction i [J.mol-1]
𝜇𝑖 = viscosity of species i [Pa s]
𝜇𝑚𝑖𝑥 = viscosity of the mixture [Pa s]
𝜎𝑖 = Lennard-Jones parameter, dimesionless
Subscripts
C= catalyst
Cat= catalyst
CH4 = methane
CO= carbon monoxide
CO2= carbon dioxide
e= reactor exit
f= fluid
H2= hydrogen
H2O= water
k= kinetic and shape corrected
mix= mixture basis
MSR= methane steam reforming
N2= nitrogen
O2= oxygen
o= reactor inlet or initial
obs= observable
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WGS= water-gas-shift
Superscripts
ads= adsorption
des= desorption
*= critical
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